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Abstract

To impart disturbance rejection properties is an important goal in the design of an appropriate process control structure. In a multivariable
control system, the effectiveness of disturbance rejection can depend strongly on the direction of the disturbance. In this paper, we present
a study of the controllability and disturbances effect for a general nonlinear plant. For this purpose, controller-independent measures are
defined and computed by solving a simple optimization problem in the time-domain. Finally, several examples are considered to illustrate the
proposed method.
© 2004 Elsevier Ltd. All rights reserved.
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1. Introduction (i) What is the minimum output error that is obtainable
for the worst possible combination of disturbances with
Traditionally, the maximum obtainable profit in the chem- the optimal use of the manipulated variables?
ical industry was attained by increasing the production to (i) What is the minimum required magnitude for the ma-
its admissible maximum level. However, due to the energy nipulated variables to obtain an acceptable output error
crisis of the early 1970s, and with the resulting sharp rise for the worst possible combination of disturbances?

of the cost of energy, profitability became associated with (iii) What is the largest possible disturbance for which an

decreased production costs. Therefore, the process synthe-  acceptable output error is obtained with the available

sis started to involve a trade-off between the search for eco- manipulated variables?

nomically attractive designs and those that can be operated

safely as well as meeting specifications. This balance in- As regards processes linear representations, the mathe-

volves, inevitably, the interaction of design and control. ~ matical formulation of each of the above questions in
The importance of designing processes that can be ac-terms of optimization problems has already been provided

ceptably controlled, is widely recognized as a relevant topic, (Skogestad & Wolff, 1992 Wolff, Skogestad, Hovd, &

and has been studied by many researchBeshi, 1995 Mathisen, 1992 Moreover, an appealing discussion on the

Fisher, Doherty, & Douglas, 198Blovd & Skogestad, 1992; solutions of these problems has recently been presented by

Narraway & Perkins, 1994; Straub & Grossman, 1998 Hovd and Braatz (2000)

significant consideration is whether it is possible to reduce Lee, Braatz, Morari, and Packard (1995jtroduced

the effect of disturbances to an acceptable level using thescreening tools to help eliminate undesirable control struc-

available manipulated variables. In this context, three rel- ture candidates for which a robustly performing contro-

evant questions are introduced in the work }Byvd and ller does not exist. They eSpECia”y dealt with the prOblem
Braatz (2000) of actuator/sensor selection. The approach is based on

the Structured Singular Value Theory and uses Lin-

. ear Fractional Transformation to represent the uncertain
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However, several nonlinear aspects of many real processes
Nomenclature have not been thoroughly considered yet. For instance, the
cp coolant heat capacity saturation feature of the manipulated variables is only con-
cy control valve setting sidered by assuming that these variables are bounded, but
C concentration of A in CSTR sometimes this is not a realistic assumption. In this field, only
Cool' heat transferred between cooling jacket some considerations related with question (iii) have been
and reactor in CSTR #1 introduced byGrossman, Halamane, and Swaney (1983)
Cool heat transferred between cooling jacket In this paper, we present a study of the controllability of
and reactor in CSTR #2 a general nonlinear plant and the disturbances effects on it.
Dn heat of reaction Different controllability measures related to disturbances in-
E/R  activation energy fluence are proposed based on nonlinear optimization. First,
F fuel input a steady-state approach is formulated to solve the question
ko Arrhenius constant (i) above mentioned. This measure is herein used to com-
L drum level pare several control strategies for reactors. A controllability
M control horizon measure of a system can be related to its operability level.
P drum pressure Then, the system’s operability can be quantified through the
0 flowrate maximum economic profit which can be achiey&aspanti
S steam flow & Figueroa, 2001) For this purpose, the problem of the
T temperature in CSTR maximum economic profit when the process is under dis-
Te feed water temperature turbances, is herein dealt with as a nonlinear dynamic op-
Ts sample time timization formulation. This is an extension of the back-off
U set of possible input variables problem where the operating point is moved away from
Ua overall heat transfer coefficient the one calculated in the optimization level, in order to en-
1%4 volume of CSTR sure the feasible process operation to compensate for the
we feed water input likely effect of the disturbancesBéndoni, Romagnoli, &
w set of possible disturbances Barton, 1994Barhi, 1995. In this work, a steam-generation
20 process profit unit with parameter uncertainty is considered as an applica-
tion example to evaluate the performance of the proposed

approach.

The work is organized as follows. The steady-state
been tackled by many researchers. However, many of themeasure for control effort is developed 8ection 2 In
published criteria either assume a specific design approachSection 3 the economical profit bounds attainable by a
or a specific uncertainty description. Consequently, they aregiven process are analyzed. The use of these techniques is
not useful as general design-independent screening toolspresented via simulations Bection 4 Finally, in Section 5
A contribution to this topic due t®raatz, Lee, and Morari  the conclusions are drawn.

(1996) presented screening tools for systems with general
structured model uncertainty. Nonconservative estimates
for the achievable performance can be attained using this2. Controllability analysis
screening approach. Provided the controller structure is de-
fined, the tools can be used to select actuators, sensors, as It is now a well-known fact there are some plants with
well as appropriate variables pairings. better disturbance rejection capabilities than others. Usually
Kookos and Perkins (200ihtroduced a decomposition the terms “controllability” and “dynamic resilience” are re-
algorithm for solving the combined process and control de- ferred to as the inherent control properties of the plants.
sign problem. They considered that the process uncertain-That is, if a plant has poor controllability, then the responses
ties can be modeled as a function of a finite number of of that plant will be poor no matter what controller is se-
time-invariant but uncertain parameters. The proposed cal-lected to be used. In this sendewin (1996)developed a
culation scheme is based on the systematic generation ofgraphical method to enable the diagnosis of disturbance re-
lower and upper bounds to reduce effectively the size of the siliency for linear processes affected by disturbance vectors.
search space. In a more recent wdklookos and Perkins  In this way, it is possible to quantify the necessary con-
(2003) present mixed-integer linear programming formula- trol action for rejecting a disturbance vector. This control
tions for the efficient calculation of the disturbance rejec- effort depends on the disturbance direction and frequency.
tion measures previously proposed $kogestad and Wolff ~ The method is useful as a screening tool during the process
(1992) The formulation developed for linear systems can be design stage, as well as for selecting from different control
solved for global optimality using the available solvers. The structures.
authors outline the equivalent formulation for nonlinear sys-  In the development of disturbance effect measures, let us
tems and they associate it with the flexibility index problem. consider a wide set of linear transfer function models of the



S.l. Biagiola et al./Computers and Chemical Engineering 28 (2004) 1799-1808 1801

following form: Note that the objective function value is a measure of the
steady-state process performance that can be attained, and

Y(s) = G(s)U Gy(s)D 1 T . . ’

() ©U(s) + Gals) D(s) @) the problem solution is obtained for the worst disturbance
whereU is the vector of manipulated inputb, is the vector direction.
of disturbances, and is the vector of outputs (i.e. controlled Open-loop dynamic worst disturbandeis defined as the
variables). The objective is to keep the erior= Y — R disturbance which gives rise to the largest output amplitude.
small, whereRr is the vector of reference signals (or set- To determine this measure, the open-loop time output is
points).G andGq are transfer matrices that do not need to considered (i.ex = 0). Mathematically,
be square. Provided these considerations are held, the eﬁecE

' =ma m

of the disturbances on the open-loop system (le= 0) ° Xiew MaXe(0.c0) 1Y

can be stated as )sct_ fd) =0 (8)
Yoi(s) = Gd(s)D(s) (2) y—h(x,u,d=0
u=20

Taking into account the underlying idea of using the mea- S S
sures for process design, it is desirable to find measureslt must be remarked that in this case the optimization prob-
independent of the control scheme selected. Then, for mostlem is also solved in the time-domain. The worst disturbance
controllability measures, it is usual to consider a perfect must be found, and it is the one that produces the largest
control condition as follows: output deviation for the whole time response.

Another important measure is related to the magnitude of

_ -1

Ual(s) = =G(s) “Ga(s) D(s) (3) the necessary control action to reject disturbances. This is an
By considering expressior{d)—(3), some measures based important measure in the case of process inputs saturation.
on the Euclidean norm can be develop@kogestad & Steady-state control action amplitudeis the magnitude
Wolff, 1992). These analyses can be performed on steadyOf the control action that rejects the worst disturbance at
state or as function of frequen¢yovd & Skogestad, 1992)  steady-state. Mathematically,
However, these measures do not concern about many impor-,, — max; min,, ||/
tant considerations on process design, such as nonlinearitiess
or operative constraints. In order to include these issues fx,u,d) =0 9)
into the analysis, in this work we consider those processes j,(x, 4, d) = 0

described by the following general nonlinear time-domain ) ) _
representation: Note that the worst disturbance is now calculated following

) the criterion of the largest control action required to reject it.
X = fx,u,d (4) Sometimes, in this particular problem, it is very important
y = h(x,u,d) (5) to include the presence of constraints. To cope for this need,

a modified version of probler(®) is stated as follows:

subject to a set of inequality constraints: .
zo = maxz min, ||u|

ic = Z(x» u, d) = O (6) St
The disturbanced are assumed to belong to a $éti.e.d € ;:g " 2 ~ 8 (10)
W. For instancelV can be defined as the set of all amplitude . (); ”M d)_< 0

C\A, Uy =

bounded step functions. On the other hand, the inpatse
assumed to belong to a s&t i.e. u € U. Without loss of The solution to this problem is the answer to question (ii) for
generality, let us assume that the steady-state solution of thisnonlinear systems described Bys. (4) and (5in Section 1

system is given forx, u, d) = (0, 0, 0). A remarkable feature of the optimization problems treated
Based on the back-off concetiueroa, Bahri, Bandoni, in this section, is the typical existence of local minima. This
& Romagnoli, 1996; Perkins & Walsh, 19p4ve define the  fact can be overcome by introducing multiple starting points
following measures. in the solution of the nonlinear programming software. In
Open-loop steady-state worst disturbanités the distur- Section 4 this measure will be used to compare different

bance that produces the largest amplitude deviation from theschemes for reactor temperature control. In a similar mode,
desired output setpoint at steady state<(0) and open-loop  the problems in items (i) and (iii) can be mathematically
condition ¢ = 0). In order to measure that amplitude, the formulated as follows.

Euclidean norm is considered. Mathematically, Closed-loop dynamic minimum output error

z0 = MaX%zew |yl zo = max; min, max | y|l

S.t. S.t.

feeu,d) =0 (1)  i-fud)=0 (11)
y—h(x,u,d =0 h(x,u,dy=0

u=20 ze(x,u,d) <0
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Closed-loop dynamic worst disturbance The main idea of this strategy is to move the operating point
z0 = Maxy, ||d|| away from the boundary of the feasibility region to com-
st. pensate for the effect the expected disturbances could have
x— fx,u,d)=0 (12) on the plant operation. This is called back-off. Through this
h(x,u,d) =0 procedure we ensure that the process will operate at its opti-
ze(x,u,d) <0 mum, with no constraint violations. In practice, the back-off

problem is usually solved by finding an operative point that
guarantees the plant operation for the worst disturbances,
i.e. those disturbances that provoke the largest constraint
violation. It was originally calculated from the desire for
3. Achievable performance evaluating and comparing control strategies on the basis
of economical criterigFigueroa et al., 1996; Narraway &
The operating point of a chemical process is usually de- Perkins, 1994)
signed to maximize (or minimize) an objective function (e.g.  In this paper, we propose a modification of this problem
the profit, subject to constraints like the ones inferred from to compute the best achievable performance for the process
the characteristics of the plant, operating conditions, product structure independently of the particular controller selec-
specifications and others). This objective can be formulatedtion. Taking into account that a discrete-time controller

In the next section, the achievable performance for a partic-
ular process configuration will be studied.

as follows: will be used to regulate the continuous-time process, we
20 = MaX,, zo(x, us) will consider that the manipulated variables can be dis-
st. cretized as the sequenél = [uc(0), uc(1), ..., uc(M)],

f(x, us, ue, dV) = 0 (13) sinceuc(r) = uc(k) for Tk <1 < Ts(k + ). Notice that

y — h(x, us, ug, d¥) = 0 k =0,...,M, whereM is the so-called control horizon

andTs is the sampling time. Therefore, the problem can be
formulated as follows.

where zo(x, us) is a performance index (typically with Achievable performancét is the maximum value for the
economic meaning), computed at steady-state free of dis-performance index attainable for the considered process
turbances. The vector of control variables is divided into  structure. The index is calculated in order to guarantee that
two vectorsuc andus, that represent the vector of manipu- no constraints violation takes place, despite of the distur-
lated variables and the vector of free variables, respectively. pance situation (i.e. for all € W). Mathematically,

These latter variables are used to determine the optimal

operating point of the process. In this expressith stands Ma&Xyg 1c(0),uc(D).... uc(M) Z0(X, Us)

for the nominal set of disturbances (perturbation-free con- st.

dition). The constraintg. define the feasible set for the  x — f(x, us, uc,d) =0 (15)
possible operating points. In a second stage, a controller is z¢(x, us, uc, d) <0

designed to regulate the behavior of the plant around the d e W

desired steady-state value. The underlying idea is that the

controller provides perfect control, so that the plant remains To solve this nonlinear optimization problem, it is possible
at, or at least close to, its nominal operating point against to use the algorithm for the dynamic back-off computation
disturbances, parameter variations and uncertainties on thgFigueroa et al., 1996)This is a two step algorithm. In an
plant dynamics. inner loop, a worst disturbance is computed for a given set
The effect of the disturbances at such regulation level will of optimization parametersu§, uc(0), ... , uc(M)). Then,

perturb the process causing the operating point movementthe problem stated ifl5) is solved in an outer loop for a
away from the previously designed one. Thus, this pointwill discrete set of worst perturbations. The iterative procedure
be surrounded by a region within which the plant will actu- js executed while no worst disturbance in the inner loop

ally operate. Under these perturbed conditions, the plant op-produces constraints violatidfFigueroa et al., 1996)
eration may become infeasible (in steady-state and/or along Some remarks should be pointed out:

transient). This has led different authai®andoni et al.,

1994; Figueroa et al., 1996; Perkins & Walsh, 198%)n- e The same as in the previous section, in the optimization
clude operative conditions (such as the possible presence of procedure it is typical the presence of local minima. In
disturbances) at the stage of the operating point design. The this sense, trying multiple starting points can be useful in

ze(x, us, uc, dV) <0

mathematical formulation can be stated as follows: the solution of the nonlinear programming software.
ma, zo(x, us) e The dynamic optimization implicit in this problem has to
st. be performed for a given horizon (i.e., the simulation is
X — f(x,us,uc,d) =0 (14) performed whiler < P). This horizon should be large
ze(x, us, uc,d) <0 enough to make sure the complete transient of the process

deW is considered.
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e Asin Model Predictive Control schemes, the manipulated Table 1
variables are assumed constant beyond the control horizorfarameters of the CSTRs with intermediate mixer

(i.e.uc(®) = uc(M) if t > TsM). Parameter Value
e To force the process to return to the desired steady—stateQ'l: (m¥s) 0.2062
(i.e. complete disturbance rejection), the measured vari- g,md/s) 0.3552
ables can be constrained to be equal to their steady-state’* (m®) 5.0
values at the end of the simulation horizon (i.g.P) — vz (m’) 5.0
y(0)| < & for any small enougla > 0). 2’/1(:/((}'2? K) 616%0
e It could be possible that no solution is found for the set ;) 0.35
of possible disturbances. This would involve that there is p;, (K m3/mol) 5.0
not feasible operation for the analyzed process. ko (s7h) 2.7 % 10°

In the following section, the use of the above nonlinear
measures is illustrated by means of two simulation examples. _ g72 5
2 —(E/RT?) 27,2 2 72 2
In Section 4.1 the application of the Steady-State Control V*—5~ = Dhkoe (EIRT) C2v2 4 QE(TE — T?) + CooP
Action Amplitude is used for evaluating different control (19)
arrays. Afterwards, irsection 4.2the problem formulated
in Eqg. (15)is solved to perform the operability analysis of To model the mixer, the dynamics is neglected. Therefore,

a steam generation unit. the balances around the mixer can be written as follows:
1,1
C+ 02C
o cp= GEC T 0202 (20)
4. Simulation results OF
4.1. Reactor temperature control 72 OFT! + QoT> (21)
F= 7 o2
=

In this section, an illustrative case study is dealt with.
It consists of two jacketed, cooled, continuous stirred tank Q% = Q,1: + 0> (22)
reactors (CSTR) in series, with an intermediate mixer in-
troducing a second fegdle Hennin & Perkins, 1993)The The process model parameters are showreiole 1 A de-

whole process is sketched fig. 1 The following single tailed list is in the “Nomenclature”. The temperatures and
irreversible, exothermic, first-order reaction takes place in COMpositions of both feed streams are considered to be dis-
both reactors: turbances, and the bounds for these variables are shown in

Table 2 The controlled variables are the temperatures inside
A—B the reactors (i.eI'* and72). The temperature control is per-
The energy and composition balances inside the reactorsformed by means of a coolant medium that flows through a
brings up the following differential equations: jacket around the reactor. In this process, there exist many
dct ) different alternatives as regards the manipulated variables
Vi = —koeERDIclyl 4 ol(ct - b (16) selection. Traditionally, the coolant flow rate or the coolant
dr temperature are used as control variable. The first alterna-
1 tive is easy to implement and it involves a minimal cost of
Vldi — thoe*(E/RTl) clyl 4 Q%(TFl — 7% + Cook equipment. However, it presents an operability problem due
dr to the large nonlinearity relationship between the coolant
(7) flow rate and the removed heat. To overcome this problem,
) the coolant temperature can be chosen as the manipulated
= —koe BRI C2y2 4 0L(CE - C?) (18) variable because of the linear relationship between it and
the removed heat. Nevertheless, in this case, the equipment
cost increases significantly due to the additional heat ex-
L d{qz’rz’cz changer requirement. A third alternative has been presented
Q by Richalet (1999) It involves the use of a combination

— gcsm AL F s nvixEr

T..C

Vde2
dr

F T,c 2 2 Table 2

F’ 1 2
1 Cool / Q-Tg,CF Disturbances bounds

CSTR #2 Disturbance Lower Nominal Upper

2 2 2 CE (mol/m?) 19.5 20 22
5 Q.T,C Co (mol/m?) 19.5 20 22
+ Cool T} (K) 295 300 320
Tz (K) 295 300 320

Fig. 1. Flowsheet example.
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Fig. 2. Flowrate control. Fig. 4. Flowrate and temperature control.
of the flowrate and the coolant temperature as manipulated Tco_
variable.
4.1.1. Case 1: coolant flowrate control Tei ; . )
In this case, let us consider that the internal reactor tem- Qew Qh
perature is controlled by manipulating the coolant flowrate W

(Qcw). The scheme is shown iRig. 2 In this case, the Fig. 5. Control for flowrate and temperature of coolant (without ex-
amount of heat transferred between reactor and coolantchanger).
is

U0l 4.1.4. Case 4: flowrate and coolant temperature control
Cool = L‘”F”(ﬂ — T (23) (without heat exchanger)
Ua+ Qéwcp “ In this case, as in the previous one, let us consider that the
internal reactor temperature is controlled using the joint ac-
for j = 1,2 and where tthJi are constant. Note the strong tion of coolant temperatureTgi) and coolant flowrate@’,).
nonlinearity between the transferred heat and the control The difference with Case 3 is that, to reduce implementa-

variable. tion costs, the heat exchanger was excluded and a coolant
recycle was added as is shownFig. 5. In this case, the
4.1.2. Case 2: coolant temperature control manipulated variables are the total coolant flowradg.)

In this case, let us consider that the internal reactor tem- and the flowrate of recycle strear@{(w). The expression

perature is controlled using the coolant temperattg &s for the amount of heat transferred in this scheme is
manipulated variable. The scheme is showFim 3. In this

case, the mathematical expression between the amount ot gop — UacP(QéW _ Qﬂw) (T7 — T (24)
heat transferred and the control variable is a& (23) Ua+ (Qbw — Qlep °

But now, T is the control variable and th@{,, are con-
stant. Note that in this form, we obtain a linear relationship
between manipulated and controlled variables, but an addi-
tional equipment must be included in the process.

Hence, a highly nonlinear expression is obtained.

The nominal values for the variables involved in the con-
trol schemes are shownTable 3 Based on the Steady-State
Control Action Amplitude described iBection 2 we pro-
pose a comparison between the different control schemes.
For this purposekqg. (10)was considered and the results are
shown inTable 4 In this case, the norm of the manipulated
variable was normalized to its nominal value. From these
results is obvious that the strategy which requires lower con-
trol efforts is the Scheme 2. It is obvious the greater avail-
ability of resources is always beneficial for the disturbance

4.1.3. Case 3: strategy for flowrate and coolant
temperature control

In this case, let us consider that the internal reactor tem-
perature is controlled using the joint action of coolant tem-
perature {}) and coolant flowrate @,). The controlled
process scheme is shownHhig. 4.

Tco Table 3
Values of the variables involved in the control schemes
Variables Schemes 1-3 Scheme 4
T oL, (m3s) 0.35 0.5
9 - 02, (m3/s) 0.80 0.9
Qe Tt (K) 150 150
T2 (K) 150 150
oL, (mdis) - 0.15
02, (m3/s) - 0.10

Fig. 3. Temperature control.
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Table 5
Optimization variables and disturbances for the steam generating unit

Variables Scheme 1 Scheme 2 Scheme 3 Scheme 4 Variables/parameters Lower bound Nominal Upper bound
C% (mol/m?) 22.00 22.00 19.50 214646  © (kgs) 30.0 _ 50.0
T? (K) 320.0 315.127 320.0 320.0 we (Kg/s) 150.0 _ 240.0
Cao (mol/m3) 19.59 22.00 19.50 19.50 Te/looo (K) 0.28 0.29 0.32
T (K) 300.45 320.00 295.0 295.0 o 0.7 0.8 0.9
Q%W (mz/s) 0.7529 - 1.20 1.20 o 0.9 1.0 1.05
03, (m/s) 0.7993 - 0.3127 1.20 o 0.9 1.0 1.05
71 (K) - 100.000 185.047 -
T2 (K) - 129.631 100.0 -
oL, (m3s) - - - 0.50 Table 6
0%, (md/s) - - - 0.496 Critical disturbances values for the steam generating unit
Index —1.325 —0.1296 —7.137 —23.196 Disturbance  Critical 1 Critical 2 Critical 3 Critical 4 Critical 5
Te/1000 (K) 0.29 0.32 0.32 0.28 0.32
rejection. However, this scheme involves larger cost of im- ¢ 0.76 0.9 0.7 0.8477  0.84
plementation than the others. In particular, an interesting ** 1.05 0.97 1.05 1.05 0.9
2 0.93 1.0 0.9 1.05 0.98

point is that Scheme 4 presents a higher control effort than®
Scheme 1. It is important to remark that this is because the
nominal value for the recycle flow rate is small. Then, when
the manipulated control action is normalized, the division ) ) ) )
produces large values. The normalized changes show how N this €xample, the algorithm proposedSection 3will
much the system must be overdesigned to compensate foP€ Used to perform the operativity analysis of a Steam Gen-
the effects of disturbances. eration Unit in the presence of parameters uncertainty. The

An efficient algorithm has been generated to solve the motivation for this analysis is the large operating cost in-
problems stated in Cases 1—4 using MATLAB 5.3 optimiza- volved in the operation of these units and their need to satisfy

tion Toolbox. A solver to deal with the algebraic equations SPECific energy demands. The process studied in this paper
was embedded in the optimization program used to carry outONSiSts of a 200 MW drum type boiler. The model for this
the simulations. This was performed on a 550 MHz Pentium UNit has been developed Ray and Majumder (1983)

[l processor. As discussed at the endS#ction 3 many dpr o
starting points can be tested to avoid reaching local minima. - = —0.00193¢SPY8 + 0.014524 — 0.0007 36w,

4.2. Steam generation unit

For this purpose, 1(_5 poin_ts were randomly ge_nerated and +0.00121L + 0.000176% (25)
used to start the optimization. In order to quantify the com-
putational time required to find the solution, an average of d_S = 10¢,PY2 — 078571625 (26)
20 s were needed to solve Case 1. dr

156 | T T T | T T T L_|

155

154

153

152

P [Kgicm2]

151

150 1
149 1
1‘18 1 1 1 || 1 1 1
0 500 1000 1500 2000 2500 3000 3500 4000
time [s]

Fig. 6. Pressure inside the boiler for a critical disturbance.
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—
g
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- 51 n
]
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495 n 1 1 1 n 1 1 1
1] 500 1000 1500 2000 2500 3000 3500 4000
time [s]
Fig. 7. Level inside the boiler for a critical disturbance.
358 T T T T T T T
I_f 8
34.5 4
? 3‘1 I~ A
&b
M aasf
o]
3 4
!
325+ / 8
B, |
B~
31 5 1 1 1 1 1 1 1
1] 500 1000 1500 2000 2500 3000 3500 4000
time [s]
Fig. 8. Fuel flowrate to the boiler for a critical disturbance.
dL uncertain parameters are describedéable 5 The process

o= 0.00863u. + 0.002F + 0.463, — 6 x 1076 P2

—0.00914. — 8.2 x 107°L? — 0.00732% (27)

The states of the boiler's model are the drum pressaje (
the steam flow to the H.P. turbing)(and the drum levelk).

The states? and L are the controlled variables. It has two
optimization variables (they are also manipulated variables):
the fuel input ¢) and the feed water inputvg), and two
disturbances: the feed water temperatd énd the control
valve setting {y). The uncertain parameters included in this
model arex; andaz. The bounds for these variables and

constraints are 12& P < 190, S > 90 and 40< L < 80,

and the objective function igp = 0.6S + 0.5P — 0.8F —
0.1we. The sample time i85 = 100 s, the control horizon is

M = 10 and the simulation horizon is 49 The following
restrictions were included to guarantee that both the pressure
and the level return to their steady-state valu@s407s) —

P(0)| < 10~3 and|L(40Ts)— L(0)| < 10~3. As described in
the previous cases, the optimization Toolbox running under
MATLAB 5.3 was used to accomplish the simulation on the
same hardware. The solution of the dynamic system was
performed using a differential equations solver embedded in
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Fig. 9. Water flowrate to the boiler for a critical disturbance.

the optimization program. The average computational time Additionally, they can be used as a tool to achieve the com-
consumed for solving the external loop was 1h. parison between different process design alternatives.
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