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A B S T R A C T

The monolithic stirrer reactor (MSR) which consists on monolithic structures mounted on reactor axis as agitator
blades is a novel design with the potential to intensify different production processes. Its most outstanding
advantages are the absence of a filtering stage after the reaction and the high-speed mass transfer. In this paper,
the technical and economic feasibility of sunflower oil hydrogenation process under MSR (Pd/Al2O3/Al) con-
figuration was studied considering a 100 ton day−1 productive plant, a 20 ton capacity reactor and a final
product with 75 iodine index. Moreover, several reaction conditions were taken into account, such as catalyst
loading and initial and final reaction temperatures, in order to determine the operating costs. The proposed
alternative process could be profitable, displaying a higher Net Present Value (NPV) than the conventional
technology one. However, slight variations in the monolithic catalyst cost performed through a sensitivity
analysis generate a considerable decrease in NPV, thus determining that the implementation of the proposed
alternative technology presents a high economic risk. The achieved results in this study indicate that further
research is necessary in order to develop a regenerating procedure to extend the catalyst useful life, thus fa-
vouring the monolithic technology economy.

1. Introduction

Vegetable oil hydrogenation is a fundamental process in oleo che-
mical industry to obtain oils with greater consistency, stability and
oxidation resistance than in their natural state. As hydrogenated ve-
getable oils are renewable and environmentally compatible resources
(low eco-toxicity, high biodegradability), they gained greater attention
in their use in different industries, such as pharmacy, cosmetics, plas-
tics, detergents, lubricants, fuels, etc. [1–3].

Although the vegetable oil hydrogenation process did not undergo
major changes over time, other alternatives have been proposed in
order to optimize and develop a more environmentally sustainable in-
dustry. In this context, different technologies have been proposed that
would enable productive process intensification, or critical inputs use
minimization. Fixed-bed or packed-bed reactors are a clear example of
this. They can be used continuously and since the catalyst is im-
mobilized no further filtration is required after the reaction [4,5].

Another similar concept to packed-bed reactors are monolithic or
structured reactors, which are an attractive alternative over conven-
tional multiphase reactors. Monoliths are formed by a block-shaped
ceramic or metallic structure with multiple porous channels in which

catalytically active compounds are deposited. The most significant ad-
vantages of monoliths are low pressure loss, absence of catalyst se-
paration stage and large granted geometrical surface area [4]. More-
over, monoliths have been studied in several multiphase catalytic
applications, especially in reactions restricted by mass transfer [6–12].
Previous studies show that different monolithic reactors configurations
to perform vegetable oil hydrogenation have advantages over other
technological proposals. For example, their double functionality as
catalyst and also stirrer since the monolithic structure is anchored on
the reactor axis [4,13,14]. In this regard, structured Pd/Al2O3/Al cat-
alyst presented good mechanical stability and was reused over rea-
sonable successive batches [15]. Moreover, taking into account that the
active phase is a noble metal, the operating temperature required to
perform the reaction is considerably lower; consequently, this energy
saving together with the filtering stage elimination could justify the use
of the alternative catalyst; thus generating both economic and en-
vironmental improvements. Although this reactor/reaction configura-
tion has been studied previously [4,13,14], there are no works related
to economic aspects which consider experimental results and the cor-
responding scaling up in order to reproduce an industrial scale process.

In the present work, different reaction conditions are explored
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under this reactor-catalyst configuration varying both the catalyst load
and the initial and final reaction temperatures. Based on the obtained
results, a technical-economic balance was developed contrasting tra-
ditional process costs with those of the alternative process to determine
the feasibility of implementing this technology. Thus, this work will
contribute to knowledge related to the application of the MSR in the
field of renewable and sustainable chemical industry.

2. Reaction models

The main reactions that take place during the process are the hy-
drogenation of double bonds and their isomerization from the cis to
trans configuration.

All reactions taking place are shown in Fig. 1.
The kinetics involved in the process, the reaction mechanism and

the monolithic stirrer hydrogenation reactor model including the cat-
alyst deactivation phenomenon were obtained from the literature [16].

The reactor was assumed as an ideal semibatch reactor for the gas
phase and as a batch reactor for the liquid phase. The general equations
that represent the reactor behavior under this configuration are the
following:

=dC
dt

ri
i (1)

= −F t r V( )H H2 2 (2)

The following statements were considered: heterogeneous model

considering the resistances in the gas-liquid/liquid-solid interfaces and
the intraparticle diffusional resistance; perfect mixture of reactants and
product. All the equations involved in the reactor model were included
in Appendix A.

3. Study cases

Two different processes were studied: I) conventional vegetable oil
hydrogenation performed in a “Dead End” reactor using commercial Ni
catalyst, and II) alternative process using a monolithic stirrer reactor
(Pd/Al2O3/Al). Both technologies were proposed as a semi-continuous
process to reproduce an industrial-scale design of the vegetable oil
hydrogenation. A 100 ton day−1 productive plant and a 20 ton capacity
reactor operating at 202.65 kPa gauge were assumed taking into ac-
count a typical value from literature [17]. On the other hand,

Notation

aL Gas-liquid interfacial area per unit volume of liquid
−m m[ ]GL L

2 3

aS Liquid-solid interfacial area [m2]
C Cis geometric isomer of monoene
Ci Concentration of component i [kmol m−3]
Cp Heat capacity [J kg−1 K−1]
Cpi Heat capacity of the component i [J kg−1 K−1]
Cf Fuel cost [US$ m-3]
CS Steam cost [US$ kg−1]
Cy Cash flow in period y [U$S]
C0 Initial investment [U$S]
Cτ Diene having two double bonds in cis-trans position
CC Diene having two double bonds in cis position
CL Catalyst load −kg m[ ]Pd

3

D Reactor diameter [m]
Da Agitador diameter [m]
DFC Direct fixed costs [U$S]
Ei Energy interchanged in the equipment i [J]
FH2 Hydrogen inlet flow,[kmol s−1]
hW Water entalpy [kJ kg−1]
hS Steam entalpy [kJ kg−1]
IV Iodine value [dimensionless]
H Reactor height [m]
HCV Fuel higher calorific value [MJ m−3]
IRR Internal rate of return [%]
ki Kinetic constant [kmol kg−1 s−1]
kGL Gas-liquid mass transfer coefficient − −m m s[ ]L GL

3 2 1

kLS Liquid-solid mass transfer coefficient [m s−1]
= +( )K 1/G k a k a

1 1
GL L LS S

Total mass transfer resistances [s−1]
m Heated oil mass [kg h−1]
mf Fuel consumption [kg h−1]
ms Steam production [kg h−1]
MSR Monolithic stirred reactor
n Project life time [years]

N Stirring rate [rpm]
NA0 Amount of initial moles of compound A [moles]
Ni0 Amount of initial moles of compound i [moles]
NPV Net present value [U$S]
P Power [kW m−3]
PP Payback period [years]
Q Heat exchanged [J h−1]
r Interest rate [%]
rH2 H2 reaction rate, − −kmol m s[ ]oil

3 1

ri Reaction rate of compound i [kmol kg−1 s−1]
Re Reynolds number [dimensionless]
ROI Return on investment [%]
S Saturated
t Time [s]
T Temperature [K]
TBO Bleaching oil temperature [K]
TF Filtration temperature [K]
TI Initial reaction temperature [K]
TR Final reaction temperature [K]
TS Storage temperature [K]
v Linear velocity in monolith channels [m s−1]
V Reactor volume [m3]
xA Conversion of compound A [dimensionless]
y Project period [year]

Greek letters

ΔHr Heat of reaction (Eq. 36) [J mol−1]
ΔHr Heat of reaction (Eqs. 9,21,37) [J kg−1 IV−1]
ΔIV Iodine value gradient [Adimensional]
ΔT Temperature gradient [K]
η Boiler efficiency respect to the HCV [%]
μ Viscosity [kg m−1 s−1]
ρ Density [kg m−3]
τ Trans geometric isomer of monoene
ττ Diene having two double bonds in trans position

Fig. 1. Reactions involved in vegetable oil hydrogenation process.
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degummed, bleached and refined with caustic soda sunflower vegetable
oil was considered as raw material and partially hydrogenated oil with
a final iodine index (IV) of 75 as final product.

It is should be explained that a “Dead End” is a semi-continuous
autoclave reactor in which only the hydrogen necessary to the reaction
is introduced in the head space of the hydrogenation vessel without
recirculation. Thus, the gas dispersion is performed mainly through
mechanical stirrers [18].

3.1. Case I – conventional process

For case I, the conventional process of vegetable oil hydrogenation
performed at an industrial scale using a commercial Ni catalyst was
analysed. Fig. 2 shows a flow sheet of this process.

Material balance can be represented by the following expression:

= +

+

Mass in Raw materials Mass out Wastes Losses

Mass stored Stored materials

( ) ( )

( ) (3)

where:

= + + + +Raw materials Oil H Catalyst Bleach earth Citric acid1 22 3 4 4

(4)

=Wastes Spent bleach earth5 (5)

=Losses Hydrogen losses6 (6)

= +Stored materials Catalyst Hydrogenated oil7 8 (7)

Sub-index indicates the line in which the material gets in/out.
For each batch, energy balance can be represented by the following

expression:

+ = + + +Energy in E E Energy out E E E E( ) ( )A B C B D F (8)

where:

=

−

E Heat delivered to reach the reaction starting temperature m Cp T

T

[ (

)]
A R

BO (9)

= −E Heat recovered in the oil oil heat exchanger m Cp T T/ [ ( )]B R F (10)

=E Heat generated by the exothermic reaction H m IV[Δ Δ ]C r (11)

= −E Heat delivered in the oil
oil

heat exchanger m Cp T T[ ( )]B R F (12)

= −E Energy contained in the stored product m Cp T T[ ( )]D F S (13)

=E Energy lost to surroundings in the filtering stageF
* (14)

Sub-index indicates the equipment/s in which the energy is ex-
changed.

The heat of reaction was obtained from the literature
( = −H kJ molΔ 121r

1) [19].

*Utilities involved in filtering stage correspond to 25% of the pro-
cess totality [4,20].

The Ni catalyst is generally used agglomerated in high melting point
fat (333 K) and flake form. The catalyst amount to be employed de-
pends on the reactor agitation degree and the product type to be ob-
tained. The typical agitation used for the reactor size under study is
approximately 120 rpm [17]. A temperature of 423 K (TR), a 60min
reaction time and about 0.06% w/w of commercial Ni catalyst (25% Ni)
respect to the oil to be processed are needed in order to obtain the
proposed product (IV= 75) [5].

Approximately 0.883m3 (NTP) of H2 per ton of processed oil is
necessary to reduce one unit of iodine value. Considering the H2 losses
during the reactor venting (3–4%), a total H2 volume of 0.92m3 (98%
purity) per ton of oil is required [20].

At the beginning of a cycle, which includes the number of batches to
be made in a working day, the process begins with the fresh oil heating
(TBO=293 K) until reaching a temperature close to the reaction tem-
perature. Normally, this temperature (TI) is 423 K when the operating
pressure is less than 600 kPa gauge. This step is produced in the mea-
suring tank by heat exchange with service steam. Then, the catalyst is
incorporated, vacuum is done and finally hydrogen is injected into the
reactor to start the reaction. Once the process started, the mixture is
heated by the heat given off by the exothermic reaction until reaching
the operating temperature (TR), which is maintained by circulating
cooling fluid through the cooling coil. This recovered energy is then
used in another operation, such as storage tanks heating [5].

Once the reaction is completed, the hydrogenated oil is released into
the drop tank under reduced pressure. Then, the hydrogenated oil is
cooled from the reaction temperature to approximately 393 K in the oil/
oil heat exchanger (economizer) before entering next stages, filtering
(catalysis filtration) and whitening (safety and polishing filtration). The
cooling temperature (TF) corresponds to the press filters operating
temperature.

In this way, it is possible to heat the fresh oil to be hydrogenated in a
subsequent batch without supplying steam. Normally, for economy of
time sake both the first and the second batch are preheated with service
steam.

The most modern economizers can operate with up to 99% effi-
ciency, so the total energy supplied by the oil from the reactor can be
transferred to the fresh oil that enters the process [21].

Furthermore, the recovered catalyst in the filters still having activity
is reused in new batches. This activity is partially lost because vegetable
oil impurities poison it, especially phosphorus and sulphur compounds
[5].

3.2. Case II – alternative process (MSR)

In case II, the alternative process of vegetable oil hydrogenation
using a monolithic stirrer reactor was analysed. Fig. 3 shows the al-
ternative process flow sheet.

Fig. 2. Case I simplified flow sheet: Conventional process with Ni as catalyst.

D.E. Boldrini Chemical Engineering & Processing: Process Intensification 132 (2018) 229–240

231



Material balance can be represented by the following expression:

=

+

Mass in Raw materials Mass out Losses

Mass stored Stored materials

( ) ( )

( ) (15)

where:

= +Raw materials Oil H1 22 (16)

=Losses Hydrogen losses3 (17)

=Stored materials Hydrogenated oil4 (18)

Sub-index indicates the line in which the material gets in/out.
For each batch, energy balance can be represented by the following

expression:

+ + = +Energy in E E E Energy out E E( ) ( )A B B C2 (19)

where:

=

−

E Heat delivered to reach the reaction starting temperature m Cp T

T

[ (

)]
A I

BO (20)

=

−

E Heat delivered by the exothermic reaction to reach the reaction

temperature m Cp T T[ ( )]
B

R I (21)

= −E Heat recovered in the oil oil heat exchanger m Cp T T/ [ ( )]C R S (22)

=E Heat generated by the exothermic reaction H m IV[Δ Δ ]B r
* (23)

= −E Heat delivered in the oil oil heat exchanger m Cp T T/ [ ( )]C R S (24)

Sub-index indicates the equipment/s in which the energy is ex-
changed.

*Discounting the energy considered in E2.
Analogous to the conventional process, the plant daily operation

begins with oil preheating in the measuring tank up to the initial re-
action temperature (TI). For the first two batches, the energy con-
tribution comes from the heat exchange with service steam. From the
third batch on, fresh oil is preheated in the oil/oil heat exchanger by
heat exchange with the oil coming from the drop tank (previous batch).
In the Pd/Al2O3/Al structured catalyst case, it was previously reported
that no lixiviation takes place during the catalyst lifetime [15] in-
dicating that filtering and bleaching stages are not necessary. Thereby,
after the reaction, the oil is cooled to a temperature of 5 K (TS) above
the melting point of the obtained product (311 K) and then diverted to
the storage tanks.

4. Cost analysis methods

As described above, the use of a monolithic stirrer reactor involves
operating advantages which require considerably less energy than the
conventional process. The applicability of these systems is centred on
the cost-benefit generated by this technology change [22]. To compare

economically the proposed technologies, the operating and investment
costs were determined at first and then analysed through economic
indicators.

4.1. Fixed capital cost

Acquisition costs (FOB) of the main equipment required in each
studied case were taken from literature, considering their characteristic
sizes and indexation [23]. FOB cost includes: internals, shells, nozzles,
manholes, covers, etc., for each piece equipment; vendor engineering,
shop drawings shop testing, certification; shop fabrication labour; ty-
pical manuals, small tools, accessories and packaging for shipment by
land. FOB cost does not include: owner/contractor indirects; packaging
for overseas/air shipment, modularization; freight, insurance, taxes/
duties, field setting costs and installation bulks. Other complementary
costs associated to the main equipment were also considered following
the generic percentages according to the studied process. [24]. Table 1
shows the corresponding costs.

4.2. Operating costs

Hydrogenation is an expensive process, mainly due to reactants
-catalyst and hydrogen- and to a lesser extent, energy inputs; hence, one
of the key points in vegetable oil modification is the global operating
cost because it affects directly the process profitability itself.

Thereby, the analysis of the proposed alternative process applica-
tion was done considering the following operating costs:

• Raw material cost.

• Catalyst initial cost.

• Catalyst useful life.

• Hydrogen consumption.

Fig. 3. Case II simplified flow sheet: Alternative process using a monolithic stirrer reactor.

Table 1
Complementary costs associated with the production plant facilities.

Complementary costs Percent (%) of the main
equipment purchase cost

Direct costs
Piping 66
Instrumentation 18
Installation 47
Electrical facilities 11
Building and land 24
Yard improvement 10
Service facilities 70

Indirect costs
Engineering and construction 74

Other costs
Contractor’s fee and contingency (15% of

direct and indirect costs)
39
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• Energy consumption in the hydrogenation reactor.

• Filtering stage cost.

• Catalyst recovery after its useful life.

• General expenses.

Based on these parameters and the fixed capital cost, the present
technical-economic study was developed considering the scaling up and
operation of an industrial scale hydrogenation reactor.

4.2.1. Raw material cost
The raw material cost used in both technologies, 950 U$S ton−1,

was estimated according to the current international market [25]. It is
important to highlight that transportation cost of raw material was not
considered because it was assumed that hydrogenation and vegetable
oil refining plants are situated in the same place.

4.2.2. Catalyst initial cost
Machado et al. [22] analysed the economic factors as well as those

associated with the process for monolithic reactors in hydrogenation
reactions. The authors studied the costs associated to the catalyst, both
in its monolithic and conventional (slurry) configuration comparing the
advantages and disadvantages of both catalysts systems.

According to the authors, the cost of a catalyst can be estimated
pursuant to the following simplified equation:

⎡
⎣⎢

⎤
⎦⎥

= ⎡
⎣⎢

⎤
⎦⎥

+ ⎡
⎣⎢

⎤
⎦⎥

Catalyst cost US
Kg

Manufacturing cost US
Kg

Metal load Metal Cost US
Kg

$ $

[%]
100%

$
C C

M (25)

where the metal load is the amount of active metal in the catalyst and
the manufacturing costs include the total associated costs, excluding the
active metal price.

In this way, the net catalyst cost considering the active metal re-
covery can be expressed as follows:

⎡
⎣⎢

⎤
⎦⎥

= ⎡
⎣⎢

⎤
⎦⎥

+ ⎡
⎣⎢

⎤
⎦⎥

− ⎡
⎣⎢

⎤
⎦⎥

Net catalyst cost US
Kg

Catalyst cost US
Kg

Recovering cost US
Kg

Recovered metal Metal cost US
Kg

$ $

$

[%]
100%

$

C C

C

M

(26)

In the above expression, the recovered metal refers to the amount of
active metal recovered per catalyst mass.

Thus, the key to reduce the catalyst contribution to the total process
cost is the times it can be reused along with the manufacturing and
metal recovering costs.

In order to determine the total catalyst cost, the following items
were taken into account:

• Active metal (Pd)= 30,000 US$ kg−1 [26].

• Catalytic support= 10,000 US$ hm−2 [27].

• Catalyst manufacture= 9 U$S kg−1 [28].

The catalyst manufacturing cost contemplates manufacture and raw
materials, excluding noble metal and catalytic support. Both the metal
dispersion and the other monolithic catalyst characteristics were ob-
tained from literature [16,19].

On the other hand, the current market cost of the fresh nickel
commercial catalyst (25% Ni) is 75,000 US$ ton−1 while the recovered
catalyst cost is 1200 US$ ton−1 [20].

4.2.3. Catalyst useful life
Several authors have studied the use of heterogeneous palladium

catalysts in vegetable oil hydrogenation [4,15,29]. In all cases, it was
determined that although the relative activity declines as the catalyst is
reused, the products distribution remains unchanged. This fact corre-
sponds to the carbonaceous compounds formation on the active metal
surface [15]. Therefore, as the catalyst is reused and the catalytic sur-
face is covered by the carbonaceous deposits, the activity decays
without significant selectivity changes, maintaining an even product
distribution.

In the present work, the deactivation model valid for the system
under study reported by Boldrini et al. was used [16].

Regarding the useful life of the commercial Ni catalyst used in the
conventional process, the catalysts loading is formed by fresh and used
fractions according to some pre-established mixing rule although its
activity decays considerably during its first use [30]. The amount of
catalyst recovered after its useful life is presented in Section 4.2.7.

4.2.4. Hydrogen consumption
As mentioned above, the hydrogen used contributes considerably to

the process economy. Analogous to conventional technology, the al-
ternative process requires approximately 0.92m3 (NTP) of H2 in order
to reduce one unit of iodine value per ton of oil to be processed. This
value is related to the amount of double bonds contained in the oil to be
hydrogenated, for each double bound is needed one H2 molecule. The
current cost of hydrogen with purity according to the process require-
ments is 3 US$ m−3 (NPT) [20].

4.2.5. Energy consumption in the hydrogenation reactor
To make a direct comparison between the studied technologies, it is

essential to quantify the energetic costs associated to the process and
particularly to the hydrogenation reactor. At first, it is necessary to
define a reactor operation criterion; that is, the product characteristics
reached in each batch (final IV) and the way to manipulate the op-
erative variables; namely, temperature, reaction time and catalyst
loading.

As a function of such parameters, the main contributions to the
reactor total operating cost without considering the reagents are the
following:

• Heat delivered to reach the reaction starting temperature.

• Power supplied to the agitator shaft during the reaction course.

• Heat generated by the exothermic reaction.

• Heat recovered in the temperature drop after the reaction.

4.2.5.1. Costs associated with the heat exchanged in the system. Costs
associated with the heat exchanged in the system can be calculated
based on fuel consumption used for steam production.

The costs associated with steam generation (CS) depend on each
following contribution: fuel (CF), raw water supply, boiler feed water
treatment, feed water pumping power, combustion air fan, sewer
charges for boiler blowdown, ash disposal, environmental emissions
control and maintenance materials and labour.

Although the estimation of the steam generation total cost is rela-
tively simple, being this the sum of the all previous contributions, in
practice, it is common to use the following approximation [31]:

= +C m C (1 0.3)S F F (27)

0.3 represents a typical value of the contributions sum 2–9 for cases
where gas or oil derivatives are used as fuel.

Fuel consumption is directly proportional to the steam production
and can be obtained by the following equation:

= −m m H H
HCV η
( )

F
S S W

(28)

where the term −m H H( )S S W represents the delivered heat for steam
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generation that will then be exchanged in the process (Eq. (29)).

=Q m Cp TΔ (29)

= +C T4,2 894,5p (30)

Heat capacity was calculated according to Rojas et al. proposal [32]
For the specific case of natural gas, its higher calorific value (HCV )

and boiler efficiency respect to the HCV (η) correspond to 38MJm−3

and 80%, respectively. The fuel cost (CF) is 0.14 US$ m−3 [33].
Another aspect to consider is the energy recovery through con-

densate return to the boiler. Steam contains two types of energy: latent
and sensitive. When steam is supplied to a given process application, it
releases the latent energy to the process fluid and condenses. This
condensate retains the sensitive heat the vapour possessed, normally
representing 16% of the total energy contained in the vapour.

The condensate contains water and chemical products for the boiler
treatment, so its recovery generates greater energy efficiency and a cost
reduction in: chemical reagents, replacement water, disposal to the
sewer system and environmental regulations compliance.

It is normally estimated that condensates return efficiency is ap-
proximately 90% of the total mass of the used steam [34].

4.2.5.2. Costs associated with the power supplied to the agitator shaft and
mass transport coefficients scaling up. The power supplied to the agitator
is not only important from the point of view of the process economy,
but also in the scaling up development because it is directly related to
the agitation degree; i.e., with the mass transfer coefficients.

Although there are different criteria to perform a mechanically
agitated reactor scaling up, the most used in this type of systems is the
constant power-volume ratio [35]. It requires that the term N Da

3 5 re-
mains constant to obtain equal values of the gas-liquid mass transport
coefficient (k aGL L) during scaling up [36]. Although this criterion is
reasonable and has been used to a large extent, it only applies to si-
milarly configured reactors.

Chen et al. [17] developed a technique for k aGL L estimate in vege-
table oil hydrogenation reactors as an empirical correlation function of
the following intensive parameters: P/V, H/D y Re. Since this correla-
tion was developed from 5 reactors with capacities in the range of
0.1–29,100 kg with dissimilar designs, it could be used in the scaling up
and simulation of industrial equipment with different geometrical
characteristics and configurations. Eq. 31 details the model mentioned
above:

= + + − −

− + +

− − −

− −

k a Re P V H D ReP V

Re P V H D

0.5208 5.206 4.055 / 1.699 / 1.092 /

5.221 8.064 ( / ) 0.4826( / )
GL L

6 5 9

12 2 11 2 2 (31)

where:

=Re
D N ρ

μ60
a
2

(32)

= − −ρ T K931 0.64145( 273 ) (33)

= ⎛
⎝ −

⎞
⎠

μ exp
T

0.0001 958.6
144 (34)

Density and viscosity were calculated according to literature pro-
posals [37,38]. The value predicted by this equation and the one ob-
tained experimentally for a laboratory scale MSR were compared to
validate the previous expression for monolithic stirrer reactor case.
Sánchez M [39]. determined that the gas-liquid mass transfer coeffi-
cient (k aGL L) value is 0.15 s−1 for the same system used in the devel-
opment of the model employed in this work (Reactor Parr® model 4560
with control of agitation and temperature model 4842).

The power value was experimentally determined from the current
and operating voltage values of the reactor studied. The characteristic
parameters of the used system are shown in Table 2.

On the other hand, the solid-liquid mass transfer coefficient (k aLS S)

was calculated from the Sherwood number correlation proposed by
Hoek and valid for a three-phase system with monolithic stirrer. For the
correlation determination, the fluid velocity inside the monolith chan-
nels, which mainly depends on stirring speed, operating temperature
and monolith cell density, has to be known. Varying the cells density
(100–400 cpsi), the speed increases considerably (4 times) [40]; con-
versely, the monolith length does not affect the speed inside the
channels.

Furthermore, Boldrini et al. [41] determined the speed inside the
channels in a monolithic system geometrically like that presented in
this paper as a function of the temperature and agitation degree. Con-
sidering these results and the relationship between the speed inside the
channels and the monoliths cell density, a correlation was obtained
using the statistical software STATGRAPHICS Centurion Version XV.2
(Statpoint Technologies Inc.).

The electric consumption of the impeller was calculated according
to a typical power value considering the reactor type and capacity
(2 kW m−3) and the electricity current cost for an industrial installation
(0.1 US$ kWh−1) [42,43]. Based on this value, the gas-liquid mass
transport coefficient (k aGL L) was calculated for the industrial scale MSR
using Eq. (31). The constructive parameters of the proposed production
reactor are detailed in Table 2.

4.2.6. Costs associated with the filtering stage
As mentioned above, the conventional process of vegetable oil hy-

drogenation requires a filtration step to remove the catalyst particles
and a whitening step to remove the remaining traces of nickel leached
from the catalyst. Table 3 details the operating costs associated with the
filtering process related to the amount of raw material to be processed.

According to Boger et al. [4], this stage contribution to the global
process economy represents 20% of the total operating costs.

Considering that a filtering/bleaching stage is not necessary, the
generated economic and environmental savings would favour the al-
ternative technology implementation.

4.2.7. Catalyst recovery after its useful life
The recovered catalyst in the conventional process possesses is circa

8% Ni; hence, it would be necessary to use 0.18% catalyst respect to the
oil mass to be processed when using recovered catalyst. This fact cor-
roborates the importance that the catalyst recovery has on the process
economy.

For monolithic catalysts, the amount of active metal recovered after
the catalyst lifetime is around 95–99% [22]. This fact is in agreement
with experimental results previously reported in which the amount of
noble metal deposited on the monolith remains unchanged although
the catalyst is progressively deactivated until losing all its activity be-
cause of active metal surface covering by carbonaceous residues [15].
In this work, 97% metal recovery and a metal recovery cost of around
740 U$S kgPd−1 were considered [44].

Table 2
Characteristic parameters of the laboratory and industrial scale reactors.

Parameter Hydrogenator scale

Laboratory Industrial

Size [kg] 0.22 20,000
Reactor height (H), [m] 0.08 4.5
Reactor diameter (D), [m] 0.063 2.55
Agitator diameter (Da), [m] 0.06 0.56
Reactor volume (V), [m3] 0.00025 23
Temperature (T), [K] 373 333-413
Agitation degree (N), [rpm] 1400a 120
Baffles No Yes
Type of agitator Monolithic (400 cpsi) Monolithic (100 cpsi)
No. of agitators 1 3

a Experimentally determined with a digital tachometer Schwyz SC114.
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Another aspect to consider is the substrate recovery. Anodized
aluminium synthesis is known to comprise a series of relatively complex
stages, requiring substantial material, energy or human resources [45].

It has already been reported that monolithic anodized aluminium
substrate possesses good mechanical stability and its morphological
properties can be recovered after an adequate cleaning treatment [15].

Furthermore, Boldrini [46] determined that it is possible to reuse
the substrate after catalyst deactivation if it is cleaned and re-im-
pregnated with the active metal, which provides a new variant to op-
timizing costs associated with the use of this technology. Metal recovery
could be performed after a series of deactivation-recovery-impregna-
tion cycles, thus prolonging the substrate useful life. In this work, it was
considered that the substrate can be reused only once according to the
experimental results reported.

4.2.8. General expenses
Services, maintenance/labour, chemical reagents and others are

included in the general expenses and were calculated according to the
plants operational capacity [20]. For both technologies, the expenses
related to maintenance/labour and reagents correspond to 7.38 and
0.41 U$S ton−1, respectively; services correspond to 3.2 U$S ton−1 and
those catalogued as “others” were calculated as 5% of the total oper-
ating costs.

4.3. Economic indicators

To compute each proposed scenario economy, a 15 years life time
project with 1 year for plant construction and start-up, and constant
equipment depreciation during the project useful life were considered.
It was assumed that the processing plant works 330 days per year op-
erating at 100% of its capacity at all times. Funding comes from private
investments and no loan has been considered. Comparison between

both technologies was performed considering various economic in-
dicators: Net Present Value (NPV ), Return on Investment (ROI ),
Internal Rate of Return (IRR) and Payback Period (PP). An interest rate
of 15% and a product cost of 1260 US$ ton−1 was considered according
to the current international market. Below it shown the equations for
the economic indicators calculation:
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Table 3
Filtering stage operative costs [20].

Cost Consumption Operative cost
[U$S ton−1]

Citric acid 1.75 U$S kg−1 0.5 kg ton−1 0.88
Bleach earth 0.6 U$S kg−1 1 kg ton−1 0.60
Oil lost 1.08 U$S kg−1 1 kg ton−1 1.10
Earth eviction 0.17 U$S kg−1 1 kg ton−1 0.17
Filtering clothes 4 U$S cloth−1 1 cloth p/30 ton 0.13
Servicesa – – 9.80
Total – – 12.7

a It includes electricity, steam, water, air and nitrogen.

Table 4
Different simulated reaction conditions.

Cycle [#] TI [K] TR [K] CLx10−2

[kg m−3]a
Cycle
[#]

TI [K] TR [K] CLx10−2

[kg m−3]a
Cycle
[#]

TI [K] TR [K] CLx10−2

[kg m−3]a

1–5 333 333 3.2–5.0 76–80 343 403 3.2–5.0 151–155 373 373 3.2–5.0
6–10 333 343 3.2–5.0 81–85 343 413 3.2–5.0 156–160 373 383 3.2–5.0
11–15 333 353 3.2–5.0 86–90 353 353 3.2–5.0 161–165 373 393 3.2–5.0
16–20 333 363 3.2–5.0 91–95 353 363 3.2–5.0 166–170 373 403 3.2–5.0
21–25 333 373 3.2–5.0 96–100 353 373 3.2–5.0 171–175 373 413 3.2–5.0
26–30 333 383 3.2–5.0 101–105 353 383 3.2–5.0 176–180 383 383 3.2–5.0
31–35 333 393 3.2–5.0 106–110 353 393 3.2–5.0 181–185 383 393 3.2–5.0
36–40 333 403 3.2–5.0 111–115 353 403 3.2–5.0 186–190 383 403 3.2–5.0
41–45 333 413 3.2–5.0 116–120 353 413 3.2–5.0 191–195 383 413 3.2–5.0
46–50 343 343 3.2–5.0 121–125 363 363 3.2–5.0 196–200 393 393 3.2–5.0
51–55 343 353 3.2–5.0 126–130 363 373 3.2–5.0 201–205 393 403 3.2–5.0
56–60 343 363 3.2–5.0 131–135 363 383 3.2–5.0 206–210 393 413 3.2–5.0
61–65 343 373 3.2–5.0 136–140 363 393 3.2–5.0 211–215 403 403 3.2–5.0
66–70 343 383 3.2–5.0 141–145 363 403 3.2–5.0 216–220 403 413 3.2–5.0
71–75 343 393 3.2–5.0 146–150 363 413 3.2–5.0 221–225 413 413 3.2–5.0

a CL was varied from the following values: 0.032, 0.037, 0.042, 0.047 and 0.05 kg m−3. Kg refers to the Pd exposed mass.

Table 5
Equipment costs.

Equipment Main characteristics Costs [U$S]

Case I Case II

Reactor 20 ton/batch reactora 340,000 340,000
Heat exchangers (2) Fixed-tubea,b 40,000 40,000
Measuring tank 20 ton/batch cylindrical tanka 10,000 15,000
Drop tank 20 ton/batch mixera 15,000 15,000
Catalyst mixer 0.1 m3 mixera 4000 N/R
Oil transfer pumps (3) Centrifugal type, cast steel,

30m3/h
6000 6000

Filter press pumps (2) Centrifugal type, cast steel,
30m3/h

6000 N/R

Post bleach tank 20 ton/batch mixera 15,000 N/R
Catalyst filter Vertical filter, 0.75m3a 90,000 N/R
Safety and polishing

filter
Vertical filter, 0.75m3a 90,000 N/R

Spent catalyst tank Cylindrical tank, 0.75m3 4000 N/R
Spent bleach earth tank Cylindrical tank, 0.75m3 4000 N/R
Hard oil tank (4) 25m3a 50,000 50,000
Total 674,000 466,000

a Material of construction: carbon steel.
b Considering a typical overall heat transfer coefficient value (U=100W

m−2 K−1) [48].

Table 6
Summary of fixed costs associated with each technology.

Fixed costs [U$S]

Case I Case II

Total capital investment 3,557,709 2,459,781
Equipment purchase cost 674,000 466,000
Direct fixed capital (DFC) 3,093,660 2,138,940
Working capitala 464,049 320,841

a Calculated as 15% of the DFC [24].
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Fig. 4. Total times associated with the cycles performed at an initial tem-
perature of 333 K.

Fig. 5. Total times associated with the cycles performed at an initial tem-
perature of 343 K.

Fig. 6. Total times associated with the cycles performed at an initial tem-
perature of 353 K.

Fig. 7. Total times associated with the cycles performed at an initial tem-
perature of 363 K.

Fig. 8. Total times associated with the cycles performed at an initial tem-
perature of 373 K.

Fig. 9. Total times associated with the cycles performed at an initial tem-
perature of 383 K.

Fig. 10. Total times associated with the cycles performed at an initial tem-
perature of 393 K.

Fig. 11. Total times associated with the cycles performed at an initial tem-
perature of 403 K.
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where: Cy is the cash flow on period y, n the project life time, r the
interest rate and C0 the initial investment.

IRR corresponds to the value of r that generate a NPV equal to zero.

4.4. Sensitivity analysis

In order to investigate the effects of the uncertainty associated to
certain variables that determine the cash flow on the alternative tech-
nology economic viability, a sensitivity analysis was performed. It took
into account the following factors: interest rate, global mass transfer
coefficient (KG), support cost, catalyst manufacturing cost, palladium
price, noble metal recovery cost, product selling price, raw material
cost and recovered Pd percentage. Relative variations in the range of
-30% to +30% with 15% increase each time were taken into account
except for the recovered metal percentage where variations of 0.1%
each time were considered.

5. Process simulation and optimization

Simulation and optimization were done using the advanced mod-
elling software GProms (Process Systems Enterprise Ltd.) under aca-
demic license.

A monolithic stirrer reactor model presented previously was used
[16], adapting it to the industrial scale operating conditions. Simulation
was done varying both the catalyst load and the initial and final reac-
tion temperatures while the optimal operation corresponds to that
minimize the operating costs. To perform the simulation, all algebraic
and differential equations involved in the reactor model (Appendix A)
were solved simultaneously over time to achieve a final product with
IV=75. The initial conditions were determined by the raw material
composition.

Given that the original mathematical model only contemplated an
isothermal operation contrary to the industrial process, the energy
balance corresponding to a discontinuous stirred tank reactor (TAD)
operating adiabatically was added. This can be described by the fol-
lowing expression [47]:
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Considering that there is only one reagent and expressing the heat of
reaction in units of J kg−1 IV−1, the above equation can be expressed
as:

= −T T H T IV
C

Δ ( ) Δr

p
0

(39)

Regarding the relation − H CΔ /r p this can be approximated to 1.7 K
IV−1 [5].

It should be noted that the mathematical model was developed to
reproduce the initial temperature increase and the isothermal operation
after reaching the desired reaction temperature in the required cases,
whereas the isothermal mode operation was also considered.

The sum of all operating costs involved was considered as an ob-
jective function to be minimized in order to optimize economically the
process.

5.1. Operating limitations

The aim of this work is to model the vegetable oil hydrogenation
reactor in order to obtain process conditions that minimize operating
costs to compare them with the traditional process.

Since in the real operation some involved parameters cannot exceed
certain values because of equipment design or process restrictions, it is
necessary to define the limits between which the control variables must
be maintained during the reactor modelling.

Mainly, the time of each daily production cycle must have a

Fig. 12. Total times associated with the cycles performed at an initial tem-
perature of 413 K.

Table 7
Operating costs corresponding to each technology.

Operating costs [U$S year−1]

Case I Case II

Catalyst costa 1,461,240 2,077,733
Hydrogen consumption 5,063,850 5,063,850
Electric consumption 35,950 17,490
Steam consumption 24,697 7,742
Filtering stage 407,060 –
Services 106,115 44,507
General expenses 1,928,180 1,924,804
Raw material 26,070,000 26,070,000
Total operating costs 35,097,092 35,206,126

a Includes recovery cost.

Table 8
Economic indicators.

Case I Case II

Product profit [U$S year−1] 41,580,000 41,580,000
ROI [%] 26.4 32.6
NPV [U$S] 2,379,049 2,409,320
IRR [%] 25.8 30.2
PP [years] 3.3 2.6
Interest rate [%] 15 15

Fig. 13. NPV sensitivity analysis of the vegetable oil hydrogenation process.
Ref.: (.. .) support cost, (_. _) manufacturing cost, (_ _ _) Pd cost, (- - -) Pd re-
covering cost, (- · -) recovered Pd percentage, (- - -) global mass transport
coefficient, (_. . _) interest rate, (-) product selling price, (=) raw material cost.
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maximum duration in order to respect the logistics and economy of
time of conventional operations. For a product with IV=75, the op-
erating time for 5 batches per day is 300min. [20].

On the other hand, heat extraction capacity of the conventional
system must be taken into account. Although it is hypothetically pos-
sible to operate with relative high catalyst loadings and high reaction
temperatures, the fact that current industrial reactors can operate with
maximum variations in the order of 3 IV min.−1 must be considered.
Hence, the minimum operating time for a product with IV= 75 should
be approximately 14min per batch.

An experimental design considering these requirements was devel-
oped. For all cases in which reaction times were less than 14min, the
reactor simulation was performed by reducing the agitation degree; i.e.,
decreasing the rpm and thus the mass transport coefficients value so
that the end reaction time equals 14min. On the other hand, all those
scenarios where the operating time exceeded 300min were discarded
from the technical-economic analysis.

5.2. Experimental design

To evaluate the trends and times associated with each operation, the
reactor was modelled by varying the catalyst loading (CL) and the in-
itial (TI) and final (TR) reaction temperature. A total of 225 cycles were
simulated, in which each cycle contemplates 5 batches of 20,000 kg of
oil to be processed, totalling 100 ton day−1 production as previously
stated. Table 4 shows the different operation conditions simulated.

6. Results and discussion

Table 5 shows the main equipment investment costs for both studied
technologies.

Equipment costs associated with the reaction stage are equivalent
for both study cases; however, filtering stage equipment for case I must
be considered separately since equipment investment cost for case II is
30% less than conventional technology.

Table 6 shows the total fixed costs associated with each technology
studied.

The total investment cost as well as the main equipment is 30%
lower in case II because the factor applied to the main equipment cost
to quantify the working capital and auxiliary facilities is equivalent for
both technologies. For case I fixed costs, the total capital investment is
similar to the values reported by Kellens et al. (De Smet) [20].

In order to define the applicability of the model proposed by Chen
et al. [17] (Eq. (31)) to an MSR, the power related to the laboratory
scale reactor detailed in Table 2 was determined experimentally. The
current, voltage and power found were: 0.12 A, 69 V and 8.2W, re-
spectively. The Reynolds number 11,450 was obtained, thus de-
termining an k aGL L equal to 0.17 s−1. This value yields an error of 13%
respect to that found experimentally by Sánchez M. [39], indicating
that the proposed model can be used in order to scale up the MSR. Mass
transport coefficient (k aGL L) for the industrial scale MSR was de-
termined from Eq. (31), while the liquid-solid mass transport coefficient
(k aLS S) was determined according to the Hoek proposal [40]. Eq. (40)
shows the obtained correlation (R-squared=98.13%) to determine the
fluid velocity inside the monoliths channels:

= − − +
+

v N T N
N T

1.56054 0.00814131 0.00375655 0.00000119583
0.0000225901

2

(40)

Both mass transfer coefficients were introduced into the reactor
mathematical model, considering the operational variables for its cal-
culation. The obtained values reflected the high speed mass transfer
offered by the monolithic catalyst because of the higher flow through
the monolith channels and the improved gas–liquid mass transfer [49].

Figs. 4–12 show the operating times obtained for the different re-
action conditions proposed in Table 4.

Figs. 4–12 show that the operating times associated with each cycle
decrease as the final temperature or catalyst loading increases as ex-
pected because reaction rate depends on these parameters. Given that
cycle 1 (Fig. 4) exceeds 300min of operation, it was discarded from the
analysis.

When a maximum temperature of 383 K is exceeded, the total op-
erating time of each cycle does not change considerably for any op-
erations implemented, indicating that the reaction enters the diffusional
control zone above this temperature.

Through the optimization performed on the different simulated re-
action conditions associated with monolithic technology (Table 4), it
was determined that operating costs are minimized in cycle 221
(TI= 413 K, TR=413 K, CL= 0.032 kg m−3). It should be noted that
although the lowest value found corresponds to this cycle, all cycles
with this same CL and maximum temperatures of 383 K differ very little
from this result. As previously mentioned, the reaction would begin to
operate under diffusional regime above this maximum temperature.
Hence, when increasing CL (constant TI and TR), the operation times
decrease a little showing no appreciable energy saving. Catalyst cost
contribution is more significant than energy costs (Table 7), so the
operating costs are penalized with the catalyst loading increase under
these conditions.

On the other hand, the operation at higher temperatures generates a
decrease in reaction time due to the exponential increase in reaction
rate. Although steam consumption is greater, it increases linearly with
temperature increase, while electricity consumption decreases ex-
ponentially. The relationship between costs associated with electricity
consumption and steam generation causes operating cost to fall.

Table 7 details operating costs associated to both studied cases. Case
II operating cost is slightly higher than the conventional technology
case (< 1%). Although energy consumption -electricity, steam, ser-
vices- is 58% lower for the MSR, mainly because of palladium high
activity in relation to Ni, the monolithic catalyst cost threatens the al-
ternative technology economy. Hence, this factor is determinant in case
II operating costs even though this process is economically favoured by
the filtering stage elimination.

Table 8 reports the economic indicators calculated in order to
compare both technologies.

According to the economic indicators, the alternative technology
(case II) appears as the most profitable, presenting higher NPV (10%
interest rate), ROI and IRR. On the other hand, payback period is less.
NPV is higher in case II even when operating costs are higher because
the alternative technology investment costs are lower. This indicates
that for existing production plants where it would not be necessary to
invest in equipment the technology change would be less profitable.
Regarding the value of IRR, this is comfortably higher than the interest
rate indicating that the project would be feasible to be performed
without running into any risks. ROI found shows the gain obtained in
relation to the capital invested is acceptable.

As mentioned above, the catalyst cost has considerable heft in case
II operating costs. Therefore, the effect of the costs related to the
monolithic catalyst as well as the interest rate, global mass transfer
coefficient (KG), product selling price and raw material cost were
analysed. Fig. 13 presents the results of the performed sensitivity ana-
lysis.

Recovered palladium amount is the most determining factor in the
NPV when sensitive changes are made. It can be seen that less than 94%
recovery would lead to negative NPV. Changes in interest rate and
manufacture costs, palladium and noble metal recovery are less influ-
ential, but nonetheless important. Overall mass transfer coefficient and
catalytic support cost are not very determining.

These results are attributed mainly to higher palladium cost in
comparison to the other monolithic catalyst manufacturing compo-
nents, even though palladium is added in small proportion. When the
noble metal recovery is not effective enough, its loss is very important
in the process economy. On the other hand, when palladium market
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price changes, the effect is not as noticeable as it affects both the pur-
chase and Pd recovery in the same way.

Although the changes in global mass transfer coefficient generate a
modification in operating times, the costs associated with energy con-
tribution dependent on the operating time are not determining in the
total operating cost.

Besides, NPV falls below case I NPV by increasing interest rate,
manufacturing costs, palladium and noble metal recovering, or de-
creasing the recovered palladium amount; thus evidencing that the
alternative technology becomes less profitable than conventional
technology before small perturbations in catalyst cost.

Variations on the product selling price and the raw material cost
have been done in order to represent how changes in the market might
affect case II process economics. Fig. 13 shows that both product selling
price and raw material cost affect the NPV process considerably because
of the plant productive capacity. Variations greater than -2% in the
product selling price, or lesser than +5% in the raw material cost lead
to a negative NPV, indicating a high sensibility to these variables.

Based on these results, it can be affirmed that the implementation of
a monolithic stirrer reactor in the vegetable oil hydrogenation process
could be feasible, but it presents a high economic risk.

7. Conclusions

Through the technical-economic study performed, it was possible to
establish the trend in the reaction conditions employed to reduce the
operating costs in the vegetable oil hydrogenation through the im-
plementation of a monolithic stirrer reactor in the production process.
It was determined that the operating cost is minimized when operating
with small catalyst loadings and high initial and final reaction tem-
peratures.

Besides, the proposed alternative process can be profitable with
higher NPV than that of the conventional technology even though the
operating costs are higher for the monolithic technology.

The sensitivity analysis determined that the process profitability is
heavily influenced by the catalyst cost, particularly with the noble
metal recovery percentage, even to the extent of reaching negative
NPV.

Slight changes in the catalyst cost make the alternative technology
NPV less appealing than that of conventional technology, thus de-
termining that the MSR implementation carries a considerable eco-
nomic risk. This indicates the need for future research in order to de-
velop a regenerating procedure to extend the catalyst useful life.
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