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a b s t r a c t

A dense Pd–Ag membrane reactor (MR) with 100% hydrogen selectivity packed with either Rh/La2O3 or
Rh/La2O3–SiO2 as catalysts was used to carry out the dry reforming of methane. The membrane reac-
tor simulation was performed using a well-known reactor model. For this purpose, we employed the
equations derived from complete kinetic studies of the dry reforming of methane reaction in connec-
tion with both catalysts. In addition, we developed the kinetic equation for the reverse water gas shift
reaction (RWGS). The combination of detailed kinetic studies with the measured permeation flux for
the Pd–Ag membrane allowed a complete comparison between experimental and simulated operation
variables. The variables studied for both catalysts were methane conversion and hydrogen permeation
inetic equations as a function of the sweep gas flow rate. The correlation between methane conversion enhancement and
hydrogen recovery confirmed that a good prediction was obtained with this model. The performance of
two reactor configurations (membrane reactor and conventional fixed-bed reactor) and both co-current
and counter-current flow modes were compared. The effect of various operating variables such as per-
meation area, sweep gas flow rate and feed composition upon conversion, product compositions and
hydrogen recovery were analyzed.

© 2011 Elsevier B.V. All rights reserved.
. Introduction

The production of high purity hydrogen has been extensively
nvestigated, the main reason being that most fuel cells use hydro-
en as a fuel. These cells produce energy and water by the
lectrochemical oxidation of hydrogen over platinum-containing
nodes. Hydrogen, whether produced from hydrocarbons (so far,
ts main source) or alcohols, contains carbon monoxide, which acts
s a strong poison of the Pt-based catalyst in the low tempera-
ure PEMFC systems if its concentration is higher than 10 ppm. In
rder to obtain high purity hydrogen, several methods have been
eveloped. Among them, membrane reactors (MR) have shown
romissory advantages over the rest of the purification methods.

n these reactors, the hydrogen produced is ultra pure, production
nd purification occur in a single step, and the reactant conversions
re enhanced by Le Chatelierı̌s principle.

The dry reforming of methane reaction (DRM) has been reported
1–3] as being a particularly good way to produce hydrogen. The

ommercial membranes based on Pd–Ag alloys with 100% selec-
ivity to hydrogen permeation have been reported as effective

aterials for hydrogen purification in a single step [3]. In addi-

∗ Corresponding author. Tel.: +54 342 4536861; fax: +54 342 4536861.
E-mail address: lmcornag@fiq.unl.edu.ar (L.M. Cornaglia).

926-860X/$ – see front matter © 2011 Elsevier B.V. All rights reserved.
oi:10.1016/j.apcata.2011.04.030
tion, Rh(0.6)/La2O3 and Rh(0.6)/La2O3–SiO2 catalysts have been
described [4,5] as highly active and stable for the dry reforming
of methane due to the strong interaction between the metal and
the support.

A good reactor model is required to predict the influence of
key process variables on conversion and product composition for
a given hydrogen selective membrane. Several researchers have
implemented mathematical models to simulate the behavior of
membrane reactors [6–8]. The reaction systems most frequently
considered are methane, methanol and ethanol steam reform-
ings [6–8]. However, only a few studies have been published on
DRM [9–11,13]. Prabhu and Oyama [10] developed a model for
the dry reforming reaction using membrane reactors built with
either a nonselective porous glass or a highly selective silica mod-
ified membrane. They utilized the kinetics obtained by Richardson
and Paripatyadar [12] for the dry reforming on a Rh/Al2O3 cata-
lyst. Their model provided good agreement between experimental
and theoretical results for both membrane reactor configurations.
Calculations also indicated that axial temperature gradients and
pressure drop across the bed were negligible.

A one-dimensional, isothermal mathematical model for

methane reforming with carbon dioxide in a conventional fixed-
bed reactor (CFR) and a porous Vycor glass membrane reactor were
developed by Kumar et al. [13]. The reactors were packed with
an alumina-supported Rh catalyst. They compared the predicted

dx.doi.org/10.1016/j.apcata.2011.04.030
http://www.sciencedirect.com/science/journal/0926860X
http://www.elsevier.com/locate/apcata
mailto:lmcornag@fiq.unl.edu.ar
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Nomenclature

C0 initial concentration of CH4 (mol m−3)
dp catalyst particle diameter (m)
D dispersion coefficient of hydrogen (m2 s−1)
Da Damköhler number (dimensionless)
Deff effectivity diffusion coefficient of hydrogen (m2 s−1)
K1 equilibrium constant for methane adsorption

(kPa−1)
k2 rate constant of methane decomposition

(mol g−1 s−1)
K3 equilibrium reaction constant between CO2 and

La2O3 (kPa−1)
k4 rate constant between carbon species and oxycar-

bonates (mol g−1 s−1)
k5 reverse water gas shift rate constant

(mol kPa−0.97 g−1 s−1)
Keq1 equilibrium constant for the dry reforming of

methane (kPa2)
Keq2 equilibrium constant for the reverse water gas shift

(Dimensionless)
KH2 hydrogen permeation constant (mol m−2 s−1 Pa−0.5)
L0 reactor length (m)
n mols in a conventional flow reactor (CFR)
NH2 hydrogen permeation flux (mol m−2 s−1)
NRep particle Reynolds number (dimensionless)
Qi flow rate of compound i
Q ′

H2
flow rate of permeated hydrogen

Pe Pecklet number (dimensionless)
r reaction rate in the packed-bed membrane reactor

(mol g−1 s−1)
R1 outer radius of the sweep gas tube (m)
R2 inner radius of the membrane (m)
R3 inner radius of the reactor (m)
u reactant velocity (m s−1)
WC catalyst mass (g)
x reactant conversion
z reactor length (m)

Greek letters
�i stoichiometric factor for compound i
�C concentration difference of H (mol m−3)

r
c

t
o
t
r
[
p
s

p
a
o
m

c
a
a
m

2
�b packed-bed density (kg m−3)

esults with the experimental data published by Oyama and
oworker [10].

In this work, the simulation study of a DRM membrane reactor
hat operates with Rh/La2O3 or Rh/La2O3–SiO2 catalysts is carried
ut using a well-known reactor model. For this purpose, we employ
he equations derived from complete kinetic studies of the dry
eforming of methane reaction published in two previous papers
4,5] in connection with our catalysts. In addition, in the present
aper, we also report the kinetic equation for the reverse water gas
hift reaction (RWGS).

The detailed kinetic studies in combination with the measured
ermeation flux for the Pd–Ag membrane are used to perform
complete comparison between experimental and simulated

peration variables such as methane conversion and hydrogen per-
eation as a function of sweep gas flow rate.
The performance of different reactor configurations and both
o-current and counter-current flow modes are compared. In
ddition, the behavior of the different species inside the reactor
nd the impact of various operating variables such as per-
eation area, sweep gas flow rate and the reactant ratio on
: General 400 (2011) 185–194

conversions, product compositions and hydrogen permeated are
analyzed.

2. Experimental

2.1. Catalyst preparation

The Rh/La2O3 solid was prepared by conventional wet
impregnation using RhCl3·H2O as a precursor. In the case of
Rh/La2O3–SiO2, the binary support was prepared by incipient wet-
ness impregnation of SiO2 (Aerosil 200) with La(NO3)3. The La2O3
loading was 27.0 wt%. This solid was calcined at 823 K for 5 h and
then, Rh was added using the same impregnation technique. All
catalysts, independently of the preparation method or the used
support, were calcined at 823 K in flowing air during 6 h. The Rh
loading was 0.6 wt.% for both solids.

2.2. Kinetic measurements for the RWGS reaction

Kinetic studies under differential conditions for the RWGS reac-
tion were conducted in a conventional flow system consisting
of a flow measuring and control system, a mixing chamber, and
a fixed-bed reactor (5 mm i.d.), which was placed in an electric
oven. The mass of catalyst used was 20 mg, diluted with 100 mg
of inert quartz powder to avoid temperature gradients. The cat-
alyst was heated in Ar flow up to 823 K and then was reduced
in situ in a hydrogen flow at the same temperature during 2 h.
Then the kinetic measurements were performed under differen-
tial conditions at temperatures between 743 K and 823 K. The total
reactant flow rate was 187 ml min−1. The measurements were
made maintaining the partial pressure of one reactant constant,
PCO2 = 39.5 kPa or PH2 = 9.9 kPa and varying the pressure of the
other reactant between 5 and 40 kPa. The reaction products and
the reactants were analyzed in two gas chromatographs (Shi-
madzu GC-8A and SRI 8610C) with TCD detectors. Rate limitation
by external and/or internal mass transfer under differential con-
ditions proved to be negligible by applying suitable experimental
criteria.

2.3. Membrane reactor

The double tubular membrane reactor was built using a com-
mercial dense Pd–Ag alloy (inner tube, thickness = 50 �m) provided
by REB Research and Consulting, with one end closed and an
inner tube to allow Ar sweep gas flow rate (SG). The outer
tube was made of commercial non-porous quartz (i.d. 9 mm).
The catalyst (Rh/La2O3 or Rh/La2O3–SiO2) diluted with quartz
(1–2 g) was packed in the annular region of the reactor which
is between the membrane and the outer wall (retentate zone).
The reactor operated at 101,325 kPa and the temperature was
823 K for all measurements. More details have been previously
reported [14]. The reaction products and the permeated mix-
ture were analyzed in two gas chromatographs (Shimadzu GC-8A
and SRI 8610C) with TCD detectors. In all cases, the carbon bal-
ance was close to 100% indicating that no carbon formation
occurred.

Fig. 1 shows a diagram of the membrane reactor. The catalytic

bed is in the annulus (grey zone) and the membrane is in the cen-
ter, concentric with the reactor. The sweep gas (Ar) is fed through
the inner tube of the membrane and flows co-current with the
reactants.
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Table 1
Reaction conditions and other parameters used in the simulation.

Conditions or parameters Value

Feed composition (CH4:CO2:Ar) 1:1:1.1
Reaction temperature 823 K
Retentate pressure 101,325 Pa
Permeate pressure 101,325 Pa
R1 (outer radius of sweep gas tube, Fig. 1) 7.9 × 10−4 m
R2 (inner radius of membrane, Fig. 1) 1.6 × 10−3 m
R3 (inner radius of reactor, Fig. 1) 4.8 10−3 m
WC (catalyst mass) 0.5–1.5 g
Deff (H2 effective diffusivity) 6.9 × 10−4 m2 s−1

Pe (Peclet number) 0.303
C0 (initial concentration of methane) 13.99 mol m−3

dp (particle diameter) 1.65 × 10−4 m
�b (packed-bed density) 789.41 kg m−3

u (reactant velocity) 4.6 × 10−3 m s−1

r (reaction rate of methane) 5.6 × 10−5 mol g−1 s−1

T
A

Fig. 1. Schematic diagram of the membrane reactor.

. Results and discussion

.1. Kinetic measurements

Most simulation studies employ previously published kinetic
xpressions for similar catalysts and reactions. Reliable kinetic
quations are needed for modeling membrane reactors. In this
aper, we applied equations developed for the catalysts used in
ur membrane reactor.

.1.1. Dry reforming of methane
The simultaneous occurrence of the dry reforming of methane

1) and the RWGS (2) reactions was always observed in the reac-
ion system. As a consequence, the carbon dioxide conversion was
igher than the methane conversion.

H4 + CO2 ↔ 2H2 + 2CO (1)

O2 + H2 ↔ CO + H2O (2)

In previous studies, we proposed a single L–H rate equation for
he dry reforming using either Rh/La2O3 [4] or and Rh/La2O3–SiO2
5] as catalysts.

CH4 =
[

K1 · k2 · K3 · k4 · PCO2 · PCH4

K1 · K3 · k4 · PCO2 · PCH4 + K1 · k2 · PCH4 + K3 · k4 · PCO2

]

×
[

1 − (PCO · PH2 )2

Keq1 · PCH4 · PCO2

]
(3)
The second bracket measures the approach to equilibrium of the
eaction.

For these lanthanum based solids, spectroscopic data support a
eaction mechanism in which the slow steps are both the methane

able 2
rrhenius and van’t Hoff parameters for the dry reforming of methane [4,5] and the rever

Constant Catalysts Af

k2
a Rh/La2O3 2.44

Rh/La2O3–SiO2 419.4
k4

b Rh/La2O3 2.47 × 105

Rh/La2O3–SiO2 2.11 × 107

k5
c Rh/La2O3 8.2 × 10−3

Rh/La2O3–SiO2 8.2 × 10−3

K1
d Rh/La2O3 –

Rh/La2O3–SiO2 –
K3

e Rh/La2O3 –
Rh/La2O3–SiO2 –

a Methane decomposition reaction rate (mol g−1 s−1).
b Reaction rate constant between oxycarbonates and carbon (mol g−1 s−1).
c Reverse water gas shift reaction rate constant (mol g−1 s−1 kPa−0.97).
d Methane equilibrium adsorption constant (kPa−1).
e Equilibrium constant of reaction between CO2 and La2O3 (kPa−1).
f Kinetic constants: k = A exp(−EA/RT).
g Equilibrium or adsorption constant: K = exp(�S/R) exp(−�H/RT).
�C (difference of hydrogen concentration) 0.25 mol m−3

D (diffusion coefficient of hydrogen) 2.5 × 10−6 m2 s−1

decomposition and the surface reaction of the lanthanum car-
bonates with the carbon deposits. The mechanistic picture is that
methane reversibly adsorbs on the metallic clusters (K1), while the
cracking of the adsorbed species proceeds slowly liberating H2 and
generating carbon that remains on the metallic surface (k2). CO2
rapidly reacts with La2O3 to generate oxycarbonate (K3), which in
turn reacts slowly with carbon to generate the other main product,
CO (k4) (Table 1).

No carbon deposition was detected through TGA whereas weak
Raman bands of graphitic carbon were observed in the used cata-
lysts. Besides, no deactivation was observed after 180 h on stream
[4,5]. The kinetic measurements were performed at constant tem-
peratures between 823 and 903 K under differential conditions to
calculate the thermal coefficients of the kinetic and adsorption
constants. They are summarized in Table 2 for both catalysts. The
measurements were made by maintaining the partial pressure of
one reactant constant (10 or 40 kPa) and varying the other reactant
pressure between 2.5 and 40 kPa [4,5].

3.1.2. Reverse water gas shift reaction (RWGS)
In this work, we present the kinetic study of the RWGS reaction

for the Rh/La2O3 solid. The effect of reactant partial pressures on
the kinetic rate of this reaction was investigated at temperatures

ranging between 743 and 823 K. Fig. 2a shows the dependence of
the reaction rate (mol g−1 s−1) on the partial pressure of H2, while
the CO2 partial pressure was kept constant at 39.5 kPa. It is observed
that by increasing the partial pressure of H2 from 2.5 to 15 kPa,

se water gas shift reactions for both catalysts.

EA
f (kcal mol−1) Exp(�S/R)g �Hg (kcal mol−1)

16.9 – –
22.1 – –
41.2 – –
31.7 – –
9.8 – –
9.8 – –
– 14.0 7.8
– 1.94 × 10−4 −9.0
– 4.85 × 10−8 34.8
– 4.85 × 10−8 34.8
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ditions close to that used in the membrane reactor in order to have
a realistic equation to model the reaction system.

The order is higher for the partial pressure of CO2 than for that of
H2, on our Rh/La2O3 catalyst and on Fe/Al2O3, MoS2 [18]. However,

Table 3
Kinetic parameters for the reverse water gas shift reaction on several catalysts.

Catalyst H2 order CO2 order Activation energy
(kcal mol−1)

Reference

Rh/La2O3 0.42 0.55 9.80 This work
Rh/Fe3O4–Cr2O3 0.46 0.73 12.0 [17]
MoS 0.36 0.73 18.0 [18]
H2

Fig. 2. Kinetic results for the reverse water gas shift reaction. Effect of reactan

he reaction rate increases at all the temperatures examined. The
ffect of the CO2 partial pressure on the reaction rate was studied
ithin the same temperature range (Fig. 2b) keeping the H2 partial
ressure at 9.9 kPa. The reaction rate increased two- to threefold
ith an increase of the CO2 partial pressure from 5 to 40 kPa.

Complex rate expressions could be proposed from detailed reac-
ion mechanisms, and rate determining steps [15]. Some authors
lso suggested [16] that a power-law rate expression could be used
s a relatively simple approximation of the rate equation. In this
tudy, a power rate law (4) was used for the RWGS as a reason-
ble alternative to be applied in the modeling of the membrane
eactor.

CO2 = k5 · Pa
CO2

· Pb
H2

(
1 − PH2O · PCO

Keq2 · PCO2 · PH2

)
(4)

here a and b are the apparent reaction orders for CO2 and H2. The
erm between parentheses represents the approach to equilibrium.

The orders of the RWGS reaction with respect to reactants for
he Rh/La2O3 catalyst were determined by fitting the typical log–log
lots for the dependence of rate on CO2 and H2 partial pressures.
he slope of each straight line can be used to determine the reaction
rder with respect to the individual species. The results obtained
ere of 0.55 for CO2, and 0.42 for H2 and the apparent activation

nergy was calculated to be 9.8 kcal mol−1 (41 kJ mol−1). The value
f k5 at 823 K was 2.05 × 10−5 ± 1.66 × 10−7 mol g−1 s−1 kPa−0.97,
eported at a ±95% confidence interval (five data points were used
or each linear regression).

The experimental values and those predicted by the power law
inetic equation for the RWGS were compared in the parity plot
Fig. 3). This graph shows a good match between experimental and
alculated rate values. Then, this empirical power rate law expres-
ion is suitable for modeling the kinetics of the RWGS reaction and
t is used as an approximation for both catalytic systems, Rh/La2O3
nd Rh/La2O3–SiO2.

Similar studies were carried out for the forward and backward
ater gas shift reaction by Lei et al. [17] for Rh/Fe3O4–Cr2O3 solids.

he author reported that the apparent activation energies for the

orward and backward water gas shift reaction were masked by
nternal mass transfer limitations. Table 3 summarizes published
eaction orders and activation energies for the reverse water gas
hift reaction. On all the catalysts, the orders are positive with
experimental 

Fig. 3. Parity plot for the reverse water gas shift reaction.

respect to both reactants and a reasonable agreement with values
for the apparent activation energies are observed. The agreement in
the apparent activation energy values may indicate that there were
internal mass transfer limitations in the kinetic measurements. In
our work, the kinetic study was performed employing reaction con-
2

WS2 0.36 0.61 19.1 [18]
Ni/Al2O3 0.81 0.50 20.8 [18]
Co/Al2O3 0.59 0.51 18.4 [18]
Fe/Al2O3 0.37 0.11 18.7 [18]
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he order was higher for the partial pressure of H2, than for that of
O2, on Ni/Al2O3, Co/Al2O3 and Rh/Fe3O4–Cr2O3 [18].

.2. Hydrogen permeation and equilibrium reaction constants

It is known that hydrogen passes through a Pd-based membrane
n a series of steps: first, it adsorbs dissociatively on the surface;
hen, the surface atomic hydrogen dissolves into the bulk metal;
nd, finally, at the other side of the membrane, it desorbs as surface
tomic hydrogen and recombines as molecular H2 [19]. For thick
alladium films, the diffusion of the hydrogen through the bulk
etal is the rate-limiting step [20]. Then, the permeation of pure

ydrogen is proportional to the difference in the square root of the
etentate and permeate pressures.

H2 = KH2 · [(PH2 retenate)0.5 − (PH2 permeated)0.5] Sieverts’ law (5)

A H2 permeability study of the membrane employed in this
ork over a range of temperatures (673–823 K) was previously

eported [14]. The apparent activation energy for hydrogen per-
eation was 10.2 kJ mol−1. This value compares very well with

hose for Pd and Pd–Ag membranes reported by other authors
hich range from 10.7 kJ mol−1 to 23 kJ mol−1 [21]. The permeation

onstant (KH2 ) for the membrane used in the present work was
.35 × 10−4 mol m−2 Pa−0.5 s−1 at 823 K. This value is in good agree-
ent with that reported by Tosti and Bettinali [22] for a cold-rolled

d–Ag membrane of thickness 50 �m.
The equilibrium constants for both reactions, the dry reforming

f methane (6) and the reverse water gas shift (7) are given by the
an’t Hoff equation.

n

(
Keq1

101, 3252

)
= −3.789 − 28, 360

T
+ 5.4147 · ln(T)

− 0.0025715 · T (6)

n(Keq2) = 12.645 − 5321.4
T

− 1.0769 · ln(T) − 0.00055354 · T (7)

.3. Mathematical model

A schematic diagram of the tubular membrane reactor is pre-
ented in Fig. 1. The tubular membrane divides the reactor into two
ones: the shell side, which is the reaction region packed with cat-
lyst particles and the tube side, also called permeate zone where
he sweep gas is introduced co-currently with the feed gases to
arry away the H2 permeated through the membrane.

The mathematical model is based on the mass balance of each
eactant and product of the reactor. For all the species (except H2),

mass balance equation like (8) applies, but because the used
embrane is 100% selective to hydrogen the retentate hydrogen

s described by Eq. (9) while the permeated hydrogen is described
y Eq. (10).

dQi

dz
= WC

Vr

∑
�i · ri (8)
dQH2

dz
= WC

Vr

∑
�j · rj − 2 · NH2 · R1

(R2
3 − R2

2)
(9)

dQ ′
H2

dz
= 2 · NH2

R2 − R1
(10)

The equation system is solved using the Bullrich–Stoer dis-
retization tool available in the MathCadTM Professional software.
Rh/La2O3 and Rh/La2O3–SiO2 catalysts. Temperature = 823 K. Pressure = 101,325 Pa.
Permeation area = 3 × 10−4 m2. The dashed lines represent the simulated values.
Experimental error bars are shown at each point (4%).

In this model, the following assumptions are made:

- The reactor is isothermal (823 K) and isobaric (101,325 Pa). Plug
flow reactor, steady-state operation.

- The mass transfer resistance of the catalytic bed, which is made
up of small particles (mesh 100), is negligible (checked by suitable
experimental criteria).

- The tubular reactor does not have an axial dispersion at both sides
of the membrane. This was checked by the Mears criterion (11)
[23].

L

dp
> 92 · n · N−0.23

Re p · ln
(

1
1 − x

)
(11)

In this case, the inequality (11) was equal to 11.36 > 3.45 × 10−3.
To check the non-occurrence of radial dispersion, the criterion

proposed by Oyama and Hacarlioglu [24] was used. They reported
that for membrane reactors, the influence of the permeation rate
on diffusion rate needs to be combined with the ratio reported for
a conventional reactor to account for radial gradients, due to the
effect of concentration polarization in the vicinity of the membrane.
Eq. (12) takes these factors into account:(

NH2 (R3 − R2)
Deff �C

)(
Pe

dpL0

)(
uC0

�br

)2

< 0.01 (12)

If inequality (12) holds, there will be no gradients in radial
concentration. Oyama and Hacarlioglu [24] suggested that this cri-
terion can be used to determine whether a one-dimensional or a
two-dimensional model is appropriate for the design of a mem-
brane reactor (Order-Hierarchy (O-H) Criterion). For our reactor,
the value obtained from Eq. (12) was 8.84 × 10−4 < 0.01. This value
suggests that for the reaction system studied, no radial concentra-
tion gradient occurs and, therefore, a one-dimensional model can
be applied.

3.4. Modeling results and comparison with experimental data

In order to validate the model, a comparison was performed
between the experimental results and the simulated values for each
catalyst in the membrane reactor. The methane conversion and the
permeated hydrogen/feed methane ratio as a function of the sweep

gas flow are shown in Figs. 4 and 5. The methane conversion and
the rate of hydrogen permeation are enhanced by the sweep gas
flow rate due to the fact that the difference in the hydrogen partial
pressure between the reaction and permeation sides is the driving
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orce for H2 permeation. The simulated values are always between
xperimental error bars (4%), so the model satisfactorily describes
he experimental data. However, for a high sweep gas flow rate
around 40 ml min−1) there are small discrepancies between the
xperimental and simulated trends, which could be produced by
ydrogen concentration polarization or mass transfer limitations.
ote that the O-H criterion described above [24] suggests that for

his laboratory reactor the former phenomenon is not present.

.5. Effect of the reactor configuration

In this work, we applied a one-dimensional model to com-
are the hydrogen production in different reactor configurations.
igs. 6 and 7a show the profiles of reactant and product flow
ates, respectively, against the dimensionless reactor length, for a
onventional fixed-bed reactor and a packed-bed membrane reac-
or. The same operating conditions were used in both cases. The

embrane has a positive effect on the reactant conversion; as a
onsequence the reactant flows are lower in the membrane reac-
or than in the conventional reactor (Fig. 6). The hydrogen flow
ecreases in the MR retentate side due to its permeation through

he membrane. This decrease in hydrogen concentration in the
etentate side causes a decrease in the production of H2O, because
2 is a reactant in the RWGS reaction (Fig. 7a). However, the flow of
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atalyst mass = 0.5 g, W/F = 5 × 10−4 g h ml−1, Rh/La2O3 catalyst.
both reactors (CFR and MR) (a) and hydrogen permeation profile (b). Reaction con-
ditions: see Fig. 6.

carbon monoxide is higher in the MR because by reducing the flow
of hydrogen the DRM reaction is favored, which also generates CO.
The permeated hydrogen flow as a function of the dimensionless
length of the membrane reactor is shown in Fig. 7b. Note that the
flow rate increases steadily along the reactor.

Oklany et al. [6] studied the effect of the space velocity as a func-
tion of the dimensionless reactor length on the methane conversion
for the steam reforming. They found that at low space velocity (low
feed flow/SG flow ratio) there is a sharp initial rise in conversion
followed by a less dramatic conversion increase along the reactor.
In our case, this ratio was equal to 0.33, provoking that the reten-
tate reactant flows reach the values attained in the conventional
reactor at L/Lo < 0.05. From this value to L/Lo = 1, the role of the cat-
alyst in contact with the membrane is to restore the equilibrium
as H2 is extracted through the membrane. We have performed the
MR simulation employing a ratio 10 times higher (3.3) and in that
case, the retentate reactant fluxes decreased more slowly reaching
a constant value at L/Lo = 0.5.

In addition, we analyzed the performance of the membrane
reactor in comparison with the performance of a two-stage pro-
cess, a fixed-bed reactor followed by a membrane separation unit.
Both cases were simulated using the same catalyst and the same
operation conditions: Rh/La2O3 catalyst, W/F = 1.5 × 10−3 g h ml−1,
823 K, 101,325 Pa and 3 × 10−4 m2 of permeation area. The two-
stage process involved a catalytic reactor, where the dry reforming
of methane and the reverse water gas shift reactions took place,
and then the output gas mixture of the reactor was fed into another
stage where the physical separation of hydrogen was carried out by
the same commercial dense Pd–Ag membrane.

The performance was evaluated taking into account the perme-
ated hydrogen flow for several sweep gas flow rates (Fig. 8). For
each sweep gas flow rate, the permeated hydrogen flow rate in the

membrane reactor was always higher than in the two-stage option.
These results suggest that it is more efficient to use a membrane
reactor than a two-stage process. It is well known that the hydrogen
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ow through the membrane decreases the product concentration
n the reaction side and this generates a displacement of the reac-
ion equilibrium to product formation, according to Le Chatelier’s
rinciple.

The effect of flow configurations (counter-current and co-
urrent) is shown in Fig. 9. The methane conversion (not shown)
nd the hydrogen recovery (Fig. 9a) are slightly higher in the
ounter-current configuration for sweep gas flow rates higher
han 4 ml min−1 due to the different driving force variation across
he reactor. As it can be seen in Fig. 9b, the driving force gap
s about 40 Pa0.5 for the counter-current configuration instead
f 80 Pa0.5 for the co-current. This may lead to better reactor
erformance.

However, for sweep gas flow rates lower than 4 ml min−1 the H2
ecovery is higher in co-current mode (Fig. 9b), this could be due to

he similar driving force observed in comparison with the counter-
urrent mode, in addition the co-current configuration does not
resent back permeation effects (Fig. 9b).
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3.6. Effects of the operating variables on the co-current MR

The effect of the sweep gas flow rate upon the hydro-
gen profiles on both sides of the membrane was also studied
(Fig. 10). The operating conditions were Rh/La2O3 as a catalyst,
W/F = 1.5 × 10−3 g h ml−1, 823 K, 101,325 Pa and 3 × 10−4 m2 of per-
meation area. To better understand the retentate hydrogen profile,
the region scale at low dimensionless reactor length was expanded.
The same sharp increase could be observed in this region for
all the sweep gas flow rates under study due to the low feed
1.67). However, a different increase was found all along the reac-
tor length for each sweep gas flow rate. When 10 ml min−1 was
used, the permeated hydrogen flow rates reached a constant value
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reforming reaction employing a dense Pd–Ag tubular membrane
/F = 1.5 × 10−3 g h ml−1, temperature = 823 K. The feed flow/sweep gas flow ratios
re given between parentheses.

f 0.9 ml min−1 at L/Lo = 0.6, suggesting that the equilibration in
he hydrogen partial pressure at both sides of the membrane was
eached. For higher sweep gas flow rates, the permeated hydrogen
artial pressure decreased, increasing the driving force for hydro-
en permeation. For a SG flow rate of 70 ml min−1 and a permeation
rea of 3 × 10−4 m2, the hydrogen flow rate reached the highest
alue of 3 ml min−1 in the permeate side, that corresponds to a H2
ermeated/fed CH4 ratio of 0.58 and a H2 recovery of 67%. When
he SG is increased until 100 ml min−1, a less significant improve-

ent can be reached (Fig. 9). The H2 permeated/fed CH4 ratio is
.625 with a H2 recovery equal to 70%.

The effect of the permeation area upon the methane conversion
s shown in Fig. 11a. For a sweep gas flow rate of 10 ml min−1, the

ethane conversion reaches a constant value increasing the per-
eation area above 3 × 10−4 m2, indicating that the limiting step is

he hydrogen partial pressure in the permeate side. Thus, increasing
he area does not produce an enhancement in the methane conver-
ion. The permeated hydrogen/fed methane ratio follows a similar
rend (Fig. 11b). This behavior is consistent with the hydrogen
rofiles shown in Fig. 10, when a permeation area of 3 × 10−4 m2

nd the same SG flow rate are employed. For higher sweep gas
ow rates, a continuous increase in the methane conversion and
ermeated hydrogen with the permeation area (<8 × 10−4 m2) is
bserved.

Based on the above considerations, it is concluded that it
s necessary to have a membrane with higher permeability to
rovide higher flow of hydrogen. For this reason, the study
f the permeation area effect upon the methane conversion
as performed using a membrane with higher permeability

1.35 × 10−3 mol m−2 Pa−0.5 s−1 at 823 K). The value of the O-H

8.5 × 10−3) criterion for this high-permeability membrane reac-
or indicates that a one-dimensional model can be applied to
escribe this system. Fig. 12 shows that the membrane with
Rh/La2O3, W/F = 1.5 × 10 g h ml , temperature = 823 K, Sweep gas flow rates = 10
and 70 ml min−1. The feed flow/sweep gas flow ratios are given between parenthe-
ses.

high-permeability leads to a constant value of methane con-
version at lower permeation area (1 cm2) in comparison with
the membrane used in this work (∼10 cm2) when a sweep gas
flow rate of 70 ml/min was applied (Feed flow/SG flow = 0.24).
The hydrogen profiles were plotted for the high-permeability
membrane (not shown) with an area of 3 cm2 and a sweep gas
flow rate of 70 ml/min. The profiles show that the hydrogen
partial pressures in both membrane sides are equal. However,
with the low-permeability membrane at the same conditions, the
retentate partial pressure was higher than the permeated value
(9 kPa > 4.2 kPa) (Fig. 10).

Several authors [25,26] sustained that it is necessary to balance
the feed rate, reaction rate and permeation rate for an optimal per-
formance. It has been noted that for the optimal performance of
a membrane reactor, the product of Damköhler with Peclet num-
bers (Da Pe) should take values between 0.1 and 10. This parameter
(the ratio of the highest reaction rate and the highest permeation
rate) accounts for the ability of the reactor to convert CH4 and to
transport H2. The activity of the catalyst is important for equi-
librium reactions. If the catalyst is of low activity, equilibrium is
approached too slowly, so that removal of the hydrogen produced
will not affect the yield. In this work, the Pd–Ag membrane reac-
tor presents a value of 2 and the membrane reactor with higher
permeability exhibits a value of 0.3. The membrane reactor with a
higher permeability has a lower DaPe than the Pd–Ag membrane,
which is expected, and it is close to the lower limit of the criterion.

The effect of the reactant ratio upon the membrane reactor per-
formance is shown in Fig. 13. The methane conversion is favored
when the CO2/CH4 ratio is increased, leading to an increase in
hydrogen production in both types of reactors. The methane con-
versions obtained in the membrane reactor were higher for all
the reactant ratios (Fig. 13a). The produced hydrogen in a conven-
tional fixed-bed reactor is shown in Fig. 13b in comparison with the
hydrogen permeated through the selective membrane. The perme-
ated ultra pure hydrogen was always higher than the H2 produced
in a conventional reactor for sweep gas flows equal to 50 ml min−1

or higher. Note that in the membrane reactor, hydrogen is also
present in the retentate side of the reactor.

In experimental studies, Gallucci et al. [9] studied the dry
at temperatures between 400 and 450 ◦C. The authors found an
increase in methane conversion and a low H2 recovery (25%) at
these low temperatures. On the other hand, Ferreira-Aparicio et al.
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27] studied the dry reforming reaction and analyzed the effect
f the CO2/CH4 ratio on methane conversion. They found that the
ncrease of the CO2/CH4 feed ratio results in an increase of the CH4
onversion, in agreement with our results.

In order to compare with our previously published data for the
ry reforming reaction, we adopted the methodology proposed by
yama and Lim for methane and ethanol steam reforming [28].
hey defined an Operability Level Coefficient (OLC) as the ratio of

he actual permeation rate and the actual formation rate of a critical
roduct in a membrane reactor, where the critical product is the
ne for which the membrane is permselective. This coefficient is
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equivalent to the hydrogen recovery parameter (H2 permeate/H2
produced).

Fig. 14 shows the coupling of methane conversion with hydro-
gen recovery for different catalysts and membranes with various
permeation areas. We have modified the H2 recovery by varying
the sweep gas flow rate. For all the measured values, the experi-
mental data are consistent with our model (continuous line) and
both follow the same tendency shown by the curve obtained from
Oyama and Lim [28] for the steam reforming of methane (dashed
line). In addition, it can be observed that with high sweep gas flow
rates, the H2 recovery percent reaches a value of about 70–80%.

4. Conclusions

The kinetic equation for the reverse water gas shift reaction for
the Rh/La2O3 catalyst was satisfactorily accurate. This expression
was an appropriate alternative to be applied in the modeling of the
membrane reactor.

The combination of detailed kinetic studies with the measured
permeation flux for the Pd–Ag membrane allowed a complete com-
parison between experimental and simulated operation variables.
The results of the mathematical model follow the same behavior
as the experimental values, reflecting the ability of the model to
predict the reactor performance.

High production of hydrogen can be achieved in only one-stage
operation by using a membrane reactor instead of the two-stage
process (conventional reactor plus membrane separation) suggest-
ing that it is more efficient to use a membrane reactor than a
two-stage process. In the membrane reactor, the methane conver-
sion reaches a constant value with the increase of the permeation
area above 3 × 10−4 m2 when low sweep gas flow rates are applied,
indicating that the limiting step is the hydrogen partial pressure
in the permeate side (Figs. 10 and 11). By increasing the CO2/CH4
ratio, the permeated ultra pure hydrogen flow is higher than the H2
produced in a conventional reactor for high sweep gas flow rates.

The effect of reactor configuration and of operating variables
can be used to study a wide variety of catalytic reacting systems in
membrane reactors built with hydrogen selective membranes.
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