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a b s t r a c t

The aim of this paper is to present a coupling model for calculating both the hydrodynamic and anaer-
obic digestion processes in expanded granular sludge bed (EGSB) bioreactors for treating wastewaters.
The bioreactor is modeled as a dynamic (gas–solid–liquid) three-phase system. An existing set of exper-
imental data of three case studies based on the start-up and operational performance of EGSB reactors is
used to adjust and validate the model. A novel parameter, the specific rate of granule rupture, is defined
for calculating the biomass transport phenomena. Values around 1 × 10−20 dm d2 g−1 are calculated for
this parameter. Bioreactor performances were analyzed through the main variable profiles such as pH,
COD, VFA and VSS concentration. A good agreement was obtained among experimental and predicted
values. It seems to indicate that the proposed EGSB model is able to reproduce the main biological and
hydrodynamic successes in the bioreactor.

© 2011 Elsevier B.V. All rights reserved.

1. Introduction

The expanded granular sludge bed (EGSB) reactor is a super
high rate technology for wastewater treatment. It was introduced
by De Man et al. [1] and has attained an increasing popularity
in the last decade [2,3]. The conception of the EGSB reactor can
be considered as an improvement of the upflow anaerobic sludge
blanket (UASB) reactor developed by Lettinga et al. [3]. In the
anaerobic digestion processes, complex organic substrates such
as proteins, lipids, and carbohydrates are hydrolyzed into soluble
amino acids, fatty acids, and sugars, followed by the fermenta-
tion to acetate, formate, hydrogen, and carbon dioxide which are
finally utilized by methanogenic microorganism to form methane
[4–6].

Both EGSB and UASB are based on the ability of microorganism
to form dense aggregates by autoimmobilization. However, inside
the EGSB reactor, the higher upflow velocities, which are caused
by a high recycle rate and a high height/diameter ratio, cause the
sludge expansion through the whole reactor thus improving its
contact with the effluent and reduce the unit dead volume [7,8].
Since higher organic loading rates (up to 40 kg of chemical oxygen
demand COD m−3 d−1) can be accommodated in EGSB, the gas pro-
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duction is also higher, improving even more the mixing inside the
reactor.

The exact mixing pattern cannot be generalized, and it must be
evaluated in each reactor by assessing the reactor hydrodynam-
ics [9]. However, a fully expanded EGSB reactor can be considered
as a completely mixed tank [10,11], and liquid film mass transfer
resistance seems to be negligible [12]. The knowledge of the bed
expansion plays an important role in the design and operation of
an EGSB reactor, because it is the key point to reach a compromise
between bed expansion and sludge washout, and the stability and
performance of the EGSB system would be sensitive to the degree
of expansion [13].

Some ideas from solid dynamics in a three-phase fluidized
bed reactor can be used to describe the multiple solid–liquid–gas
interactions that take place in EGSB reactors. In previous works,
a heterogeneous model for three-phase anaerobic fluidized bed
(AFB) reactors was developed and validated [14–16]. The aim
of this work is to apply this methodology for modeling EGSB
reactors. Thus, a heterogeneous model for EGSB bioreactors is pre-
sented here. This modeling approach combines the dynamics of
the three phases present in the reactor including biochemical,
physico-chemical and hydrodynamic processes. Several details of
reactor design, sludge and wastewater characteristics, and opera-
tional conditions are required for model adjustment and validation.
Almost all works published describe better the biochemical perfor-
mance of EGSB reactors than their hydrodynamics. Due to the lack
of information on some parameters that can be measured and are

0255-2701/$ – see front matter © 2011 Elsevier B.V. All rights reserved.
doi:10.1016/j.cep.2011.01.005



Author's personal copy

M. Fuentes et al. / Chemical Engineering and Processing 50 (2011) 316–324 317

not reported, the authors should solve the initialization problem
via simulation, i.e. a sensitivity analysis of model results related to
these parameters is required.

The paper is organized as follows: in Section 2, main mathe-
matical equations of the global model are presented, and some
hypotheses related to the bioparticle model and hydrodynamics are
discussed. Computational aspects of model implementation and
solution using gPROMS are described in Section 3. Model adjust-
ment and validation using an existing set of experimental data of
case studies based on the start-up and operational performance
of EGSB reactors is presented in Section 4. Finally, conclusions are
drawn in Section 5.

2. Mathematical model

As mentioned, the EGSB is modeled as a three-phase
gas–solid–liquid system. The solid phase consists of bioparticles
(granules) composed by active and non-active biomass. The liquid
phase is composed by the chemical species in solution (substrates,
products, enzymes, ions, and water) and (active and non-active)
single suspended cells, which are assumed to behave as solutes.
The gas phase is formed by the gaseous products from degradation
stages.

The global EGSB model results analogous to the AFB reactor
model previously published [14–16]. The main subsystem models
are: (1) the anaerobic digestion model; (2) the bioparticle model;
and (3) the hydrodynamics model. Since the main differences
between both technologies are based on characteristics of the solid
phase and hydrodynamics, the paper is essentially oriented to dis-
cuss these aspects. Some hypotheses and the main mathematical
equations have been rewritten for better comprehension.

2.1. Anaerobic digestion model

The anaerobic digestion model involves the biochemical
(growth-uptake, death, hydrolysis and disaggregating) and
physico-chemical (system charge balance for calculating pH,
gas–liquid mass transfer) processes which take place in the
bioreactor. All terms related with mass transfer processes,
model parameters and constants have been previously described

[9,14–16]. However, the main rate expressions

⎛⎝∑
j

Rj
ik +
∑

j

T j
ik

⎞⎠
are summarized in Table A.1 of Appendix A.

A novel aspect in the EGSB model is related to modeling the dis-
aggregation of single suspended cells from biomass granules. For
modeling the disintegration of aggregates, some physical aspects
related to the structure and compactness of granules need to
be considered. Hydrodynamics affects biomass processes inside a
bioreactor. These effects are more pronounced in fluidized beds
than in granular sludge bed reactors, attending to the operational
fluid velocity ranges [7,17].

Tiwari et al. [18] studied the influence of some factors such as
temperature, alkalinity, nature and strength of substrate, and cation
concentration on granule formation in sludge bed reactors. They
concluded that: (1) a careful temperature control and an adequate
alkalinity is required for generation and maintenance of granules;
(2) the nature and strength of substrate in conjunction with intra-
granular diffusion to a large extent determines the microstructure
of the granules; and (3) the divalent cations such as calcium and
iron may enhance granulation by ionic bridging and linking exo-
cellular polymers. However, their presence in excess may lead to
cementation due to precipitation leading to increased ash content
and mass transfer limitation.

In this work, the parameter specific rate of granule rupture kr

has been defined for calculating the biomass transport phenom-
ena. This parameter explains how the process of granulation is
affected by all these environmental and operational conditions, and
differs of the specific rate of biomass hydrolysis, which is related
to the enzyme attack on non-active biomass. Since several fac-
tors are involved in the stability and formation of granule, and no
other modeling approach has been published, the rate of granule
(disaggregating) rupture is modeled as a first-order function on
the energy dissipation parameter ω (which is an upflow velocity

function, ω = Uo( − ∂ p/∂ z), ∂p/∂z = −g
∑

k

εk�k), and mass concen-

tration of each microbial species present in the biomass aggregates
(see Table A.1):

rri
= εSkrωXS

i (1)

Parameter kr has been assumed the same for all biological species.
A sensitivity analysis of model results related to this parameter is
presented in Section 4.

2.2. Bioparticle model

Generally, the granule composition has been described from
the ash content, moisture and (active and non-active) biomass
fraction. These parameters can vary during the granule formation,
and thus, the dry density of granules varies. As a first modeling
approach, homogeneous biomass distribution on granules, con-
stant wet biomass density and spherical geometry are assumed.
No mass transfer limitations in the granule and the liquid bulk are
assumed. The substrate concentration has the same value through-
out the bioparticle.

For making the model workable, a simplifying assumption on
granule diameter dbp is considered. A simple relationship deal-
ing with the net biomass growth-decay-hydrolysis-disaggregating
rate is used to calculate the “average” granule diameter as a time
function [19]:

d
dbp

dt
= 2

�d2
bp

d
Vbp

dt
= 2

�d2
bp

V

⎛⎝∑
i,j

Rj
iS +
∑

i,j

T j
iS

⎞⎠
Nbp�s(1 − ACbp/100)(1 − MCbp/100)

(2)

The number of bioparticles Nbp in the control volume (V) can be
expressed by dividing the total sludge volume (VS) by the average
volume of one aggregate (Vbp):

Nbp = VS

Vbp
= VεSXS

T
�S(1 − ACbp/100)(1 − MCbp/100)

6

�d3
bp

(3)

Substituting Eq. (3) into Eq. (2), time variation of granule diameter
can be calculated as:

d
dbp

dt
= dbp

3

⎛⎝∑
i,j

Rj
iS +
∑

i,j

T j
iS

⎞⎠
εSXS

T

(4)

where XS
T is the total concentration of biological species in the solid

phase

(∑
i

(XS
i a + XS

i na)

)
.

2.3. Hydrodynamics model

Characteristics of phase mixture and flow patterns are
expressed by the hydrodynamic model. Since the EGSB is assumed
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Table 1
Details of experimental studies used in the adjustment and validation of the model.

Parameter (dimension)/case studya R1 R2 R3

Reactor design
Working reactor volume (dm3) 1.3 157.5 0.48
Inner diameter (dm) 0.53 2 0.418
Height of the water level (dm) 6.2 50 3.53

Sludge characteristics
Biomass concent. (Gvss dm−3) 43.4 4.6 117
Initial load (dm3) 0.23 nd 0.09
Ash content (%) 19 nd nd
Moisture content (%) 94.8 nd nd
Granule mean diameter (102 dm) 2.3 ± 0.2 nd (2.3) 1.6
Granule density (g dm−3) 1026 nd (1026) nd (1026)

Steps (disturbances) I II III I II III I
Time horizon/step (d) 28 30 20 113 92 124 nd

Wastewater characteristics
Influent TCOD (mg dm−3) 444 ± 51 444 ± 51 444 ± 51 126 ± 53 180 ± 0.150 156 ± 48 1280
Influent SCOD (mg dm−3) nd, 26 ± 2 as SHAc nd nd 56 ± 22 79 ± 31 55 ± 19 1280
Influent VSS (mg dm−3) 75 ± 36 75 ± 36 75 ± 36 42 ± 27 54 ± 29 63 ± 30 0
Influent pH 8.9 ± 0.4 8.9 ± 0.4 8.9 ± 0.4 6.9 ± 0.1 6.7 ± 0.2 6.9 ± 0.2 7
Substrate composition (%COD)b XCH–XP–XLi–SHAc: 39–44–11–6 XL–XCH–XP–SHAc: 29–9–11–51 SHAc: 100

Operational characteristics
Temperature (◦C) 30 ± 2.0 30 ± 2.0 30 ± 2.0 29.7 ± 1.7 30.3 ± 2.0 32 ± 1.9 24
HRT (d) 0.33 0.25 0.17 0.17 0.17 0.17 0.07
OLR (gCOD dm−3 d−1) 1.33 1.78 2.66 0.64 0.92 0.80 18.29
Biomass concent. (gVSS dm−3) 10.00 10.06 10.43 6.4 9.2 8.0 19

Hydrodynamic characteristics
Static bed height (dm) nd (2.48) nd (12.06) 0.66
Bed porosity (dm3 dm−3) nd (0.4) nd (0.4) 0.4
Influent flow rate (dm3 d−1) 3.89 5.21 7.78 945 945 945 6.85
Liquid upflow velocity (dm d−1) 2568 1968 2353 300 600 900 4800
Recycle flow rate (dm3 d−1) 563 429 511 0 945 1890 652

a R1-Veronez et al. [28], R2-Kato et al. [29], R3-Brito and Melo [12]. The assumed values are written between parentheses.
b See section nomenclature for notation.

to behave as a continuous stirred tank reactor due to the effects
of the high recirculation rate, a completely mixed flow pattern is
considered.

In EGSB reactors, the bed expansion is closely related to the
settling characteristics of the sludge. Almost all works published
suggest that the mean settling velocity of the granules is in accor-
dance with Stoke’s law because the settling process is in the laminar
flow range [20–22], whilst others suggest that it is in accordance
with the Allen formula because the settling process falls within the
intermediate flow range [23]. However, the settling characteristics
of the granules have scarcely been discussed theoretically by the
above workers.

Liu et al. [11] proposed the Eq. (5) for calculating the EGS bed
height assuming that the settling process of the granules is in the
category of intermediate flow regime. The authors used the well
known Richardson and Zaki [24] correlations to calculate the bed
expansion, the expansion coefficient (n) and the terminal settling
velocity (Ut). This approach is in accordance with the mathematical
statement of the generalized bubble and wake model (GBWM [25])
selected here to describe the three-phase system. GBWM equa-
tions for calculating fluidization characteristics (phase holdup and
superficial velocity) are summarized in Table B.1 of Appendix B.

From the definition of bed expansion, using the flow equation,
and making mathematical transformations, the bed height can be
calculated as [11]:

H = H0

(
1 + e(ln U0/Ut)/n − ε0

1 − e(ln U0/Ut)/n

)
(5)

Since parameters Ut and n are functions of biomass concentration
(see Table B.1), the bed height is also a biomass function. Properties
Ho and εo are calculated at the static bed condition.

Biochemical processes are assumed to occur only in the
expanded granular sludge zone. As the bed height is a time func-
tion, the control volume assumed to compute the differential and
algebraic equation (DAE) system varies. Mass balance equations

for phase components are described in Table B.1 of Appendix
B.

3. Computational aspects

The mathematical model was implemented and solved using the
process modeling software tool gPROMS (Process Systems Enter-
prise Ltd.). A “high-index” DAE system (index > 1) was verified
[26,27]. Low steady state concentration values are considered as
initial values for the biological and chemical species. In all case
studies, 68% of total non-active biomass, 6% for active acidogens
(XGL, XAA) and methanogens (XAc), and 2.8% for the other active
species are assumed. The total CPU time required to solve case stud-
ies described in the following section is about 7 s on an 800 MHz
Pentium IV PC.

4. Results and discussion

4.1. Case studies

An existing set of experimental data obtained by Veronez et al.
[28], Kato et al. [29] and Brito and Melo [12], based on the start-
up and operational performance of EGSB reactors, is used here to
adjust and validate the proposed model. By simplicity, the case
studies have been named as R1, R2 and R3, respectively. Details
of reactor design, sludge and wastewater characteristics, and oper-
ational conditions are summarized in Table 1.

4.2. Model adjustment

There are two types of parameters that have to be calculated
for model adjustment: (1) parameters that can be measured and
are not reported in the original sources; and (2) empirical parame-
ters related to kinetics and biomass transport in EGSB reactors. As
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Table 2
Experimental and predicted values of the effluent stream for R1 [28].

Step pH Total COD (mg dm−3) Soluble COD (mg dm−3) VFA (mgHAc dm−3) VSS (mg dm−3)

Exp. Mod. Exp. Mod. Exp. Mod. Exp. Mod. Exp. Mod.

I 7.0 ± 0.1 6.89 119 ± 15 117 98 ± 16 93 16 ± 2 19 19 ± 6 19
II 6.9 ± 0.2 6.91 143 ± 25 136 106 ± 10 103 16 ± 1 25 35 ± 9 29
III 7.7 ± 0.1 7.75 181 ± 40 190 130 ± 25 112 23 ± 1 29 32 ± 9 69

Table 3
Experimental and predicted values of the effluent stream for R2 [29].

Step pH Total COD (mg dm−3) Soluble COD (mg dm−3) VFA (mgHAc dm−3) VSS (mg dm−3)

Exp. Mod. Exp. Mod. Exp. Mod. Exp. Mod. Exp. Mod.

I nd 6.90 68 ± 29 67 42 ± 21 36 nd 19 13 ± 8 22
II nd 6.73 87 ± 21 84 55 ± 22 44 nd 21 8 ± 3 29
III nd 6.87 79 ± 26 86 44 ± 15 44 nd 20 24 ± 17 30

mentioned, the lack of information on granule characteristics and
static bed conditions requires a sensitivity analysis of model results
to calculate these parameters and make the model workable. The
values finally assumed are written between parentheses in Table 1.
Some aspects on the influence of these parameters are discussed at
the end of Section 4.3.

Here the interest is focused in calculating the empirical param-
eters. Only the novel parameter specific rate of granule rupture
(kr) is estimated via simulation, and no other biochemical and
physico-chemical parameters are modified. The procedure con-
sists in an iterative calculation of model variables changing the kr

value.
Arbitrarily, the first case study (R1) was selected to adjust the

model. Bioreactor R1 was used for treating a synthetic wastewater
with a mean COD concentration of 444 mg dm−3, basically com-
posed by carbohydrates (sucrose, starch and cellulose), proteins
(meat extract) and lipids (soy oil) [28]. A commercial detergent
was used to emulsify the lipid. The experimental setup consisted
in three stepped disturbances in the organic loading rate (OLR)
by increasing the feed flow rate, keeping the same influent COD
concentration (Table 1).

Fig. 1 shows the sensitivity analysis of model results
related to kr for R1. An initial value of 1 × 10−22 dm d2 g−1

(krg = 7.3 × 10−11 dm2 g−1, see Eq. (1)) was used, and values up to
200 kr were evaluated. An increase in the parameter kr causes
a decrease in the granule mean diameter and solid holdup; the

Fig. 1. Sensitivity analysis of model results related to the specific rate of granule
rupture (kr).
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Fig. 2. R1 simulation results: (a) TCOD, SCOD and VSS concentration values; (b)
VFA (as acetate) concentration, biogas flow rate and pH; and (c) bed height, liquid
holdup, liquid upflow velocity and granule diameter.
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Fig. 3. R2 simulation results: (a) TCOD, SCOD and VSS concentration values; (b)
VFA (as acetate) concentration, biogas flow rate and pH; and (c) bed height, liquid
holdup, liquid upflow velocity and granule diameter.

terminal settling velocity decreases and thus, an increase in the
height of reactor is verified. In practice, the total COD concentration
in the effluent stream increases due to a higher concentra-
tion of single suspended cells, and small granules can leave the
bioreactor.

As observed in Fig. 1, a good agreement between experimen-
tal and predicted values of total COD at steady state conditions is
obtained for a value around 100 kr (1 × 10−20 dm d2 g−1). Model
responses for the COD concentration and other main macroscopic
variables such as volatile suspended solids (VSS), volatile fatty acids
(VFA, as acetate), biogas flow rate and pH, are depicted in Fig. 2. The
vertical dotted lines indicate the time duration of each step-type
disturbances.

Table 2 shows a comparison between experimental and pre-
dicted values measured at the end of each step-type disturbance. A
height of 2.48 dm (40% of the maximum height) and bed porosity
equal to 0.4 were assumed for calculating the static bed condition.
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Fig. 4. R3 simulation results: (a) TCOD concentration for different initial conditions;
and (b) biogas flow rate, pH, bed height, liquid holdup and granule diameter.

4.3. Model validation

Case studies R2 an R3 are used for model validation. Simulation
results are depicted in Figs. 3 and 4, respectively. Tables 3 and 4
show a comparison between predicted and experimental data for
each case. As mentioned, the simulated values were measured at
the end of each step-type disturbance. Model parameters were not
modified, i.e. they are the same as used in case R1.

R2 experience was carried out in a pilot EGSB reactor fed with
the effluent from a full-scale UASB treating municipal wastewater
[29]. The bioreactor was monitored in three different periods by
varying the upflow velocity according to Table 1. Values of 30, 30,
0, and 40%VSS were assumed to model carbohydrate, protein, lipid
and suspended biomass composition in the influent stream, respec-
tively. Soluble COD was measured as acetic acid concentration.

During the first step-type disturbance, bioreactor R2 operated
with a UASB configuration (recirculation flow equal to zero). Sim-
ulation values resulted also appropriate for this stage (Fig. 3),
although a completely mixed flow pattern was considered. How-
ever, the authors do not recommend using this model for UASB
units.

The original research in the case study R3 was focused on
the feasibility of EGSB reactors for the treatment of low strength
soluble wastewaters; acetic acid was used as substrate. Authors
[12] conducted a study of the substrate concentration profile in
the bioreactor and concluded that the EGSB mixing properties
approach those of an ideal continuous stirred tank reactor. Fig. 1
in the original source [12] shows that the acetic acid concentration
at the reactor inlet is 770 mg dm−3 and immediately falls down to
70 mg dm−3 at the reactor dimensionless length equal to 0.01.

In Section 3 are described the initial conditions assumed to cal-
culate the biomass composition in the granule. Same values were
assumed for all case studies; however, the total biomass concen-
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Table 4
Experimental and predicted values of the effluent stream for R3 [12].

Step pH Total COD (mg dm−3) Soluble COD (mg dm−3) VFA (mgHAc dm−3) VSS (mg dm−3)

Exp. Mod. Exp. Mod. Exp. Mod. Exp. Mod. Exp. Mod.

I 7.0 ± 0.2 7.09 nd 87 nd 74 70 70 nd 14

Table A.1
Homogeneous reaction rates (R) and mass transfer and transport process rates (T) for phase componentsa.

�ik
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ik
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T j
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a See Appendix C for notation.

tration and substrate composition vary. It explains the decrease in
the granule mean diameter at the beginning of the reactor start-
up. The concentration of some biological species decreases when
the substrate composition results insufficient, and the net biomass
growth-decay-hydrolysis-disaggregating rate is negative. At the
same time, when the substrate is rich in a specific metabolite and
the initial concentration of the degrader species increases, the con-
sumption (uptake) rate increases although steady state conditions
are reached at the same time (Fig. 4).

Although the original sources are not oriented to analyze
the hydrodynamic performance of EGSB bioreactors, the main
hydrodynamic variables for R1, R2 and R3, have been added in
Figs. 2(c), 3(c) and 4(b), respectively. Since the gas holdup in

anaerobic reactors is less than 0.03, changes in the bed porosity
can be examined from the liquid holdup (εL) variations. Sudden
changes in the liquid upflow velocity (Uo) cause variations in the
liquid holdup and thus, in the bed height profile. As observed,
these events are more marked than those caused by biological
processes.

As an example, the case study R3 is selected to show a sensitiv-
ity analysis of model results related to some parameters that were
assumed to carry out the simulation. Fig. 5 shows the bioreactor
performance for different initial values of bed height (Ho) keep-
ing the same initial biomass concentration. For a value equivalent
to 2Ho, a double amount of biomass is present in the reactor, and
the COD removal rate increases during the first days. Contrarily, for

Table A.2
Variables (i) and processes (j) taken into account in the anaerobic digestion modela.

Variable Description i Processes j

XCH Carbohydrate 11 Carbohydrate hydrolysis 1
XP Protein 12 Protein hydrolysis 2
XLi Lipid 13 Lipid hydrolysis/glycerol uptake 3
XI–CH Inert carbohydrate 14 Glucose uptake 4
XI–P Inert protein 15 Amino acid uptake 5
SGl Glucose 1 LCFA uptake 6
SAA Amino acid 2 Valerate uptake 7
SLCFA LCFA 3 Butyrate uptake 8
SHVa Valerate 4 Propionate uptake 9
SHBu Butyrate 5 Acetate uptake 10
SHPr Propionate 6 XGlic decay 11
SHAc Acetate 7 XGL decay 12
SCH4 Methane 8 XAA decay 13
SIC Inorganic carbon 9 XLCFA decay 14
SIN Inorganic nitrogen 10 XVa decay 15
Xbio Biomass 16–23 XBu decay 16
ECH Enzymes in process j = 1 24 XPr decay 17
EP Enzymes in process j = 2 25 XAc decay 18

CH4 mass transfer T8
CO2 mass transfer T9

a Mass balances are expressed in grams of chemical oxygen demand per liter per day (g COD L−1 d−1), except for inorganic carbon and nitrogen (mol L−1 d−1), gas phase
components (atm L−1 d−1) and enzymes (AU L−1 d−1). Enzymatic activity is measured in Anson Unit (AU).
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Fig. 5. Sensitivity analysis of model results related to the initial value of bed height
(Ho) for R3.

initial values less than Ho, the bioreactor efficiency decreases. How-
ever, the time to reach the steady state conditions and the effluent
COD values are the same for all cases.

At less bed height, the OLR increases for the same feed flow
rate, and a high biomass concentration is obtained in the reactor.
In Fig. 5, higher values of solid holdup and granule mean diameter
are observed for this condition.

In general, the granular diameter ranges between 0.5 and 5 mm,
but the mean diameter of sludge granules in full-scale installations
typically ranges between 1 and 3 mm. On the other hand, larger
sludge granules have low density whose values range between
1000 and 1050 g dm−3 [11]. The effects of granule mean diameter
are depicted in Fig. 6; the same sludge density and initial biomass
concentration are considered.

Experimental data on hydrodynamic behavior of EGSB reactors
attending to settling characteristics of granules is scarcely. Bioparti-
cles with less mean diameter are assumed to be fluidized in higher
extension having a less terminal settling velocity. Thus, a higher
bed expansion is predicted for granules of 1.6 mm when compared
with granules of 2.3 mm (Fig. 6). The solid holdup, bed height and
biomass concentration varies so that the total biomass results the
same in both cases and a similar profile is obtained for total COD
values. The risk of working with small bioparticles is the biomass
washout when high upflow velocities are applied for bed expan-
sion.

Fig. 6. Sensitivity analysis of model results related to the initial value of granule
mean diameter (dbp) for R3.

5. Conclusions

A dynamic model was proposed and adjusted to simultaneously
compute the dynamics of the phases and their components in an
expanded sludge bed reactor. Three case studies were investigated;
bioreactor performances were analyzed through the main variable
profiles such as pH, COD, VFA and VSS concentration. Since the
information on sludge characteristics and static bed condition is
incomplete, some values had to be assumed after a sensitivity anal-
ysis. Based on the results obtained during this study, the following
conclusions can be drawn:

(1) The EGSB model can be adjusted by calculating the specific
rate of granule rupture, without modifying any other parame-
ter. A value of 1 × 10−20 dm d2 g−1 was obtained via simulation.
An increase in this parameter predicts a decrease in the COD
removal efficiency caused by a higher concentration of single
suspended cells.

(2) A sensitivity analysis of model results related to the static
bed height and bioparticle diameter, showed the interaction
between hydrodynamic events and biological performance of
the bioreactor. The former modifies the COD removal rate dur-
ing the first days of the reactor start-up but the time to reach
the steady state conditions and COD values are the same for
all cases. On the other hand, an increase in the granule diame-
ter causes a decrease in the bed expansion, although the COD
profile does not vary for the same biomass initial conditions.

(3) In general, model predictions agree satisfactorily with the
experimental observations obtained during the start-up poli-
cies of bioreactors. It seems to indicate that the EGSB model,
based on the anaerobic degradation scheme proposed by Angel-
idaki et al. and the GBW model to explain the hydrodynamic
behavior of reactor, is able to reproduce the main successes of
bioreactor.

(4) The EGSB model allows predicting profiles of non-macroscopic
variables such as substrates and biological species concentra-
tion. Thus, additional information of the investigated system
can be obtained. The model is able to resist strong numerical
disturbances to represent a “step by step” start up of the reactor.
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Appendix A.

A.1. Biochemical and physico-chemical processes

The anaerobic digestion model proposed by Angelidaki et al. [4]
is selected here to represent the degradation scheme. The model
involves two enzymatic processes: hydrolysis of (a) undissolved
carbohydrates and (b) undissolved proteins, and eight microorgan-
ism trophic groups: (1) glucose-fermenting acidogens; (2) lipolytic
bacteria-acidogenesis from glycerol combined with lipid (triglyc-
eride) hydrolysis-; (3) long-chain fatty acid (LCFA)-degrading
acetogens; (4) amino acid-degrading acidogens; (5) propionate-
; (6) butyrate-; and (7) valerate-degrading acetogens; and finally
(8) aceticlastic methanogens. This selection is sustained by pre-
vious results on model application and simplicity of the biomass
model, and hydrogen stoichiometry [30,31]. The hydrolysis model
proposed by Fuentes et al. [16] is used to represent the enzymatic
processes of biopolymers.
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Fig. A.1. Biochemical processes and interaction between aggregated and suspended biomass.

Fig. A.1 shows a schematic representation of the interac-
tion between aggregated and suspended biomass involving the
growth-uptake, death, hydrolysis and disaggregating processes.
Mathematical relationships on reaction and mass transfer process
rates are summarized in Table A.1. Variables (i) and processes (j)
taken into account in the anaerobic digestion model are described
in Table A.2.

In Table A.1, biological species numeration (i = 16–23) has been
extended to suspended single cells and aggregated biomass of
the same (active and non-active) species i. The specific growth
and death rates are assumed to be the same for suspended and
aggregated biomass. Non-active biomass is considered as particu-
late material subjected to hydrolysis. Aspects related to the novel
parameter specific rate of granule rupture kr, were discussed in
Section 2.1.

Equilibrium in solution model involves mass balance equations
for total concentration of LCFA, volatile fatty acids (acetic, pro-
pionic, butyric and valeric), inorganic carbon, inorganic nitrogen,
phosphate, “other anions”, and “other cations”. The relationships
of the acid–base equilibrium model and temperature dependence
are taken from Batstone et al. [32].

The liquid–gas mass transfer is modeled assuming ideal gas
behavior, and constant total gas phase pressure. The mass balance
for gas phase components (methane, carbon dioxide and water
vapor) is expressed as a function of its partial pressure (Table A.1).

Water vapor pressure is calculated by an Antoine-type equation.
The gas–liquid mass transfer coefficient (kLa) varies a great deal
depending on mixing, temperature and liquid properties; for sim-
plicity and as recommended by Batstone et al. [32], the same kLa
value is used for all gases.

Biochemical rate equation matrixes, kinetic and physico-
chemical parameters are described in the original sources
[4,14–16,30–32].

Appendix B.

B.1. Generalized bubble and wake model (GBWM)

The wake concept considers the three phase expanded bed to be
composed of: (1) the gas bubble region; (2) the wake region; and (3)
the solid–liquid fluidization region. The porosity in the solid–liquid
fluidization region can be expressed by the Richardson and Zaki [24]
equation, the wake region moves at the same velocity as the bubble,
and the porosity of this region can be different as the solid–liquid
fluidization one. The simplified wake theory, i.e. the liquid wakes
are particle free, is used to calculate the liquid holdup [33]. Table B.1
summarizes the mathematical equations to calculate fluidization
characteristics.

A constant volumetric flow through the fluidized bed is
assumed, the velocity in the bed cross section is approximately

Table B.1
GBWM equations to calculate fluidization characteristics and mass balance equations for phase components.

GBW Model

Liquid phase

Holdup εL =
[

Ul
Ut

− k
Ug
Ut

]1/n
[1 − εG − kεG]1−1/n + kεG, k = 3.5ε3

L exp(−5.08εG)

Velocity Uo = Ul + Ug = εlUl + εgUg

Solid phase
Holdup εS + εL + εG = 1
Velocity US = 0

Gas phase

Holdup Ug
εG

= Ug
1−εS

+ Ul
1−εS

+ 0.1016 + 1.488
(

Ug
1−εS

)0.5

Velocity Ug = Qgout
Ac

= − dεGH
dt

+ V
Ac�G

∑
i,j

T j
iG

Parameters:

Terminal settling velocity Ut = −17.3�L+[299.29�L
2+1.344gdag

3�L(�S−�L)]
0.5

0.672dag�L

Expansion coefficient n = 4.4Re−0.1
t , 1 < Ret < 500

Phase component mass balance equations

Liquid phase Acd
εL�iLH

dt
= Qlin

�∗
iL

− Qlout �iL + V

(∑
j

Rj
iL

+
∑

j

T j
iL

)
, �∗

iL
= 1

AcUo
[Qf�iLf

+ Qr�iLz=H
], Qlin

= Qo = UoAc, Qlout = UlAc

Solid phase Acd
εS�iSH

dt
= V

(∑
j

Rj
iS

+
∑

j

T j
iS

)

Gas phase Acd
εG�iGH

dt
= −Qgout �iG + V

(∑
j

Rj
iG

+
∑

j

T j
iG

)
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equal to fluid velocity at the reactor inlet (Uo = Ul + Ug). The gen-
erated gas is assumed to be separated from the multiphase stream
at the top of the reactor column, and thus, the gas phase flow rate
at the reactor inlet is equal to zero. Since the solid is confined in the
control volume, no-flux conditions at the reactor inlet and outlet
are assumed. Mass balance equations for phase components have
been included in Table B.1.

Appendix C. Nomenclature

A area
d diameter
f biomass composition (fraction)
g gravity
H height
ICOD index (g COD mol−1)
k specific rate coefficient, GBWM parameter (Table B.1)
kLa liquid–gas mass transfer coefficient
KH Henry’s coefficient
n expansion coefficient
P, p pressure
Q flow rate
R homogeneous reaction rate
Re Reynolds number
S soluble species concentration
T mass transfer and transport process rate (interface)
V volume
U superficial velocity
X biomass concentration or non-soluble species concentra-

tion
z axial direction

Greeks
ε phase holdup (volumetric fraction), porosity

 bed expansion
� microorganism growth rate, viscosity (Table B.1)
	 process rate coefficient
	st gas molar volume
� density
ω specific energy dissipation rate
� mass or molar concentration

Subscripts
bh biomass hydrolysis
bp bioparticle (granule)
c reactor column
d biomass death
f feed
G, g gas
Hid hydrolysis
i phase component index
in inlet
j biochemical and physico-chemical process index
L, l liquid
o upflow velocity, static bed
out outlet
r recycle (flow), rupture (granule)
S solid
t terminal
T total
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