
Catalysis Today 157 (2010) 303–309
Oxidative dehydrogenation of ethane to ethylene in a membrane reactor:
A theoretical study

Marı́a L. Rodriguez a,*, Daniel E. Ardissone b, Eleni Heracleous c, Angeliki A. Lemonidou c,
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A B S T R A C T

This contribution presents a theoretical study of a multitubular packed-bed membrane reactor for the

ethane to ethylene oxidative dehydrogenation reaction over a highly active and selective Ni–Nb–O

mixed oxide catalyst. This theoretical study takes into account the radial composition and temperature

profiles using a two-dimensional pseudo-homogeneous model on the reaction side. The feasibility and

convenience of using this novel design, as well as the influence of the main operating variables on the

reactor performance, are analyzed.

The introduction of the membrane leads to lower oxygen partial pressures inside the catalyst tubes,

which results in an improved selectivity to ethylene (lower heat generation rates) and high effective heat

transfer area per unit volume. The multitubular membrane reactor enables significant ethylene

productions per tube and milder temperature profiles than a conventional wall-cooled fixed-bed reactor.

Operating conditions have to be carefully adjusted to avoid undesired oxygen accumulation inside the

tubes. The presence of small amounts of oxygen at the reactor inlet significantly improves the ethylene

production rates.

� 2010 Elsevier B.V. All rights reserved.

Contents lists available at ScienceDirect

Catalysis Today

journa l homepage: www.e lsev ier .com/ locate /cat tod
1. Introduction

Industrial production of ethylene is nowadays performed by
thermal steam cracking (pyrolysis) of naphtha or ethane. This
process is highly endothermic and requires large amounts of
energy. The most promising alternative to the conventional
process is the ethane oxidative dehydrogenation (ODH) to ethylene
in the presence of a suitable catalyst [1,2]. In the ODH process the
reactions are irreversible and exothermic; no external heating is
therefore required and no equilibrium limitations are observed.
The reactions proceed via a triangular series/parallel scheme with
the undesired complete combustions of both ethane and ethylene.
The system of reactions is represented by Eqs. (1)–(3):

C2H6 þ 1
2O2!C2H4 þH2O; DH1 ¼ �105 kJ=mol (1)

C2H6 þ 7
2O2!2CO2 þ 3H2O; DH2 ¼ �1428 kJ=mol (2)

C2H4 þ 3O2!2CO2 þ 2H2O; DH3 ¼ �1323 kJ=mol (3)
* Corresponding author. Tel.: +54 2657 424548; fax: +54 2657 430980.
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The main disadvantage of ethane ODH is that the yield of ethylene
is limited by the undesired total oxidation reactions of both ethane
and produced ethylene to carbon dioxide. Deep oxidation
generates a large amount of heat that can cause a runaway of
the reactor and even explosions. This requires careful process
control for safe plant operation. At present, ODH is not
commercialized, but very intensive research activities are being
carried out to develop an economically feasible process [1–3]. The
research strategy is therefore twofold and based on the develop-
ment of (1) highly active and selective catalysts to the desired
reaction (Eq. (1)) and (2) adequate reactor technologies for an
effective and safe plant operation [2].

ODH has been studied over a wide range of catalytic materials
[4–12]. Many of them present the required activity; however, the
majority exhibits low selectivity to the desired reaction at high
conversion levels (Eq. (1)). Recently, Heracleous and Lemonidou
[13,14] reported the development of bulk Ni–Nb–O mixed oxides
as both highly active and selective catalytic materials for the
desired reaction at low temperatures.

Multitubular reactors are commonly used in industry to carry
out this type of exothermic processes, since the control of the
reaction temperature is seen as a key factor to maintain adequate
selectivity levels [15,16]. A previous theoretical study by our
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Nomenclature

ai reaction order, hydrocarbon, reaction i (dimen-

sionless)

AT cross-sectional area of tubes (m2)

bi reaction order, oxygen, reaction i (dimensionless)

B0 geometric parameter of the membrane (m2)

cj molar concentration of component j (kmol/m3)

Cpj specific heat of component j (kJ/(kmol K))

dp equivalent diameter of the catalyst pellet (momen-

tum equation) (m)

dT internal tube diameter (m)

dS shell diameter (m)

De
i j effective molecular diffusion coefficient of compo-

nent j (m2/s)

De
j;k effective Knudsen diffusion coefficient of compo-

nent j (m2/s)

De
j Bosanquet diffusion coefficient of component j

(m2/s)

Dre Radial effective diffusion coefficient (m2/s)

Ei activation energy of reaction i (kJ/mol)

f friction factor (dimensionless)

Fj molar flow of component j (reaction side) (kmol/h)

FS
j molar flow of component j (shell side) (kmol/h)

FT total molar flowrate (kmol/h)

FS total molar flowrate, shell side (kmol/h)

Jj permeation flow of component j (kmol/(h m2))

km membrane thermal conductivity (W/m K)

kR,i pre-exponential constant, reaction i (kmol/

(s kgcat Pa(ai+bi)))

K0 geometric parameter of the membrane (m)

Mj molecular weight of component j (kg/kmol)

nT number of tubes

NC number of components

NCP number of components permeated through the

membrane

NR number of reactions

L tube length (m)

pj partial pressure of component j (tube side) (Pa)

P total pressure (reaction side) (Pa)

PS total pressure (shell side) (Pa)

Pm average pressure (Pa)

r radial coordinate (m)

ri reaction rate, reaction i (kmolCH/(kgcat s)) where

HC55C2H6 (reactions (1) and (2)) and HC55C2H4

(reaction (3))

R universal gas constant (kg m2/(kmol s2 K))

SG global selectivity (dimensionless)

SI instantaneous selectivity (dimensionless)

T temperature (reaction side) (K)

Tm average temperature (K)

TR reference temperature (K)

TS temperature (shell side) (K)

U overall heat transfer coefficient (kJ/(h m2 K))

uS superficial velocity (m3
f =ðm2

r sÞ)
yj molar fraction (molj/moltotal)

z axial coordinate (m)

Greek Letters

a heat transfer coefficient (kJ/(h m2 K))

d membrane thickness (m)

DHri heat of reaction of reaction i (kJ/mol)

DPT-M pressure drop across the membrane (atm)

Drg difference between gas density values correspond-

ing to two adjacent axial positions (kg=m3
f )

Dz difference between two adjacent axial positions

(m)

lre radial effective conductivity (kJ/(h m K))

rg gas density (kg=m3
f )

rB bed density (kgcat=m3)

mj viscosity of component j (Pa s)

Subscripts and superscripts

i reaction i

j component j

k component k

0 at the axial coordinate z = 0

L at the axial coordinate z = L

S shell side

T tube side

C2H6 ethane

C2H4 ethylene

CO2 carbon dioxide

H2O water

O2 oxygen
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investigation group [16] of a multitubular fixed-bed reactor for the
ODH of ethane over the Ni–Nb–O catalyst demonstrated that such
reactor configuration is feasible, provided that high heat transfer
area per unit volume and low oxygen concentrations along the
tube are maintained. A two-bed multitubular reactor with
intermediate air injection proved to be superior to a single-bed
design, yielding higher ethylene production rates due to increased
ethylene selectivity.

An attractive alternative to these fixed-bed reactors is the use of
a membrane reactor to axially distribute the oxygen in the reaction
medium (see Fig. 1). As reported by Heracleous and Lemonidou
[13,14], lower oxygen partial pressures increase the ethylene
selectivity and yield and decrease the generated heat.

The advantages of the application of membrane reactors on
oxidative dehydrogenation have been largely demonstrated at
laboratory scale for ethane [17–19], propane [20,21] and butane
[22,23]. The interest and progress in this field within the last two
decades is very well reflected in extensive literature reviews that
have been published in recent years [24–30]. It is common
consensus in literature that the use of membrane reactors in
selective oxidation reactions outperforms the conventional fixed-
bed reactors in both olefin yield and selectivity at low feed ratios.
The oxygen distribution also allows better heat management,
which leads to lower local reaction rates and, consequently, lower
rates of heat generation [17,18,31]. Furthermore, in the case of
flammable mixtures, as in this case, the oxygen distribution
through the membrane prevents the local generation of dangerous
concentrations and allows an operation under normally prohibi-
tive reaction mixture concentrations, reducing the formation of hot
spots and flames [18,26,31,32].

An inorganic porous membrane is proposed in the present work
to axially distribute the required oxygen. The inert membrane
tubes are assumed to be filled with catalyst particles, and oxygen is
dosed from the shell side through the membrane into the tubes, as
shown in Fig. 1. This inorganic membrane allows higher



Fig. 1. Scheme of the ethane ODH membrane reactor.

Table 1
Geometrical parameters and operating conditions.

L 4 m

dT 2.66 cm

dS 3.93 m

nT 12000

P0 5 atm

PS 5.15–5.45 atm

F0,T 4400 kmol/h

Catalyst type Hollow cylinders

dp 0.0045 m

rB 200 kg/m3

F0,S 3000 kmol/h

T0 370 8C, 400 8C, 430 8C
TS0 25 8C
y0;O2

0–0.01

y0;C2H6
0.99-1

Table 2
Parameters of the membrane [19,20].

K0 (�1010 m) 23.1

B0 (�1017 m2) 11.5

d (m) 0.00175

k (W/m K) (at T = 300 8C) 16.06
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permeation fluxes than those of dense membranes [17,23,31],
which is desirable to favor the reaction ignition. The use of dense
oxide membranes to feed O2 to partial oxidation reactions is
limited by the need of high temperatures to obtain reasonable
permeation rates [27,28,33]. Moreover, dense membranes show
limited thermal and chemical stability upon aging [18,26,27,33].
Several modeling studies of membrane reactors with oxygen
distribution for oxidative dehydrogenation [22,31,34–37] includ-
ing our previous theoretical study for oxidative dehydrogenation
of ethane [38] have reported the advantages of this reactor
configuration.

Most of these studies consider that the radial concentration and
temperature profiles are flat. This approach is probably correct for
most laboratory-scale reactors, where the diameters of the bed are
small (only a few millimeters); however, in the case of a
commercial-scale reactor, it is necessary to consider the effects
of mass and heat transfer in the radial direction. The use of a 2D
model is expected to result in more precise estimations of the
performance of large-scale membrane reactors.

In this work, the theoretical study of ethane ODH over a Ni–Nb–
O mixed oxide catalyst is further investigated by analyzing the
feasibility and convenience of using a novel membrane reactor
design by means of a 2D pseudo-homogeneous model. To our
knowledge, this is the first time that the use of a 2D model of a
membrane reactor for ODH of ethane is reported. The influence of
the main operating variables on the reactor performance is also
addressed.

2. Mathematical model

A two-dimensional, pseudo-homogeneous, steady-state model
has been used to represent ethane ODH in a multitubular packed-
bed membrane reactor. Considering the use of high total flowrates
through the packed-bed, axial mass and energy dispersions and
external transport limitations were assumed to be negligible.
Internal mass- and energy-transport limitations were also
neglected because a thin washcoat over the catalyst particles
(egg-shell type) was chosen [16,38].

The reactor shell was assumed to be properly isolated with
negligible heat losses to the environment. Ergun’s friction factor
was employed to predict the pressure drop inside the tubes [39],
while isobaric conditions were selected for the O2 flowing on the
shell side.

The catalyst particles were assumed to be hollow cylinders
(Raschig-ring type) of 6 mm � 6 mm � 2 mm in order to diminish
the pressure drop along the reactor length. A bed void fraction of
0.48 was considered in the simulations, in agreement with
literature [40]. The washcoat covering the hollow cylinders, where
the active components were impregnated, was assumed to have a
mean thickness of 177 mm. The use of washcoated particles
resulted in a low bed density of rB = 200 kgcat/m

3, which favored
the moderation of the heat generation rate per unit volume and,
consequently, achieved milder operating conditions.
The overall heat transfer coefficient (U) was evaluated as
resistances in series on the tube and shell sides. The corresponding
heat transfer coefficients (aT and aS) were calculated from the data
fitted by Yagi and Kunii [41] and the Delaware method [42],
respectively. The global selectivity (SG) was calculated as the ratio
between the amount of ethylene produced and the amount of ethane
consumed, from the reactor inlet to the desired axial coordinate.

To avoid the multiplicity of steady states inherent in counter-
current operation, a cocurrent flow configuration between the
process gas and the oxygen in the shell was selected. The cocurrent
scheme also lowers the hot spots, which leads to longer catalyst life
and reduces the parametric sensitivity, which ensures safe operating
conditions [43]. The reactor was assumed to be cooled both by
convective heat exchange between reactants and coolant and by
cold-shot of oxygen permeated through the membrane.

The radial effective diffusion coefficient (Dre) was adopted from
Froment and Bischoff [39], and the radial effective conductivity
(lre) was calculated following the guidelines suggested by Zehner
and Schlünder [44]. The geometrical parameters of the reactor and
catalyst as well as the main operating conditions are reported in
Table 1. Table 2 compiles geometrical parameters [45] and thermal
conductivity [46] of the inert ceramic membrane selected here.

Reaction side (catalyst tubes):

Total mass balance

@ usrð Þ
@z

¼ 4

dT
JO2

MO2
(4)

Component mass balances

@ usc j

� �
@z

¼ Dre
@2

c j

@r2
þ 1

r

@c j

@r

 !
þ r j (5)

with j ¼ C2H6 ð1Þ;C2H4 ð2Þ;O2 ð3Þ;H2O ð4Þ;CO2 ð5Þ
where the permeation flux is quantified by the following

expression [47]:

J j ¼ �
1

RTm

De
j

d
ðp j � p j;SÞ þ

B0

dm j

p j;SðP � PSÞ
" #

j ¼ O2 (6)

De
j ¼

1

De
i j

þ 1

De
j;k

 !�1

(7)



Fig. 2. Axial temperature profiles for T0 = 370, 400 and 430 8C. Solid lines: radial

mean temperature of the reaction side. Dashed lines: shell side temperature.

T0,S = 25 8C; y0;O2
¼ 0:01; DPT-M = 0.45 atm.
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De
j;k ¼ K0

ffiffiffiffiffiffiffiffiffiffi
8RT

pM j

s
(8)

Energy balance

@T

@z
¼ 1

uS

1PNC
j¼1 c j C p j

XNR

i¼1

rið�DHiÞ þ lre
@2

T

@r2
þ 1

r

@T

@r

 !" #
(9)

Momentum equation

dP

dz
¼ �

f rg u2
S

d p
(10)

Shell side:

Mass balance

dFS
j

dz
¼ �J jp dTnT; j ¼ O2 ð3Þ (11)

Energy balance

dTS

dz
¼ Up dTnTðT � TSÞ

F jC p j
; j ¼ O2 ð3Þ (12)

Boundary conditions
� At z = 0, 8 r (inlet condition):

c j ¼ c j0; T ¼ T0; P ¼ P0; TS ¼ T0S; PS ¼ P0S (13)

� At r = 0, 8 z (symmetry condition):

@c j

@z
¼ 0; for j ¼ C2H6 ð1Þ;C2H4ð2Þ;O2 ð3Þ;H2O ð4Þ;CO2 ð5Þ

(14)

@T

@z
¼ 0 (15)

� At r = R, 8 z (membrane wall condition):

@c j

@z
¼ 0 for j ¼ C2H6 ð1Þ;C2H4 ð2Þ;H2O ð4Þ;CO2 ð5Þ (16)

@c j

@z
¼

J j

Dre
for j ¼ O2 ð3Þ (17)

@T

@r
¼
ðU þ JO2

C pO2
Þ

lre
ðTS � TÞ (18)

Kinetic model equation:
The power-law kinetic model proposed by Heracleous and

Lemonidou [14] for reactions (1)–(3) over a Ni0.85Nb0.15O catalyst
was used for the simulations:

ri ¼ kR;i exp � Ei

R

1

T
� 1

TR

� �� �
pai

HCi
pbi

O2
(19)

3. Results and discussion

3.1. Influence of the inlet temperature on the tube side (T0)

Fig. 2 shows the axial temperature profiles on the tube and shell
sides, for three different feed temperatures. The solid curves
represent the radial mean temperature on the tube side, along the
reactor length. The inlet temperature on the shell side is kept
constant at 25 8C. A small amount of O2 is fed at the reactor inlet
(y0;O2

¼ 0:01) and the main O2 feed is permeated through the
membrane. A constant trans-membrane pressure drop of 0.45 atm
is selected. At the lowest feed temperature (T0 = 370 8C), the heat
transfer rate to the shell side is higher than the heat generation rate
and so the process stream is initially overcooled. After reaching a
minimum, the temperature shows a continuous and smooth
increase up to the reactor outlet. Beyond 1.5 m, the temperature
profiles on both reactor sides (T and TS) practically overlap. The
behavior for T0 = 400 8C is similar and the average thermal level of
the reactor is around 25 8C over that of T0 = 370 8C. For the highest
feed temperature (T0 = 430 8C), the reactor temperature is still
under control, though a small hot spot appears near the reactor
inlet. This maximum is associated both with the high feed
temperature and the initial oxygen content (1%), which lead to
high heat generation rates.

Fig. 3 shows the radial mean O2 molar fraction for the same
conditions as Fig. 2. As shown, the O2 content inside the catalyst
tubes drops from its initial value (y0;O2

¼ 0:01) to nearly zero. This
sharp drop in the O2 concentration is more pronounced at higher
inlet temperatures due to the higher reaction rates. Once the
oxygen content reaches low enough values, the O2 permeation rate
through the membrane tubes is nearly balanced with the O2

consumption rate by chemical reaction. Consequently, the ethyl-
ene production rate is controlled by the O2 permeation rate. This
phenomenon can be seen in Fig. 3, where an almost linear increase
of the ethylene productivity per tube is observed for z > 1.5 m. The
similar ethylene production rates for the three T0 values reveals
that the O2 permeation rate is not strongly affected by tempera-
ture. The low O2 concentrations along the tube enable high outlet
selectivity to ethylene (95–97%) as the reaction order of the desired
reaction (Eq. (1)) is lower than those of the combustion reactions
(Eqs. (2) and (3)) [10]. This outstanding selectivity level also helps
to control the reactor temperature (Fig. 2), due to the reduced
extents of the highly exothermic combustion reactions.

3.2. Influence of the oxygen feed content (y0;O2
)

Two different oxygen feed distributions are compared in this
section. Fig. 4 shows the temperature evolution inside the
reactor for y0;O2

¼ 0 (no oxygen in the reactor inlet) and y0;O2
¼

0:01 (feed composition: 99% C2H6, 1% O2). The temperature
profiles are similar for both feeds, showing a minimum in the
first tube zone followed by a smooth increase. The temperature
level for the case y0;O2

¼ 0:01 is around 30 8C higher than that for
y0;O2

¼ 0 due to the higher total amount of heat being generated
by the exothermic reactions. The additional amount of O2 fed to
the reactor mouth contributes to increased ethylene production



Fig. 3. Oxygen molar fraction along the reactor length (radial mean values), for the

conditions of Fig. 2. Right ordinate axis: ethylene flowrate per tube.

Fig. 4. Axial temperature profiles for y0;O2
¼ 0 and 0.01. Solid lines: radial mean

temperature of the reaction side. Dashed lines: shell side temperature. Right

ordinate axis: ethylene flowrate per tube. T0 = 370 8C; T0,S = 25 8C; DPT-

M = 0.15 atm.

Fig. 5. Oxygen molar fraction along the reactor length (radial mean values), for the

conditions of Fig. 4. Right ordinate axis: rate of reaction 1 (ethane ODH, see Eq. (1)).

Fig. 6. Axial temperature profiles for DPT-M = 0.15, 0.30 and 0.45 atm. Solid lines:

radial mean temperature (reaction side). Dashed lines: shell side temperature. Right

ordinate axis: ethylene flowrates per tube. T0 = 370 8C; T0,S = 25 8C; y0;O2
¼ 0:01.
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in the first 0.5 m of the reactor, with respect to the case of
y0;O2

¼ 0 (Fig. 4). Downstream z = 1 m, the curves of ethylene
flowrates are practically parallel, which indicates that the
instantaneous ethylene production rates are similar for both
feed conditions. The corresponding radially averaged oxygen
profiles inside the catalyst tubes are shown in Fig. 5. In the case
of y0;O2

¼ 0:01, the reaction rates are high enough to cause a fast
oxygen consumption close to the reactor inlet. When no oxygen
is fed at z = 0, the reaction rates are lower and O2 is accumulated.
Under these operating conditions, the permeation rate though
the membrane exceeds the oxygen consumption rate. The
gradual increase in the partial pressure of O2 leads to higher
reaction rates and the oxygen content inside the tube decreases
again, close to the reactor outlet. This accumulation phenome-
non is clearly undesired, since it can lead to selectivity losses
and safety problems associated to the possible occurrence of
explosive mixtures.

3.3. Influence of the oxygen permeation flux

The permeation flux through the membrane is varied by
applying different trans-membrane pressure drops (DPT-M). This
was done by adjusting the pressure on the shell side to satisfy the
desired DPT-M value. Fig. 6 shows the influence of the parameter
DPT-M on the axial profiles of temperatures (T and TS) and the
ethylene flowrate per tube. The temperature can be seen to
increase with the amount of permeated oxygen. Nevertheless, even
for DPT-M = 0.45, the temperature level keeps within tolerable
limits. It is important to note that the production rate is
determined by the permeated oxygen. In fact, the outlet
production rate increases around 50% when the trans-membrane
pressure drop is increased from 0.15 to 0.45 atm. It is worth
mentioning that the outlet global selectivity does not deteriorate
for this threefold variation in DPT-M as no oxygen accumulation
occurs (0.955 < SG < 0.962).

Radial profiles of oxygen molar fraction are presented in Fig. 7
for different axial positions, for the case DPT-M = 0.45. The
corresponding radial temperature profiles are reported in Fig. 8.
Two types of oxygen profiles can be seen. For axial positions close
to the reactor inlet (z < 0.5 m), nearly flat profiles are calculated as
the oxygen fed at the reactor mouth is not completely consumed.
This behavior is associated to radial temperature profiles which are
typical of wall-cooled fixed-bed reactors, i.e., the temperature
decreases towards the tube wall. For axial coordinates z > 1 m,



Fig. 7. Radial profiles of oxygen molar fraction, for different axial positions.

T0 = 370 8C; T0,S = 25 8C; y0;O2
¼ 0:01; DPT-M = 0.45 atm.

Fig. 8. Radial temperature profiles for different axial positions. T0 = 370 8C;

T0,S = 25 8C; y0;O2
¼ 0:01; DPT-M = 0.45 atm.

Fig. 9. Radial profiles of rate of reaction 1 (ethane ODH, see Eq. (1)), for different

axial positions. T0 = 370 8C; T0,S = 25 8C; y0;O2
¼ 0:01; DPT-M = 0.45 atm.
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oxygen depletion in the central zone of the tube is observed.
Consequently, the reaction rates are close to zero in the central
zone of the tube and the heat generation rate is concentrated in a
narrow zone close to the membrane (see Fig. 9: curves for the
desired reaction). Under these conditions, the temperature
decreases towards the tube center (r = 0 m) and a slight tempera-
ture maximum near the membrane wall (r = 0.0133 m) occurs (see
Fig. 8: curves for z > 1 m). The radial dispersion of heat takes place
from the location of the temperature maximum in two opposite
directions: towards the membrane wall and the tube center. The
‘‘effective’’ zone of the catalyst bed (responsible for the heat
generation) is an annulus near the membrane, while the central
part of the tube acts as an ‘‘inert’’ zone. The heat transfer area per
unit volume of ‘‘effective catalyst bed’’ is therefore higher than 4/
dT, which is the characteristic value of a conventional fixed-bed
reactor with cylindrical geometry. This, together with the high
selectivity to ethylene, explains why the reaction temperature can
be efficiently controlled even at axial positions where the driving
force for the convective cooling (T � TS) is small (see Fig. 6 for
z > 1 m).

4. Conclusions

The multitubular membrane reactor leads to significant
ethylene production per tube and milder temperature profiles
than a conventional wall-cooled fixed-bed reactor. This is a
consequence of the low partial pressures of oxygen along the
membrane reactor, leading to improved selectivity to ethylene
(lower heat generation rates) and high heat transfer area per unit
of ‘‘effective’’ catalyst volume.

Under certain operating conditions, an undesirable oxygen
accumulation phenomenon inside the catalyst bed may appear
which can be minimized by carefully adjusting the operating
conditions.

The presence of O2 at the reactor inlet significantly improves
the ethylene production rates. However, if higher amounts of O2

are fed to the reactor mouth, the selectivity could drop, which may
lead to hot spots near the entrance.

The use of a 2D model has enabled the proper quantification of
the strong composition gradients occurring along the radial
coordinate and their influence on the reactor performance.
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temperature, Chem. Ing. Technol. 42 (1970) 933.

[45] M. Pedernera, R. Mallada, M. Menendez, J. Santamarı́a, Simulation of an inert
membrane reactor for the synthesis of maleic anhydride, AIChE J. 46 (2000) 2489.

[46] R.G. Munro, Evaluated material properties for a sintered a-alumina, J. Am. Ceram.
Soc. 80 (1997) 1919.

[47] R.V. Mallada, PhD thesis, University of Zaragoza, Spain (1999).


	Oxidative dehydrogenation of ethane to ethylene in a membrane reactor: A theoretical study
	Introduction
	Mathematical model
	Results and discussion
	Influence of the inlet temperature on the tube side (T0)
	Influence of the oxygen feed content ({y}_{0,{{\rm{O}}}_{2}})
	Influence of the oxygen permeation flux

	Conclusions
	Acknowledgments
	Supplementary data
	References


