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a b s t r a c t

A thermodynamic consistency of isothermal vapor–liquid equilibrium data for 9 non-polar and 8 polar
binary asymmetric mixtures at high pressures has been evaluated. A method based on the isothermal
Gibbs–Duhem equation was used for the test of thermodynamic consistency using a �–� approach. The
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Peng–Robinson equation of state coupled with the Wong–Sandler mixing rules were used for model-
ing the vapor–liquid equilibrium (VLE) within the thermodynamic consistency test. The VLE parameters
calculations for asymmetric mixtures at high pressures were highly dependent on bubble pressure calcu-
lation, making more convenient to eliminate the data points yielding the highest deviations in pressure.
However the results of the thermodynamic consistencies test of experimental data for many cases were

. As a
eng–Robinson equation of state
ong–Sandler mixing rules

found not fully consistent

. Introduction

Information about high-pressure phase equilibrium is essential
or many chemical processes and separation operations involving
igher pressures. Simulation of petroleum reservoirs, transporta-
ion, natural gas storage and carbon dioxide sequestration, and the
tudy of geological processes are some examples in which high-
ressure phase equilibrium data are necessary [1]. Many of the
symmetric mixtures at high pressures containing carbon dioxide
nd isoamyl acetate, ethyl laureate, ethyl caproate, among oth-
rs compounds, have great industrial importance. For instance, in
he field of the supercritical fluid extraction, designing and sizing
quipments. These kind of binary mixtures are characterized by
oth high complexity and asymmetry, being the more common
hortcoming for modeling vapor–liquid equilibrium (VLE). There-
ore it is necessary to account models that provide good prediction
or VLE [2].

There are many ways to obtain information about VLE for asym-
etric mixtures. The direct experimental measurement of phase
quilibrium data may be the preferred option, although these mea-
urements can be difficult and expensive. There are some useful
hermodynamic models that can be employed for predicting the
LE for binary mixtures at high pressures [3–11], especially when

Abbreviations: EoS, equation of state; NRTL, non-random two liquid; OF, objec-
ive function; PR, Peng–Robinson; VLE, vapor–liquid equilibrium.
∗ Corresponding author. Tel.: +54 291 4861700; fax: +54 291 4861600.

E-mail address: jlopez@plapiqui.edu.ar (J.A. López).

378-3812/$ – see front matter © 2010 Elsevier B.V. All rights reserved.
oi:10.1016/j.fluid.2010.02.011
result, the strategies for solving these problems were discussed in detailed.

© 2010 Elsevier B.V. All rights reserved.

a minimum number of experimental data is available, helping to
reduce the number of experimental data points needed for a special
design problem.

With the aim of generating adequate thermodynamic models,
an accurate set of VLE data is required. This set is commonly tested
by a thermodynamic consistency test in order to verify the reliabil-
ity of the experimental data, which are increasingly in importance
to have more accuracy. Among the most employed thermody-
namic relations requiring to be satisfied for testing thermodynamic
consistency are the Gibbs–Duhem and Gibbs–Helmholtz equa-
tions. Some common consistency thermodynamic tests (e.g. the
overall area test method) are based on different mathematical rear-
rangement of the Gibbs–Duhem equation, which, in some cases,
consider constant both temperature and pressure. Although the
Gibbs–Duhem equation is also employed in the calculation of
the fugacity coefficient among other thermodynamic relationships
[12]. Furthermore, these thermodynamic equations, carried out in
a rigorous manner, are really useful to prove the accuracy of the
experimental data set [13].

The study of thermodynamic consistency of a binary system
at low pressures is generally based on the equal-area criterion
[13–17]. However, it is conveniently to use models different to the
equal-area criterion when mixtures at high pressures are studied.
Remarkable studies on thermodynamic consistency tests for these

mixtures have been presented by Chueh et al. [18] by developing
an equal-area test, based on extension of the Redlich and Kister’s
method for isothermal VLE data at low pressure. Won and Prausnitz
[19] by proposing a method for isothermal data based on exten-
sion of the Baker’s method. Christiansen and Frendenslund [20]

http://www.sciencedirect.com/science/journal/03783812
http://www.elsevier.com/locate/fluid
mailto:jlopez@plapiqui.edu.ar
dx.doi.org/10.1016/j.fluid.2010.02.011
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y considering an applicable model test to isothermal and isobaric
ata with a supercritical condition component. Bertucco et al. [21]
roposed a method to find the consistency VLE data for mixtures
ontaining fluid in supercritical state. Also, Jackson and Wilsak [22]
resented a review of several common thermodynamic consistency
ests used mainly for mixtures at high pressures.

In many cases, thermodynamic consistency tests figure out the
eliability of experimental data taken from literature. These tests
rovide a valuable tool when the experimental data satisfies and
ollows strictly a thermodynamic relationship (e.g. Gibbs–Duhem
quation) assessing the data as thermodynamically consistent or
nconsistent. In order to obtain VLE binary interaction parameters
f asymmetric mixtures at high pressures, a suitable set of exper-
mental data is required to generate reliable parameters coming
rom the minimization of a particular objective function.

In the present work, the thermodynamic consistency test for
xperimental VLE data of polar and non-polar asymmetric binary
ixtures at high pressures proposed by Valderrama et al. [23] is

nalyzed. The Peng–Robinson (PR) equation of state [24] coupled
ith the Wong–Sandler mixing rules [25] has been used in ther-
odynamic consistency test and VLE estimation. NRTL model [26]
as employed to predict the excess Helmholtz free energy into the
ong–Sandler mixing rules. The optimal parameters used in this
ork were calculated in previous works [27,28], and those were
sed for testing the thermodynamic consistency for twenty-two

sothermal sets of non-polar mixtures and twenty-one isothermal
ets of polar mixtures. Likewise the Levenberg–Marquardt mini-
ization algorithm was used in all cases.

. Thermodynamic consistency model

The Gibbs–Duhem equation requires a general coupling of molar
artial properties of the components in a specific mixture that pro-
ides a basis for most of the methods for testing thermodynamic
onsistency of VLE experimental data. The general Gibbs–Duhem
quation is expressed in terms of residual properties as [29]:(

G-
R

RT

)
= V-

R

RT
dP − H-

R

RT2
dT +

∑
i

ḠR
i

RT
dzi (1)

here zi is the molar fraction of i-component in the reference phase
either x for liquid or y for the vapor phase) and the molar residual
ibbs property is defined by Eq. (2):

-
R =

∑
i

ḠR
i zi (2)

By replacing Eqs. (2) into (1):

i

zi

dḠR
i

RT
= V-

R

RT
dP − H-

R

RT2
dT (3)

The residual Gibbs free energy properties can also be expressed
n terms of fugacity coefficients (�̄i) in the mixture:

ḠR
i

RT
= Ḡi − ḠIGM

i

RT
= ln(�̄i) (4)

The fugacity coefficient can be replaced in Eq. (3), giving:

i

zid ln(�̄i) = V-
R

RT
dP − H-

R

RT2
dT (5)

here VR and HR are the molar residual volume and enthalpy of
- -
he mixture, respectively. Eq. (5) for a binary mixture, at constant
emperature T, can be rewritten as:

1
d ln(�̄1)

dzi
+ z2

d ln(�̄2)
dzi

= 1
P

(Z − 1)
dP

dzi
(6)
uilibria 293 (2010) 1–10

Eq. (6) is usually written in terms of solute concentration into a
vapor phase mixture (zi = yi). Thus, solute is termed as component
2 in the binary mixture. Taking into account these considerations
the above equation can be expressed as:

1
P

dP

dy2
= y2

(Z − 1)
d ln �̄2

dy2
+ (1 − y2)

(Z − 1)
d ln �̄1

dy2
(7)

An analogous expression to (7), in terms of fugacity coefficients,
has been reported by Bertucco et al. [21]. Likewise Eq. (7) can be
conveniently expressed in integral form, as follows:∫

1
Py2

dP =
∫

1

(Z − 1)�̄2
d�̄2 +

∫
(1 − y2)

y2(Z − 1)�̄1
d�̄1 (8)

where P is the absolute pressure, y2 is the molar fraction of solute in
the vapor phase, Z is the compressibility factor of the vapor phase
mixture, and �̄1 and �̄2 are the fugacity coefficients of species 1 and
2 in the vapor phase mixture. In Eq. (8) can also be written as:

Ap =
∫

1
Py2

dP = A� = A�1 + A�2 (9)

The right hand side of Eq. (8) is designated by A� as follows:

A� = A�1 + A�2 =
∫

1

(Z − 1)�̄2
d�̄2 +

∫
(1 − y2)

y2(Z − 1)�̄1
d�̄1 (10)

The parameters A� and Ap are obtained using a convenient thermo-
dynamic model and from P–y experimental data set, respectively.
The PR EoS coupled with the Wong–Sandler mixing rules was used
to evaluate Eq. (10). Note the advantageous manner of Eq. (10)
which overcomes the inconvenience in evaluating excess volume
effects on the activity coefficient. As can be seen, Eq. (10) is a non-
defined integral equation which can be solved using any integrator
numerical method. Finally, in order to qualify an experimental data
ser, Ap must be equal to A� within the defined deviations range [23].

3. Equation of state and mixing rules

The PR EoS has the following form:

P = RT

v − b
− a

v(v + b) + b(v − b)
(11)

where P is the absolute pressure, T is the absolute temperature, R is
the ideal gas constant, a and b are the energy and size parameters.
These last are calculated from the expressions:

a = 0.457235
R2T2

c

Pc
˛(Tr) (12)

b = 0.077796
RTc

Pc
(13)

where subscripts c and r denote critical and reduced conditions,
respectively. The ˛ function is calculated from Eqs. (14) and (15):

˛(Tr) =
[

1 + �
(

1 −
√

Tr

)]2
(14)

� = 0.37464 + 1.54226ω − 0.26992ω2 (15)

where ω is the acentric factor. The PR EoS can be extended to mix-
tures by using the Wong–Sandler [25] mixing rules for both vapor
and liquid phases. The parameters am and bm are obtained from:

am = bm

[∑
zi

ai

bi
+ AE

∞
�

]
(16)
i

with

bm =
∑

i

∑
jzizj(b − (a/RT))ij

1 −
∑

izi(ai/biRT) − (AE
∞/�RT)

(17)
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Table 1
Experimental conditions for non-polar asymmetric binary mixtures.

System np T (K) Pressure range
(bar)

Refs.

Carbon dioxide + propane 25 230.00 8.9–71.1 [33]
17 270.00 32.0–79.5

Carbon dioxide + n-pentane 12 310.15 5.6–73.1 [34]
13 333.15 5.9–87.5
16 363.15 9.4–96.7

Carbon dioxide + benzene 8 298.15 8.9–57.7 [35]
9 313.15 14.8–77.5

Carbon dioxide + styrene 9 333.15 60.3–112.0 [36]
10 343.15 60.0–131.0

8 348.15 62.9–134.2

Carbon dioxide + n-decane 22 344.30 63.8–127.4 [37]
26 377.60 103.4–164.8

n-Propylene + benzene 10 453.15 15.0–60.0 [38]
10 473.15 20.0–60.0

n-Pentane + toluene 11 293.15 0.02–0.56 [39]
11 303.15 0.04–0.82
11 313.15 0.07–1.16

n-Hexane + benzene 10 313.15 0.24–0.37 [39]
10 323.15 0.36–0.54
10 333.15 0.52–0.76

%�y2i = yexp
2i

− ycal
2i

yexp
2i

× 100 (25)

Table 2
Experimental conditions for polar asymmetric binary mixtures.

System np T (K) Pressure range
(bar)

Refs.

Carbon dioxide + ethanol 6 314.50 5.7–81.1 [41]
9 325.20 62.74–93.49
8 337.20 62.19–108.45

Carbon dioxide + butanol 9 325.30 52.26–98.73 [41]
11 337.20 61.78–117.76

Carbon dioxide + isoamyl acetate 7 308.15 10.3–69.3 [42]
8 318.15 10.0–80.3
9 328.15 10.3–90.7

Carbon dioxide + ethyl caproate 8 308.20 17.0–64.6 [43]
10 318.20 17.0–78.2
12 328.20 17.3–92.2

Carbon dioxide + decanal 10 288.20 19.3–48.1 [44]
11 303.20 21.7–67.6
12 313.20 82.2–16.8

Carbon dioxide + ethyl laurate 8 308.15 14.8–70.0 [45]
8 318.15 14.8–83.1
9 328.15 14.8–100.1
V.M. Trejos et al. / Fluid Ph

= 1√
2

ln(
√

2 − 1) (18)

nd

b − a

RT

)
ij

= (b − (a/RT))i + (b − (a/RT))j

2
(1 − kij) (19)

here kij is a binary interaction parameter of the second virial coef-
cient, z is the molar fraction and A-

E
∞ is the excess Helmholtz free

nergy at infinite pressure which is calculated from NRTL model for
inary mixtures according to equations:

AE
∞

RT
=

∑
i

zi

(∑
jzj�jigji∑
kzkgki

)
(20)

ij = exp(−˛ij�ij) (21)

here ˛12 (=˛21), �12 and �21 are the three parameters of NRTL
odel. A constant value for ˛12 of 0.3 was used. The PR EoS coupled
ith the Wong–Sandler mixing rules, the fitted NRTL parameters

�12 and �21), and the binary interaction parameters of the second
irial coefficient (k12) were employed. These parameters have been
reviously determined using experimental phase equilibrium data
t isothermal conditions for each of nine non-polar and eight polar
symmetric mixtures [27,28]. The corresponding fugacity coeffi-
ients and the values of P–y variables for T–x were calculated by
sing these fitted parameters in order to evaluate Eq. (10). The
equired variables to calculate Eq. (10), that are P, y2, �̄1 and �̄2,
ere found by using the thermodynamic condition expressing an

quality-of-partial-fugacities for any component in all coexisting
hases. This condition can be written in term of fugacity as:

¯L
i (T, P, xi; �12, �21, k12) = f̄ V

i (T, P, yi; �12, �21, k12) (22)

here superscripts L and V denote the liquid and vapor phases,
espectively. The expression (22) is the starting point for VLE cal-
ulations. Furthermore, these parameters were obtained from sets
f experimental data using the following objective function [27]:

ob =
np∑
i=1

nc∑
j=1

[
yexp − xexpKcal

]2

(23)

here K is the distribution coefficient between vapor and liquid
hases, the superscripts np and nc denote the numbers of exper-

mental data points and components, and y and x are the molar
raction in the vapor and liquid phases, respectively. This objec-
ive function has shown very acceptable performances for VLE of
symmetric binary mixtures at high pressures [27,28].

. Asymmetric binary mixtures

In the present work, 9 non-polar (gas + non-polar solute) and
polar (gas + polar solute) asymmetric binary mixtures have been

nalyzed. The experimental conditions and their reference sources
re shown in Tables 1 and 2. Data for 22 isotherms with 277
xperimental points were studied for gas + non-polar mixtures
nd 21 isotherms with 191 experimental points were studied for
as + polar mixtures. Several asymmetric mixtures have widely
een used in many applications and reported in literature [30–32].

. Thermodynamic consistency criteria

Asymmetric binary mixtures require a suitable thermodynamic

odel, such as PR coupled with Wong–Sandler mixing rules. Model

orrelation could be within an acceptable deviation range of molar
raction in vapor phase and pressure for values of (−20% to +20%)
nd (−10% to +10%) for molar fraction and pressure, respectively.
he model is accepted only in the case of the deviations falling
Carbon dioxide + limonene 8 313.18 8.30–84.5 [40]
11 323.25 11.3–98.3

within this range. These criteria were set up by Valderrama et al.
[23], defining the individual percentage deviations in bubble point
pressure and percentage of molar fraction deviation of vapor phase
for each i-point as:

%�Pi = Pexp
i

− Pcal
i

Pexp
i

× 100 (24)
Carbon dioxide + octanol 9 403.15 64.0–183.0 [46]
7 453.15 64.0–188.0

Ethylene + 1-decanol 9 308.15 10.3–103.6 [47]
11 318.15 14.6–124.0
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Once the results from thermodynamic model are in agreement
ith the criteria, the individual percent area deviations must be

alculated from Eq. (26):

�Ai = A�i − Api

Api
× 100 (26)

In order to conclude that experimental data are thermodynam-
cally consistent (TC), the individual area deviations (Eq. (26)) must
all within the range (−20% to +20%). Valderrama et al. [23] sum-

arize these referred criteria including the required minimum
umber of experimental data and the decision rules for consistency
est.

In summary, the calculation of pressure and solute concentra-
ion in the vapor phase (y2), as the evaluation of the expressions for
� and Ap, requires both a suitable EoS and mixing rule. Further-
ore, individual percentage deviations in the variables y2 and P
ust be low to accept the thermodynamic model. In some cases in
hich percentage �y2 and percentage �Pi are outside the defined
argins of errors, it is concluded that another model must be

pplied, being this case commonly known as “try a different model”
TDM).

The consistency method studied in this article has some impor-
ant aspects about multiple solutions, objective function and the
est paired combinations of them. With the aim of determining
he optimal parameters in each minimization of the objective func-
ion, the Levenberg–Marquardt minimization algorithm was used.
ence, the parameters �12, �21 and k12 for each isothermal temper-
ture were calculated by optimizing the objective function until VLE
redictions showed low deviations in bubble point pressure and
apor phase composition [27]. A substantial reduction in the com-
uting time requirements was observed. Multiple solutions coming
rom the experimental data set for each mixture could appear in
ach minimization. These solutions were obtained into an accept-
ble predefined range taking into account, for example, available
alues for �12 and �21 calculated at low pressures. The k12 must

e in concordance with the statistical thermodynamic postulates
onsidering that such values were in acceptable range (0–1). Con-
idering this objective function, it is expected to find all possible
olutions for these parameters within the predefined range. The
ptimal parameters are chosen to be those that show the lowest

able 3
etailed results for the system propylene + benzene at 453.15 K found to be thermodynam

Ap A� %�Ai Pexp
i

Pcal
i

0.436 0.425 −2.415 15 14.890
0.415 0.539 30.035 20 19.624
0.398 0.296 −25.505 25 25.998
0.382 0.402 5.021 30 29.698
0.368 0.328 −10.777 35 34.970
0.351 0.393 12.114 40 39.537
0.333 0.254 −23.629 45 45.377
0.314 0.333 5.923 50 49.411
0.292 0.249 −14.640 55 55.105
– – – 60 59.774

Propylene + benzene, T = 453.15 K; �12 = 1.087; �21 = 0.08; k12 = 0.180, 10 points result (a

0.436 0.434 −0.526 15 15.058
0.813 0.835 2.818 20 19.897
0.382 0.398 4.010 30 30.009
0.368 0.324 −11.820 35 35.226
0.351 0.390 11.148 40 39.720
0.333 0.254 −20.526 45 45.464
0.314 0.340 8.072 50 49.452
0.292 0.263 −9.904 55 55.158
– – – 60 59.969

Propylene + benzene, T = 453.15 K; �12 = 0.529; �21 = 0.436; k12 = 0.207, 9 points result (b

a NFC: not fully consistent.
b TC: thermodynamically consistent.
uilibria 293 (2010) 1–10

deviation both in bubble point pressure and vapor phase composi-
tion.

6. Results and discussion

The optimal parameters of the studied thermodynamic model,
relative percentage deviations in bubble point pressure and abso-
lute deviation in vapor phase molar fraction for polar and non-polar
asymmetric mixtures have been previously reported in the supple-
mentary material available online [27]. The parameters given in
that material were used to predict the phase equilibrium and ther-
modynamic consistency test for the whole mixtures in the present
study.

Results of thermodynamic consistency test for the
propylene–benzene experimental data were considered con-
sistent only if some points of data set are eliminated according to
the decision rules proposed by the authors [23]. Table 3 shows the
summary results for propylene–benzene mixture at 453.15 K. The
data set for this system was found to be not fully consistent (NFC),
denoting that some points in the obtained area deviations were
out of the range (see bold face in Table 3). In the case when one
point was eliminated from the initial data set, the area deviations
for the remaining 9 points were within the previously defined
limits. Therefore, the initial set of 10 data points was declared as
NFC, but the remaining set of 9 data points was considered as TC.

The predicted VLE data was in agreement with the experimental
data as shown for propylene–benzene system in Fig. 1. Good predic-
tions in the bubble point pressure (�P = 1.14 and �P = 1.33) at the
two evaluated temperatures (473.15 and 453.15 K) were obtained.
A good prediction was also obtained at the same temperatures for
the absolute mean deviations in the vapor phase molar fraction for
�y1 = 0.016 and �y1 = 0.026. On the other hand, Fig. 2a–c shows
the solution for each integral function in Eq. (8) corresponding
to the propylene + benzene mixture at 453.15 K. Evaluation of the
respective area under the curve for integral terms in this Eq. (8) was

evaluated by inscribing N − 1 trapezoids under the curve for a set of
N experimental points. Finally, the sum of trapezoid areas was then
obtained. Additionally, the results from the trapezoidal method
calculations were validated by the alternative method by fitting
parameters in the polynomial expressions coming from experi-

ically consistent (TC) using PR + WS/NRTL model.

%�P yexp
2 ycal

2 %�y2i

0.731 0.741 0.725 −2.070
1.879 0.590 0.580 −1.795
3.993 0.491 0.469 −4.429
1.005 0.427 0.428 0.200
0.083 0.380 0.386 1.680
1.157 0.346 0.361 4.335
0.839 0.325 0.339 4.488
1.177 0.308 0.330 7.232
0.191 0.297 0.325 9.130
0.375 0.298 0.328 10.027

NFC), %�P = 1.1430, %�y2 = 2.879, %�Aav = −2.6526

0.387 0.741 0.719 −2.937
0.513 0.591 0.573 −2.870
0.033 0.427 0.424 −0.801
0.646 0.380 0.382 0.689
0.699 0.346 0.357 3.269
1.032 0.325 0.335 3.179
1.095 0.308 0.325 5.548
0.288 0.297 0.317 6.737
0.0508 0.298 0.318 6.685

TC), %�P = 0.139, %�y2 = 2.166, %�Aav = 0.717
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ig. 1. Experimental and predicted VLE for propylene + benzene binary system.
xperimental data taken from Guo et al. [38]. Prediction with PR EOS coupled with
he WS mixing rules.

ental data. These referred methods were used to solve the integral
xpressions in Eq. (8), resulting in an area deviation below 1%. It was
onsidered acceptable for our analysis.

Residual deviations in the individual areas for the propy-
ene + benzene system at 453.15 K are shown in Fig. 2d–f. The

argins of error were established by the calculation of individual
rea deviation percentage (%�Ai) by the Eq. (26). Fig. 2d shows the
eviations in the individual areas for the first set of experimental

ata. On the other hand, Fig. 2e and f shows the deviations for pres-
ure and the vapor phase solute concentration. As can be seen in
hese figures, deviations in pressure and solute concentration were
elow 4% and 10%, respectively. It can be concluded that binary

Fig. 2. Integral functions in Eq. (8) and deviations in the individual areas for the propy
Fig. 3. Experimental and predicted VLE for carbon dioxide + 1-octanol binary sys-
tem. Experimental data taken from Lee et al. [46]. Prediction with Peng–Robinson
EOS coupled with the WS mixing rules.

interaction parameters were not enough good to predict the VLE
for the studied system.

Carbon dioxide + 1-octanol mixture data set at 403.15 K was
found to be thermodynamically inconsistent (TI). The values of
%�Ai were out of the adequate range (see bold face in Table 4).
As a result, one point from the initial data set was not considered,
and then %�Ai was calculated for the remaining 8 points. This last
set was considered TC because their %�Ai were inside the range

(Table 4).

According to the results obtained and shown in Fig. 3, the accu-
racy in VLE prediction for the experimental and predicted VLE for
carbon dioxide + 1-octanol system was verified. The parameters

lene + benzene system at 453.15 K. Experimental data taken from Guo et al. [38].
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Table 4
Detailed results for the system carbon dioxide + 1-octanol at 403.15 K found to be thermodynamically consistent (TC) using PR + WS/NRTL model.

Ap A� %�Ai Pexp Pcal %�P yexp
2 ycal

2 %�y2i

38.024 32.089 −15.608 65 65.159 0.244 0.0055 0.00619 12.58
29.191 25.320 −13.260 80 79.852 0.184 0.0055 0.00659 19.90
26.671 24.269 −9.006 95 95.077 0.0813 0.0065 0.00732 12.69
13.249 13.451 1.525 115 115.210 0.182 0.0083 0.00879 5.928

9.310 9.103 −2.219 130 130.880 0.679 0.0107 0.0104 −2.868
6.675 7.081 6.070 145 144.960 0.0305 0.0132 0.0123 −7.160
3.362 4.311 28.238 160 159.290 0.441 0.0170 0.0146 −13.83
3.793 4.539 19.668 170 170.460 0.269 0.0193 0.0169 −12.21
– – – 185 185.520 0.282 0.0269 0.0208 −22.66

CO2 + 1-octanol, T = 403.15 K, �12 = 1.968, �21 = −0.6095, k12 = 0.7315, 9 points result (aTI), %�Pav = 0.266, %�y2av = −0.847%, %�Aav = 11.95

38.024 32.090 −15.606 65 65.159 0.244 0.0055 0.00619 12.543
29.191 25.321 −13.259 80 79.852 0.185 0.0055 0.00659 19.875
26.671 24.267 −9.013 95 95.077 0.081 0.0065 0.00733 12.703
13.249 13.450 1.514 115 115.210 0.182 0.0083 0.00879 5.9784

9.310 9.106 −2.196 130 130.880 0.679 0.0107 0.0104 −2.805
10.341 11.487 11.085 145 144.960 0.031 0.0132 0.0123 −7.123

3.793 4.539 19.674 170 170.460 0.269 0.0193 0.0169 −12.110
– – – 185 185.520 0.282 0.0269 0.0208 −22.550

lt (bTC

o
p
g
(

s
d
t
t
t
r

d
w
t
t

CO2 + 1-octanol, T = 403.15 K, �12 = 1.968, �21 = −0.6081, k12 = 0.7303, 8 points resu

a TI: thermodynamically inconsistent.
b TC: thermodynamically consistent.

btained by minimization at 453.15 and 403.15 K provided good
redictions for pressure (�P = 0.23 and �P = 0.266). Furthermore,
ood predictions for vapor phase concentration were also obtained
�y1 = 0.0017 and �y1 = 0.0045).

Fig. 4 shows the deviations in the individual areas, pres-
ure and the vapor phase solute concentration for the carbon
ioxide + 1-octanol system at 403.15 K. As can be observed in Fig. 4a,
here was only 1 point greater than 20% of area deviation from
he initial data set. In the same way, deviations for pressure and
he vapor phase solute concentration were less than 0.6% and 3%,
espectively (see Fig. 4b and c).

After developing the consistency test for the ethylene + 1-

ecanol system at 318.15 K, it was found to be NFC. Their %�Ai
ere outside of the criterion range (see bold face in Table 5). Fur-

hermore, total of %�Ai obtained were higher than one quarter of
he data points initially considered. As a result, three points from

Fig. 4. Deviations in the individual areas for the carbon dioxide + 1-octanol bina
), %�Pav = 0.244, %�y2av = 0.813%, %�Aav = 10.33

the initial data set were not considered, and then %�Ai were calcu-
lated for the remaining 8 points. Because of their %�Ai were outside
of the range, this last set of data was newly considered NFC.

Fig. 5 shows the experimental and predicted VLE for the
highly asymmetric ethylene + 1-decanol system. No good predic-
tions for the data set parameters at 308.15 and 318.15 K were
obtained (�P = 2.5 and �P = 2.11). However, good predictions for
vapor phase concentration data (�y1 = 0.0004 and �y1 = 1.84) were
obtained. Deviations in individual areas, pressure and the vapor
phase solute concentration for this mixture at 318.15 K are given in
Fig. 6. Here, it is observed that the deviation in the areas for the ini-
tial data set was exceeded in 60%. These results come from the fact

that ethylene vapor phase concentration is close to 1. This fact made
the term Ap from the integral in Eq. (9), and A� from the integral
in Eq. (10) bigger as 56,939 and 14,863, respectively (see Table 5).
As a result, �Ai defined by the Eq. (26) turns bigger as the single

ry system at 403.15 K. Experimental data were taken from Lee et al. [46].
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Table 5
Detailed results for the system ethylene + 1-decanol at 318.15 K found to be not fully consistent (NFC) using PR + WS/NRTL model.

Ap A� %�Ai Pexp Pcal %�P yexp
2 ycal

2 %�y2i

56939 14863 −73.89 14.65 14.849 1.361 1 × 10−5 3.6 × 10−5 260.57
31141 10177 −67.31 25.20 24.731 1.861 1 × 10−5 3.5 × 10−5 250.67
10458 6329.7 −39.47 36.90 36.308 1.604 2 × 10−5 4.5 × 10−5 123.57
638.58 2281.7 257.31 51.30 51.264 0.071 0.0002 8.1 × 10−5 −59.39
56.02 403.71 620.65 63.03 65.708 4.249 0.0013 0.000191 −86.28
75.522 446.95 491.82 69.53 72.173 3.802 0.0024 0.000304 −87.67
13.646 76.13 457.94 89.44 88.723 0.801 0.0063 0.00110 −82.57
7.8284 27.63 253.04 99.72 99.237 0.484 0.0112 0.00221 −80.32
4.5232 17.99 297.77 109.60 106.800 2.555 0.0131 0.00331 −74.81
3.6102 6.71 85.891 116.90 114.540 2.021 0.0156 0.00468 −70.12
56939 14863 −73.89 124.00 118.480 4.448 0.0171 0.00547 −68.02

Ethylene + 1-decanol, T = 318.15 K, �12 = 1.847, �21 = −1.033, k12 = 0.702, 11 points result (aNFC), %�Pav = 2.11, %�y2av = 2.33%, %�Aav = 200.89

56939 13819 −75.73 14.65 14.794 0.983 1 × 10−5 3.9 × 10−5 285.87
31141 8942.7 −71.28 25.20 24.796 1.602 1 × 10−5 3.9 × 10−5 293.70
10458 5126.2 −50.98 36.90 36.529 1.005 2 × 10−5 5.4 × 10−5 168.06
638.58 1666.2 160.93 51.30 51.486 0.363 0.0002 0.000105 −47.01
56.02 276.13 392.92 63.03 65.446 3.833 0.00139 0.000260 −81.21
75.522 297.25 293.59 69.53 71.459 2.773 0.00247 0.000410 −83.15
38.613 105.21 172.48 89.44 86.008 3.837 0.00634 0.00141 −77.67

9.920

result

t
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t
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W

56939 13819 −75.73 124.00 10

Ethylene + 1-decanol, T = 318.15 K, �12 = 2.351, �21 = −1.125, k12 = 0.6762, 8 points

a NFC: not fully consistent.

erms turn equally bigger, obtaining results NFC. On the other hand,
ig. 6b and c shows the deviations in the individual pressure and
he vapor phase solute concentration. Complete consistency results
or all systems studied are shown in Table 6.

Experimental data for n-hexane + benzene system at 313.15,
23.15 and 333.15 K have been found thermodynamically incon-
istent (TI). Some difficulties were found when a consistency test
ecision rules proposed by Valderrama and Alvarez [23] were
pplied. In this particular system, the initial data set was composed
y 10 data points and the 25% of them with %�Ai outside of the cri-
erion range is 2.5 points. This last value is an integer number and
ad to be rounded to 2 or 3 points to apply the test again for the

emaining data set. Here the decision about TC, TI or NFC of the
xperimental data depends highly on this number.

Consequently, the reported decision rules [23] did not include
proper way to choice the suitable number of data that must be

liminated from the initial data set, suggesting that the points with

ig. 5. Experimental and predicted VLE for ethylene + 1-decanol binary system. Experime
S mixing rules.
11.355 0.0171 0.00692 −59.52

(NFC), %�Pav = 3.21, %�y2av = 49.88%, %�Aav = 93.27

the highest deviation in the vapor phase concentration must be
eliminated as the best choice. After this, the method should be
implemented again. However, in the systems studied, the above
referred procedure was unsuitable to be used because the VLE
parameters calculations were highly dependent on bubble pres-
sure calculation. It becomes more convenient to eliminate the
data points, which yielded highest deviations in pressure. For
example, the remaining 9 points of the initial data set of the propy-
lene + benzene at 453.15 K system were found to be TC according
to the defined error ranges proposed by the authors [23]. Further-
more, to obtain this result, the points with the highest deviation
in bubble pressure from the initial data set were necessarily elimi-

nated. Additionally, the points with highest deviation of �y2 were
eliminated from the initial data set and the consistency test was
employed again using the remaining 9 points. The deviations in
the obtained vapor phase solute concentration were not within
the range (−20% to +20%). Therefore, TDM was the result of the

ntal data taken from Gmehling et al. [47]. Prediction with PR EOS coupled with the
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Table 6
Summary of the final results for all non-polar and polar asymmetric binary mixtures.

Non-polar systems Polar systems

System T (K) np Final result System T (K) np Final result

Carbon dioxide + propane 230.00 25 NFC Carbon dioxide + isoamyl acetate 308.15 7 NFC
22 NFC 6 NFC
19 NFC 318.15 8 NFC

270.00 27 NFC 6 NFC
20 NFC 328.15 9 NFC

6 NFC

Carbon dioxide + n-pentane 310.15 12 NFC Carbon dioxide + ethyl caproate 308.20 8 NFC
9 NFC 6 NFC

333.15 13 TI 318.20 10 NFC
10 TC 7 NFC

363.15 16 NFC 328.20 12 NFC
12 NFC 9 NFC

Carbon dioxide + benzene 298.15 8 NFC Carbon dioxide + butanol 325.30 9 TI
6 NFC 8 TC

313.15 9 TC 337.20 11 TC

Carbon dioxide + styrene 333.15 9 NFC Carbon dioxide + decanal 288.20 10 NFC
6 NFC 7 NFC

343.15 10 NFC 303.20 11 NFC
7 NFC 8 NFC

348.15 8 NFC 313.20 12 NFC
6 NFC 8 NFC

Carbon dioxide + n-decane 344.30 22 NFC Carbon dioxide + ethanol 314.50 6 TC
17 NFC 325.20 9 TC

377.60 26 NFC 337.20 8 TI
19 NFC 6 TC

n-Propylene + benzene 453.15 10 NFC Carbon dioxide + octanol 403.15 9 TI
9 TC 8 TC

473.15 9 TI 453.15 7 TI
7 TC 6 TC

n-Pentane + toluene 293.15 11 TI Carbon dioxide + ethyl laurate 308.15 8 NFC
8 TI 6 NFC

303.15 11 TC 318.15 8 NFC
313.15 11 TI 6 NFC

8 TC 328.15 9 NFC
6 NFC

n-Hexane + benzene 313.15 10 TI Ethylene + 1-decanol 308.15 9 NFC
8 TC 6 NFC

323.15 10 TI 318.15 11 NFC
8 TC 8 NFC

333.15 10 TI
8 TC

N ally co

t
p
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h
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t
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t
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Carbon dioxide + limonene 313.18 8 TDM
323.25 11 TDM

FC: not fully consistent; TI: thermodynamically inconsistent; TC: thermodynamic

est. Although the consistency test requires a high accuracy on the
rediction of vapor phase solute concentration, for integral calcu-

ations in Eq. (8) is preferable to eliminate several points with the
ighest deviations in bubble point pressure from initial data set
efore applying the test again. Thus, the parameters obtained fit-
ed better the remaining experimental data set when points with
he highest deviations in bubble point pressure were eliminated.
n the other hand, the y2 deviations for asymmetric mixtures are
sually high and commonly not reported in literature [2,27,28,48].

According to the decision rules proposed by the authors [23], 6
oints is the minimum experimental data from initial data set con-
idered to apply the consistency test. For example, the initial data
et of carbon dioxide + ethanol at 314.50 K was found to be TC. Thus,
he initial data set was composed by 6 data points and if one point

rom the initial data set would not considered, the thermodynamic
est could not be applied and only one result could be obtained.
ertainly, the thermodynamic consistency results and statistical
nalysis are improved when the availability of experimental data
s big. In some cases, for example systems such as carbon diox-
nsistent; TDM: try a different model.

ide + ethyl laurate at 308.15 K and 318.15 K, carbon dioxide + ethyl
caproate at 308.20 K, the initial data set were considered NFC. As a
result, two points from the initial data set were not considered,
and the thermodynamic consistency test was applied again for
the remaining 6 data points. Similar results were obtained. There-
fore, the thermodynamic test cannot be applied again because the
remaining data set was lees of six points. Additionally, the param-
eters obtained by the minimization using the current data set were
very similar to those calculated from the initial data set, and the
thermodynamic consistency results were identical in both cases. On
the other hand, experimental data for systems such as carbon diox-
ide + octanol at 453.15 K, and carbon dioxide + ethanol at 337.20 K,
were found to be TI. As a result, two points with the lowest devia-
tion in pressure from the initial data set were not considered, and

this last set was again analyzed and found as TC.

The consistency test proposed by the authors [23], do not
take into account the cases when data sets of vapor phase con-
centration is close to 1 (i.e. 0.9998–0.9999). This fact made big
the terms Ap and A� , and as a result, �Ai turns bigger than
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Fig. 6. Deviations in the individual areas for the ethylene + 1-decanol bina

he single terms, obtaining results NFC. In this way, experimen-
al data set for systems such as carbon dioxide + isoamyl acetate,
arbon dioxide + ethylcaproate, carbon dioxide + decanal, carbon
ioxide + ethyl laurate and ethylene + 1-decanol, were considered
FC. In the same way, for example, experimental data set for car-
on dioxide + limonene at 313.18 and 323.25 K, were considered as
DM.

According to the consistency test proposed by Valderrama [23],
t is important to remark the necessity for carrying out several

inimizations procedures looking for new parameters that allow
alculating the right hand side in the Eq. (8). In the same way, the
et of parameters fitted in each minimization, depend strongly of
he objective function used. According to that, the computing time
equirements can be considerably increased [27].

. Conclusions

In this work, thermodynamic consistency test of eight non-
olar and eight polar asymmetric binary mixtures at high pressure
ere analyzed. Additionally, the ability of Peng–Robinson EoS cou-
led with the Wong–Sandler mixing rules and the NRTL model for
epresenting fluid phase equilibrium within the thermodynamic
est was demonstrated. Results of bubble point pressure, vapor
hase concentration and the individual areas of relative percent-
ge deviations, have demonstrated the capability and efficiency of
he objective function used for minimizing VLE experimental data
t high pressures. Finally the studied method gives an answer about
onsistency or inconsistency of a set of experimental P–T–x–y data
or the studied cases. A method to test the thermodynamic consis-
ency of incomplete high-pressure VLE data in binary mixtures has
een proved showing favorable results.

In some cases, the high asymmetry of these mixtures, is reflected
n the way that the vapor phase concentration is close to 1, as a
esult of this, the left hand side of the Eq. (8) turns bigger than the
ther single terms, obtained as a result of the NFC test. Some dif-

culties with the experimental data set were analyzed and taken

nto account: (1) If the asymmetry of these mixtures makes grow
he vapor phase concentration closer to 1, the left hand of the Eq.
8) turns into a big value. (2) Points must be removed from the
emaining experimental data set, with the aim of reduce the devi-
tem at 318.15 K. Experimental data were taken from Gmehling et al. [47].

ations for each i-point in bubble point pressure and vapor phase
composition. Therefore, some examples and strategies for solving
these problems were discussed. In the same way, the calculations
of the VLE parameters for asymmetric mixtures at high pressures
were highly dependent on bubble pressure calculation, making
more convenient to eliminate the data points yielding the high-
est deviations in pressure. Finally the results obtained using the
thermodynamic consistency test is a necessary, but no sufficient,
condition for accepting the experimental data set.

List of symbols
AE excess Helmholtz free energy
a, b equation of state parameters
(b–a/RT)ij cross-second virial coefficient
gij parameter defined by Eq. (11)
Kij distribution coefficient
kij second virial coefficient interaction parameter
nc number of components
np number of experimental data points
P pressure
R gas constant
T temperature
V volume in molar units
x liquid molar fraction
y vapor molar fraction
z molar fraction

Greek letters
	 deviation
˛(Tr) temperature-dependent alpha function
˛ij NRTL model parameter
� Peng–Robinson alpha function parameter
�12, �21 NRTL model binary interaction parameter
ω acentric factor
Subscripts
c critical point
m mixture
r reduced conditions
∞ infinite condition



1 ase Eq

S
E
e
c

A

f
t
p

R

[

[

[

[

[

[

[

[

[

[

[

[

[

[

[

[

[

[

[

[

[

[

[

[

[

[

[

[

[

[

[

[

[

[

[

[

[

0 V.M. Trejos et al. / Fluid Ph

uperscripts
excess property

xp experimental
al calculated

cknowledgments

Victor M. Trejos wants to acknowledge the financial support
rom the National University of Colombia at Manizales, through
he program “Scholarship of Academic Excellence”, which made
ossible this work.

eferences

[1] R. Dohrn, G. Brunner, High-pressure fluid phase equilibria: experimental meth-
ods and Systems investigated (1988–1993), Fluid Phase Equilib. 106 (1995)
213–282.

[2] J.A. López, C.A. Cardona, Phase equilibrium calculations for carbon dioxide + n-
alkanes binary mixtures with the Wong–Sandler mixing rules, Fluid Phase
Equilib. 239 (2006) 206–212.

[3] J. Schwartzentruber, H. Renon, Extension of UNIFAC to high pressures and tem-
peratures by use of a cubic equation of state, Ind. Eng. Chem. Res. 28 (1989)
1049–1055.

[4] S.K. Shibata, S.I. Sandler, Critical evaluation of equation of state mixing rules for
the prediction of high-pressure phase equilibria, Ind. Eng. Chem. Res. 28 (1989)
1893–1898.

[5] S. Dahl, M.L. Michelsen, A high-pressure vapor–liquid equilibrium with a UNI-
FAC based equation of state, AIChE J. 36 (1990) 1829–1836.

[6] C.H. Twu, J.E. Coon, D. Bluck, Comparison of the Peng–Robinson and
Soave–Redlich–Kwong equations of state using a new zero-pressure-based
mixing rule for the prediction of high-pressure and high-temperature phase
equilibria, Ind. Eng. Chem. Res. 37 (1998) 1580–1585.

[7] H. Orbey, S.I. Sandler, D.S.H. Wong, Accurate equation of state predictions at
high temperatures and pressures using the existing UNIFAC model, Fluid Phase
Equilib. 85 (1993) 41–54.

[8] H. Huang, S.I. Sandler, Prediction of vapor–liquid equilibria at high pressures
using activity coefficient parameter obtained from low-pressure data: a com-
parison of two equations of state mixing rules, Ind. Eng. Chem. Res. 32 (1993)
1498–1503.

[9] H. Orbey, C. Balci, G.A. Gürüz, Phase equilibrium of asymmetric systems by
predictive equations of state models, Ind. Eng. Chem. Res. 41 (2002) 963–
967.

10] T. Yang, G.J. Chen, W. Yan, T.M. Guo, Extension of the Wong–Sandler mixing
rule to the three parameter Patel–Teja equation of state: application up to the
near-critical region, Chem. Eng. J. 67 (1997) 26–36.

11] K. Tochigi, T. Iizumi, H. Sekikawa, K. Kurihara, K. Kojima, High-pressure
vapor–liquid and solid–gas equilibria using a Peng–Robinson group contribu-
tion method, Ind. Eng. Chem. Res. 37 (1998) 3731–3740.

12] S. Malanowski, A. Anderko, Modelling Phase Equilibria: Thermodynamic Back-
ground and Practical Tools, John Wiley and Sons Inc., Canada, 1992.

13] J. Wisniak, A new test for the thermodynamic consistency of vapor–liquid equi-
librium, Ind. Eng. Chem. Res. 32 (1993) 1531–1533.

14] L.C. Tao, New methods of testing thermodynamic consistency of isobaric, mul-
ticomponent vapor–liquid equilibrium data, Ind. Eng. Chem. Fundam. 8 (1969)
133–137.

15] K. Kurihara, Y. Egawa, S. Iino, K. Ochi, K. Kojima, Evaluation of thermodynamic
consistency of isobaric and isothermal binary vapor–liquid equilibrium data
using the PAI test, Fluid Phase Equilib. 219 (2004) 75–85.

16] K. Kurihara, Y. Egawa, S. Iino, K. Ochi, K. Kojima, Evaluation of thermodynamic
consistency of isobaric and isothermal binary vapor–liquid equilibrium data
using the PAI test II, alcohol + n-alkane, +aromatic, +cycloalkane systems, Fluid
Phase Equilib. 257 (2007) 151–162.

17] O. Redlich, A.T. Kister, Algebraic representation of thermodynamic properties
and the classification of solutions, Ind. Eng. Chem. Res. 40 (1948) 345–348.

18] P.L. Chueh, N.K. Muirbrook, J.M. Prausnitz, Part II thermodynamic analysis,
AIChE J. 11 (1965) 1097–1102.
19] K.W. Won, J.M. Prausnitz, High-pressure vapor–liquid equilibria. Calculation of
partial pressures from total pressure data. Thermodynamic consistency, Ind.
Eng. Chem. Fundam. 12 (4) (1973) 459–463.

20] L.J. Christiansen, A. Fredenslund, Thermodynamic consistency using orthogonal
collocation or computation of equilibrium vapor compositions at high-
pressures, AIChE J. 21 (1975) 49–57.

[

[

uilibria 293 (2010) 1–10

21] A. Bertucco, M. Barolo, N. Elvassore, Thermodynamic consistency of
vapor–liquid equilibrium data at high-pressure, AIChE J. 43 (1997) 547–554.

22] P.L. Jackson, R.A. Wilsak, Thermodynamic consistency tests based on the
Gibbs–Duhem equation applied to isothermal, binary vapor–liquid equilib-
rium data: data evaluation and model testing, Fluid Phase Equilib. 103 (1995)
155–197.

23] J.O. Valderrama, V.H. Alvarez, A versatile thermodynamic consistency test for
incomplete phase equilibrium data of high-pressure gas–liquid mixtures, Fluid
Phase Equilib. 226 (2004) 149–159.

24] D.Y. Peng, D.B. Robinson, A new two constant equation of state, Ind. Eng. Chem.
Fundam. 15 (1976) 59–64.

25] D.S.H. Wong, S.I. Sandler, Theoretically correct mixing rule for cubic equations
of state, AIChE J. 38 (1992) 671–680.

26] H. Renon, J.M. Prausnitz, Local compositions in thermodynamic excess func-
tions for liquid mixtures, AIChE J. 14 (1967) 135–144.

27] J.A. López, V.M. Trejos, C.A. Cardona, Objective functions analysis in the mini-
mization of binary VLE data for asymmetric mixtures at high pressures, Fluid
Phase Equilib. 248 (2006) 147–157.

28] J.A. López, V.M. Trejos, C.A. Cardona, Parameters estimation and VLE calculation
in asymmetric binary mixtures containing carbon dioxide + n-alkanols, Fluid
Phase Equilib. 275 (2008) 1–7.

29] J.M. Smith, M.M. Abbott, H.C. Van Ness, Introduction to Chemical Engineering
Thermodynamics, fifth, McGraw-Hill, New York, USA, 2001.

30] Z. Knez, M. Habulin, Compressed gases as alternative enzymatic reaction sol-
vent. A short review, J. Supercrit. Fluids 23 (2002) 29–42.

31] M. Christov, R. Dohrn, Review high-pressure fluid phase equilibria experimen-
tal methods and systems investigated (1994–1999), Fluid Phase Equilib. 202
(2002) 153–218.

32] W.H. Hauthal, Advances with supercritical fluids [review], Chemosphere 43
(2001) 123–135.

33] L.A. Webster, A.J. Kidnay, Vapor–liquid equilibria for the
methane–propane–carbon dioxide systems at 230 and 270 K, J. Chem.
Eng. Data 46 (2001) 759–764.

34] K. Tochigi, K. Hasegawa, N. Asano, K. Kojima, Vapor–liquid equilibria for the
carbon dioxide + pentane and carbon dioxide + toluene systems, J. Chem. Eng.
Data 43 (1998) 954–956.

35] K. Ohgaki, T. Katayama, Isothermal vapor–liquid equilibrium data for binary
systems containing carbon dioxide at high pressures: methanol–carbon diox-
ide, n-hexane–carbon dioxide, and benzene–carbon dioxide systems, J. Chem.
Eng. Data 21 (1976) 53–55.

36] M. Akgün, D. Emel, N. Baran, N.A. Akgûn, S. Deniz, S. Dincer, Styrene–carbon
dioxide phase equilibria at high pressures, J. Supercrit. Fluids 31 (2004) 27–32.

37] N. Nagarajan, R.L. Robinson, Equilibrium phase compositions, phase densi-
ties, and interfacial tensions for CO2 + hydrocarbon systems, CO2 + n-decane,
J. Chem. Eng. Data 31 (1986) 168–171.

38] J. Guo, T. Liu, Y.C. Dai, W.-K. Yuan, Vapor–liquid equilibria of benzene and propy-
lene under elevated temperature and pressure, J. Chem. Eng. Data 46 (2001)
668–670.

39] I.P.C. Li, Y.W. Wong, S.D. Chang, B.C.Y. Lu, Vapor–liquid equilibria in systems n-
hexane–benzene and n-pentane–toluene. P–T–x–y, J. Chem. Eng. Data 17 (1972)
492–498.

40] C.M. Chang, C.C. Chen, High-pressure densities and P–T–x–y diagrams for car-
bon dioxide + linalool and carbon dioxide + limonene, Fluid Phase Equilib. 163
(1999) 119–126.

41] D.W. Jennings, R. Lee, A.S. Teja, Vapor–liquid equilibria in the carbon diox-
ide + ethanol and carbon dioxide + l-butanol systems, J. Chem. Eng. Data 36
(1991) 303–307.

42] L.C. Feng, K.W. Cheng, M. Tang, Y.P. Chen, Vapor–liquid equilibria of carbon
dioxide with ethyl benzoate, diethyl succinate and isoamyl acetate binary mix-
tures at elevated pressures, J. Supercrit. Fluids 21 (2001) 111–121.

43] W.H. Hwu, J.S. Cheng, K.W. Cheng, Y.P. Chen, Vapor–liquid equilibrium of car-
bon dioxide with ethyl caproate, ethyl caprylate and ethyl caproate at elevated
pressures, J. Supercrit. Fluids 28 (2004) 1–9.

44] M.V. Silva, D. Barbosa, P.O. Ferreira, High pressure vapor–liquid equilibrium
data for the system carbon dioxide + decanal at 288.2, 303.2, and 313.2 K, J.
Chem. Eng. Data 47 (2002) 1171–1172.

45] K.W. Cheng, M. Tang, Y.P. Chen, Vapor–liquid equilibria of carbon dioxide with
diethyl oxalate, ethyl laurate, and dibutyl phthalate binary mixtures at elevated
pressures, Fluid Phase Equilib. 181 (2001) 1–16.

46] W.L. Weng, J.T. Chen, M.J. Lee, High-pressure vapor–liquid equilibria for mix-

tures containing a supercritical fluid, Ind. Eng. Chem. Res. 33 (1994) 1955–1961.

47] H. Gardeler, K. Fischer, J. Gmehling, Experimental determination of
vapor–liquid equilibrium data for asymmetric systems, Ind. Eng. Chem. Res.
41 (2002) 1051–1056.

48] J.O. Valderrama, The state of the cubic equations of state, Ind. Eng. Chem. Res.
42 (7) (2003) 1603–1618.


	Thermodynamic consistency of experimental VLE data for asymmetric binary mixtures at high pressures
	Introduction
	Thermodynamic consistency model
	Equation of state and mixing rules
	Asymmetric binary mixtures
	Thermodynamic consistency criteria
	Results and discussion
	Conclusions
	Acknowledgments
	References


