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The ethanol steam reforming (ESR) is studied in a parallel plate reactor with square
channels of 500—2000 pm and washcoated with Pd-based catalyst. The endothermic
process is co- or countercurrently heated by means of a flue gas stream flowing through
contiguous channels. Two contiguous square channels, assumed as representative of the
whole reactor behavior, are simulated using both 1D pseudohomogeneous and heteroge-
neous models for comparison purposes. The influence of the main operating variables,
flow configuration and design parameters on the performance of the reformer has been
analyzed.

Keywords:

The reactor performance is mainly controlled by the heat supply from the flue gas to the
process stream. For low inlet temperatures of the ethanol + water feed, the countercurrent
flow configuration allows improved heat recuperation and the reactor shows a higher
performance. Conversely, when the feed is pre-heated upstream the reactor, the cocurrent
scheme appears preferable due to a more favorable axial profile of heat transferred. The

Hydrogen production

Ethanol steam reforming

Heat transfer

Square channel

Pd catalyst
channel width has a strong influence on the hydrogen production rate and the residual
methane slips when cocurrent operation is selected. For the countercurrent scheme,
a more robust design is achieved in terms of ethanol conversion and hydrogen yield for
variations in the feed temperature. Moreover, the channel dimension losses influence
provided enough small channels are considered. The heat conduction phenomenon
through the solid metal wall was studied varying the wall thickness; diminished reactor
performance for thicker walls was observed due to a drop in the heat duty.
Copyright © 2012, Hydrogen Energy Publications, LLC. Published by Elsevier Ltd. All rights

reserved.

1. Introduction easier to store, handle and transport safely than other fuels.

Some attention has been paid recently to processes for the

The production of bioethanol by fermentation of sugar cane,
corn or other agricultural waste is an attractive alternative for
the generation of hydrogen or synthesis gas, suitable for fuel
cells or the production of chemicals. Bioethanol has high
energy density and, due to its lower toxicity and volatility, is

* Corresponding author.
E-mail address: ybruschi@plapiqui.edu.ar (Y.M. Bruschi).

production of H, or synthesis gas from bioethanol by means of
catalytic ethanol steam reforming (ESR) [1-3].

Several mechanisms and kinetics have been proposed for
the ESR using different catalysts. A number of kinetic models
have been published for ESR using Ni, the most common
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catalyst for steam reforming processes [4—6]. Other experi-
mental and simulation studies also evaluated the use of Ni
based catalysts for ESR [7—10].

Simson et al. [11] carried out a kinetic and experimental
study for ESR using a Rh/Pt washcoated monolith catalyst.
Other studies have analyzed the ESR process on Pt—Ni [12], Co/
Al,03 [13], Fe—Mn promoted Co/ZnO catalysts [14], Ce—Zr—Co
oxide catalysts [15] and Ru catalysts [16].

Lopez et al. [17] performed the kinetic modeling of ESR on
a washcoated Pd-based catalyst. The authors considered three
catalytic reactions: ethanol reforming, methane reforming
and water gas shift reaction. ESR on Pd-based catalyst was
also studied by Galvita et al. [18], Goula et al. [19], Scott et al.
[20] and Hyman and Vohs [21].

Several types of reactors can be used for H, production,
depending on the process scale, the operation constraints and
the availability of raw materials. Tubular reformers are
currently used in the industrial reforming of natural gas or
heavier hydrocarbons. Other technologies, such as the Auto-
thermal Reformers (ATR) can be used in large-scale plants as
the methanol or Fisher-Tropsch synthesis [22].

Multichannel catalytic reactors have been suggested as an
alternative to carry out methane steam reforming, a highly
endothermic process [23]. Particularly, micro-/millireactors
offer a high surface to volume ratio and high heat and mass
transfer coefficients, which makes them appropriate for
processes requiring high specific heat fluxes. Microreactors
have recently received considerable attention in the literature
[24—27].

Lab-scale micro-/millireactors can be electrically heated
and isothermal conditions can usually be assumed because of
their small geometry and high heat conductivity of materials
[28]. However, for larger production scales, the heat supply
should be provided through other sources, e.g., catalytic
combustion in contiguous channels [23,29,30] or convective
heating using flue gas coming from an external combustion
chamber [23,31].

The present proposal takes this last option by considering
a combustion chamber upstream the reactor. The heat
generated in the chamber can be used not only to provide the
reaction heat but also for former steps such as the evaporation
and superheating of the feed stream (ethanol + water) up to
the reaction temperature [9,32]. The ESR process can be
improved by using ethanol as a fuel in order not to use addi-
tional fuels [9]. This work focuses on the non-isothermal
behavior of both co- and countercurrently heated reformers
of ethanol; the influence of the heat supply on hydrogen yield
and methane generation is analyzed.

2. Mathematical model

A scheme of the reactor under analysis is shown in Fig. 1a [33].
As shown, adjacent foils with square channels are used to
circulate the reactant mixture (C,HsOH + H,0) and a flue gas
stream coming from an external chamber, which supplies the
heat required for the endothermic reforming reactions.
Cocurrent and countercurrent flow configurations are adop-
ted for the simulation as shown in Fig. 1b and c. A Pd-based
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Fig. 1 — a) Schematic representation of the ESR reactor.
Details of the flow configurations under study: b) Cocurrent,
c) Countercurrent.

catalyst is assumed to be coated on the metallic micro-
channels. The following system of reactions is considered:

C,HsOH + H,0—CH, + CO, + 2H, AHgz; =873 kJ/mol (1)

CH; + H,0>CO + 3H, AHg, =205.8 kJ/mol )

Reaction (1) is assumed as irreversible, while reactions (2)
and (3) are equilibrium-limited [17].

The microreactor is represented by means of a one
dimensional heterogeneous model, subject to the following
assumptions:

Isobaric conditions: laminar flow through the channels
without pellets ensures low pressure drops.

e Heat losses from the microreactor to the environment are
neglected (the reactor is assumed to be perfectly isolated).
Axial heat conduction through the solid wall is taken into
account.

e Temperature and composition gradients in the cross section
are not taken into account (the use of small channels
supports the assumption of flat mass and temperature
radial profiles).

Uniform flowrate for all the microchannels, i.e., a proper
flow distributor is assumed [25].

Two contiguous channels (reactants and flue gas) are
modeled as representative of the whole reactor.

The balance equations for the process, flue gas and solid
phase are given below:
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Process gas

dF; 2 Acar
d_ZJ = AT Zl(ijiTi) VR (4)
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Boundary conditions

Cocurrent
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dTs
z=L {5 =0 9)
Countercurrent
F,=Fjo
z=0 {T=To (10)
dTs
%0
TH = TH.in
z=L dTs (11)
Z°_0
dz

The symbols F; and F; y represent the molar flows of species j
per channel, flowing on the process and flue gas sides,
respectively.

The differential Equations (4)—(7) along with the boundary
conditions (Egs. (8)—(11)) were discretized using second order
finite differences. The resultant algebraic system (600—1200
equations) was solved by means of a Broyden routine.

For comparison purposes, results arising from a pseudo-
homogeneous model already reported by Anzola [33] are
considered.

The operating conditions are shown in Table 1. A typical
feed composition for ethanol steam reforming is assumed
[6,16,28].

The power law kinetic expressions (rq, r» and r3) reported by
Lopez et al. [17] have been used in the simulations. The kinetic
parameters for the Pd catalyst were obtained for a steam to
carbon ratio in the range 2—4 and temperatures lower than
800 °C.

The heat transfer convective coefficients of each side were
obtained from the Nusselt expression for square channel
structured reactors proposed by Cybulski et al. [34].

The geometric parameters considered constant through
the simulations here are L = 0.08 m (channel length) and
wc = 1 pm (washcoat thickness) [28]. Similar washcoat thick-
nesses have been reported elsewhere [24,31]. A value of
k =18 W/mK for the stainless-steel conductivity was adopted
from Outokumpu [35].

The present work includes the study of the influence of
different values of the channel width (b = 500, 1000 and
2000 pm) on the reactor performance. Consequently, to keep
constant the total cross sectional free area (Ar-NC, see Table 2)
we adjusted the total number of channels in each case, which
is the same for the process and flue gas sides. In these terms,
we achieved a constant value of the linear velocity of both flue
gas and process streams (u and ug, respectively, see Table 2).

3. Results and discussion
3.1.  Influence of the heat transfer resistances

To account for the influence of the heat transfer resistances
on both sides of the metallic wall, the results of the hetero-
geneous model presented in Section 2 are compared with
those of a homogeneous model [33]. In this simplified version
of the model, the energy balance for the metallic wall (Eq. (7))
is not considered and the reaction rates are evaluated at the
temperature of the process gas. Fig. 2 shows the hydrogen
yield as affected by the channel width (b), for the two flow
configurations under analysis: countercurrent (Fig. 2a) and
cocurrent (Fig. 2b). The results were obtained for a common

Table 1 — Operating conditions.

Feed pressure, P 0.1 MPa
Total molar feed flowrate, Fy 0.127 mol/s
Steam to carbon molar ratio, S/C 3

Total molar flue gas flowrate, Fy 0.18 mol/s
Flue gas molar fractions, %

CO, 10.43

H,0 15.78

(o2 3.05

N, 70.74

Inlet temperatures on the reaction side, Ty 100—900 °C
Inlet temperature on the flue gas side, Ty in 900, 1000 °C
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Table 2 — Constant parameter values for reactants and
flue gas sides.

A7 NC = 12.45 cm? Total cross sectional free area

L=0.08m
u=741m/s
Uy = 12.9 m/s

flue gas inlet temperature (Tyin = 1000 °C) and two values of
the process gas inlet temperature (T, = 100 and 500 °C). The
remaining operating conditions are kept constant. For each
feed temperature, both models predict higher yields as the
channel width decreases, due to the availability of higher heat
transfer areas and heat transfer coefficients. However, the
heterogeneous model predicts higher hydrogen yields than its
homogeneous version, for all the studied operating condi-
tions. As it can be seen, the differences in the predictions of
both models become significant as the channel dimensions
increase. For a channel width of 2000 ym, the differences in
the calculated H, yields become as high as 84% for the coun-
tercurrent scheme with an inlet temperature of 100 °C. The
reasons of these important deviations are the significant
differences in the temperature of the solid and gas phases. In
fact, the heterogeneous model evaluates the reaction rates at
the temperature of the metallic wall, which is higher than that
of the process gas at most of the axial positions (results not

shown). Therefore, the homogeneous model leads to
a
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Fig. 2 — Hydrogen yield vs. channel width for two different
flow configurations: a) Countercurrent, b) Cocurrent.
Thin = 1000 °C.

underestimations of the ethanol conversion and hydrogen
yield. Similar results to those shown in Fig. 2 were obtained for
other operating conditions and design parameters. Excepting
reactor designs comprising channels with very small dimen-
sions (e.g., b < 200 um), the use of a heterogeneous model is
necessary to achieve adequate quantitative results. Therefore,
the upcoming results were obtained profiting the heteroge-
neous model.

3.2 Analysis of flow configuration

Fig. 3 reports results concerning ethanol conversion (a) and
hydrogen yield (b) for different values of the inlet temperature
of the process gas and for two alternatives of flow configura-
tion, namely, co- and countercurrent. As expected, both
conversion and yield increase with the process gas inlet
temperature (To) favoring not only higher ethanol conversions
but also higher degrees of conversion of the intermediate
methane, yielding extra hydrogen amounts. For relatively low
To, (e.g., condition 1 in Fig. 3) the countercurrent scheme leads
to higher performances as the feed stream can be more effi-
ciently pre-heated inside the reactor up to the reaction
temperature. Conversely, for operating conditions including
the feeding to the reactor of and externally pre-heated stream
(e.g., condition 2 in Fig. 3), the cocurrent configuration appears

a 100
god
= i
. 60
Jin)
X
1 Cocurrent
40 4 = = Countercurrent
b 20 ; . ; . ; . . .
44 Cocurrent
—~ — — Countercurrent P
T 1 -~
C)ID -
T, 3 -
O -
©
E L
T
g i
= 11
T
C -
0 —
0 200 400 600 800

T,(C)
Fig. 3 — Influence of the inlet temperature of the feed
stream on ethanol conversion (a) and hydrogen yield (b) for
cocurrent and countercurrent schemes. Ty, = 900 °C,

b = 1000 pm.
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more convenient. To clarify this analysis, Fig. 4 shows axial
temperature profiles of the flue gas (Ty), solid wall (Ts) and
process stream (T ) for both flow configurations for operating
point 1 of Fig. 3. Similarly, Fig. 5 reports results corresponding
to operating condition 2 of Fig. 3. Additionally, axial profiles of
hydrogen yield for the operating conditions under analysis (in
Figs. 4 and 5) are depicted in Fig. 6. When the reactor has to be
used to preheat a cold inlet feed (Tp = 100 °C), see Fig. 4, the
cocurrent scheme shows a rather isotherm solid temperature
at ca. 520 °C. However, this temperature level is low to achieve
a significant degree of ethanol conversion; in fact only 28% Xgr
is achieved (see operating point 1 of Fig. 3a). Conversely,
a countercurrent flow configuration allows the operation in
the last fourth of the reactor at solid temperature levels higher
than 580 °C, with a final value Ts = 735 °C. The axial T profiles
are highly non-isothermal and, at least, the first half of the
reactor is used as a simple heat exchanger to preheat the
incoming cold feed. As shown in Fig. 6, hydrogen yields are
negligible for the countercurrent scheme (for T, = 100 °C) at
z < 0.04 m and significant levels are only reported toward the
reactor outlet. Accompanying the rather flat solid tempera-
ture profile shown for the cocurrent configuration at low inlet
temperature (Fig. 4), Fig. 6 reports an axial hydrogen genera-
tion in the whole reactor length but at poor rates.

Operating conditions including an already (externally) pre-
heated feed (e.g., To = 500 °C, see Fig. 5), cocurrent operation
leads to a mean solid temperature significantly higher than in
the previous case (Tp = 100 °C) and an appreciably decreasing
behavior of temperature profile. This higher temperature level
makes possible the achievement of higher ethanol conversion
and hydrogen vyield (see Fig. 3). Interestingly, beyond
z = 0.02 m the axial T profile of the process stream surpasses
Ts, becoming this last one the coldest temperature of the three
up to the reactor end. Under these conditions, the solid phase
receives heat from both process and flue gas streams and acts
as a heat sink due to the endothermal reactions. The coun-
tercurrent scheme (Fig. 5) shows qualitatively similar

90— —

750

450

Temperature (°C)

300

T
0.00 0.02 0.04 0.06 0.08
Z(m)

Fig. 4 — Axial profiles of temperature corresponding to the
operating condition 1 of Fig. 3 for cocurrent and
countercurrent scheme. T, = 100 °C.

900
o _.._T o
] ’ :
V- T !
\ —T /
800 s ;

Temperature (°C)

0.00 0.02 0.04 0.06 0.08

Fig. 5 — Axial profiles of temperature corresponding to the
operating condition 2 of Fig. 3 for cocurrent and
countercurrent schemes. T, = 500 °C.

temperature profiles as those of Fig. 4, increasing with the
reactor length. However, the total temperature increase of the
solid is lower, ATs = 241 K, when compared with the 573 K
observed in Fig. 4. As explained for cocurrent flow, higher
mean temperature levels conduct to higher conversions and
hydrogen yields. If the feed temperature were increased under
countercurrent flow at values surpassing 550—600 °C,
a minimum in the solid temperature could occur at some
intermediate coordinate of the reactor.

Comparing the inlet-outlet temperature differences of the
flue gas stream, it can be concluded that the countercurrent
configuration leads to higher heat duties. In fact, the total heat

3
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— — Countercurrent
= /
o, /
T 27 T,=500°C /
(®) ‘\ a
° /
E ] N
T T =100°C~__/ !
= = /
2 1 N
£ P ,
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b -~
_ /
- -~ 4
0 == T T T =T T
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Fig. 6 — Axial profile of hydrogen yield for the same
operating conditions as Figs. 4 and 5.
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Fig. 7 — Influence of T, on ethanol conversion, hydrogen
and methane yield for three different channel widths.
Th,in = 900 °C.

supply, i.e., Qr = Fy Cpn (Th,in—TH,our) is higher for the coun-
tercurrent scheme for the operating conditions of both Figs. 4
and 5. However, the hydrogen yield shows a more complex
behavior. As referenced elsewhere ([33,36], an axially
decreasing heat flux profile is favorable for steam reforming
reactions. This corresponds to the case of a cocurrent config-
uration. As a result, when the feed stream is pre-heated
enough upstream the reactor (e.g., Fig. 5), a cocurrent
scheme should be selected [33]. Conversely, if the feed needs
to be pre-heated inside the reactor (Fig. 4), a countercurrent
configuration results the best option.

3.3. Influence of the geometrical parameters

The influence of the channel width (b) and the inlet temper-
ature (To) on the reformer performance is shown in Fig. 7, for
both flow configurations.

As smaller channels are selected, the heat transfer area per
unit volume as well as the heat transfer coefficients increase
considerably. For a same value of the feed temperature, the
heat transferred from the flue gas to the process side increases
as b diminishes. In terms of reactor performances, conse-
quently, ethanol conversions and hydrogen yields improve.
As seen in Fig. 7b, for low T and channel width values the
ethanol conversion is relatively high and scarcely sensitive
with respect to the feed temperature for countercurrent
scheme. Similar trends are observed for the hydrogen and
methane yield in Fig. 7d and f, respectively. As shown in Figs. 4
and 6, under these conditions the countercurrent reactor is
acting in the first section as a feed preheater. If the selected
b values are smaller enough, the available heat exchange area
is overdesigned for the process requirements, and the outlet
yields are relatively insensitive with respect to the feed
temperature.

For low T, values and cocurrent flow, conversely, the
ethanol conversion (Fig. 7a) is strongly dependent on both Ty
and b. The hydrogen and methane yields (Fig. 7c and e,
respectively) present a similar behavior to the ethanol
conversion. This fact is consistent with the reaction scheme
being considered, where the ethanol is decomposed in both
methane and hydrogen (reaction (1)).

At high feed temperatures, the ethanol conversion is
almost complete in all the cases, particularly for the cocur-
rent case. As stated before, the hydrogen yield at high T,
values is higher for the cocurrent scheme at the different
channel widths under consideration (Fig. 7c and d). At almost
complete ethanol conversion, the hydrogen yield increases
continuously with Ty due to further methane steam reform-
ing (see Fig. 7e). The cocurrent scheme is still dependent on
the selected channel width, being the countercurrent
configuration practically insensitive with respect to the
value of b.

3.4.  Axial heat transport through the solid wall

Table 3 reports results concerning the effect of the heat
transport through the metallic walls of the channels; higher
wall thickness means a wider path for heat to be axially
spread. Disregarding the selection of a co- or a countercurrent
flow configuration, higher wall thickness leads to higher iso-
thermicity of the axial profiles of the solid wall temperature
(lower ATg) and to diminished heat duties. These lower heat
duties, consequently, lead to lower ethanol conversions and
lower hydrogen yields. These results qualitatively accord with
those reported elsewhere [37,38].

Table 3 — Influence of the wall thickness (e) on hydrogen yield.

Cocurrent Countercurrent
e (um) 1000 2000 3000 1000 2000 3000
AT; (K) 74.73 62.24 54.49 396.74 363.92 340.61
Xer (%) 40.14 39.33 38.78 75.10 71.99 69.49
1y, MolH,/molC,HsOH) 0.914 0.893 0.879 1.796 1.705 1.6343
Duty (kW) 0.488 0.407 0.356 2.587 2.372 2.2212
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4, Conclusions

The effect of the design parameters on the performance of an
ethanol steam reformer has been analyzed for different
schemes of flow for the process and flue gas streams, namely,
co and countercurrent configurations.

A comparison of the results provided by using either
a pseudohomogeneous or a heterogeneous model of the
reactor points that the use of the last one becomes mandatory
to achieve accurate results of the reactor performance for
almost all the design configurations selected here (i.e,
channel widths and flow scheme).

The simulation results demonstrate that the hydrogen
yields are mainly controlled by the heat supply from the flue
gas to the process stream. For low inlet temperatures of the
ethanol + water feed, the countercurrent flow configuration
allows improved heat recuperation and the reactor shows
a higher performance. Conversely, when the feed is pre-
heated upstream the reactor, the cocurrent scheme appears
preferable due to a more favorable axial heat transferred axial
profile. The channel width (b) has a strong influence on the
hydrogen production rate and the residual methane slips
when cocurrent operation is selected. A more robust design is
achieved for countercurrent flow, in terms of ethanol
conversion and hydrogen yield for variations in the feed
temperature. Moreover, the channel dimension losses influ-
ence provided enough small channels are considered. The
heat conduction phenomenon through the solid metal wall
was studied varying the wall thickness; diminished reactor
performance for thicker walls was observed due to a drop in
the heat duty.
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Notation

a heat transfer area per unit volume 2bL/(b’L), m%/m?
Acar  catalyst area, m?

Ar cross sectional area of channels b?, m?
b width of square channel, ym

Cp,j specific heat of component j, J/(mol K)
e fin width, pm

F molar flow (mol/s)

h heat transfer coefficient, W/(m? K)

AHg i heat of reaction of reaction i, J/mol

k wall thermal conductivity, W/(m K)

L channel length, mm

NC number of channels

N number of components

P total pressure (both sides), MPa

Q total heat flux, kW

Ti reaction rate of reaction i, i=1,2,3, mol/(m2,, s)

S/C Steam to carbon molar ratio, molH,0/molC
T temperature (reaction side), °C

Ts wall temperature, °C

Tu temperature (flue gas side), °C

u average velocity, m/s

Vgr volume of reaction channel, m?

wc thickness of the washcoated catalyst, pm
XeT ethanol conversion, dimensionless

Z axial coordinate, m

Greek letters

ni yield of component i, dimensionless

vj i stoichiometric coefficient of component j for
reaction i, dimensionless

Subscripts

cat catalyst

Et ethanol

H heating gas (flue gas)

i reaction i

j component j

L at the axial coordinate z = L
0 at the axial coordinate z = 0
in inlet

out outlet
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