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Abstract Design of dryers for biological materials is a
complex problem, since in order to solve the model
equations, foodstuff physicochemical and equilibrium prop-
erties and drying kinetics should be included as a function
of water content and operating variables. Shrinkage of
biological materials under dehydration must also be taken
into account when the macroscopic balances in the bed of
drying need to be solved. The main objective of this work
was thus to develop a realistic simulation model to predict
batch deep bed drying of shrinkable biological materials.
Differential macroscopic balances for heat and mass
transfer in the air and solid phases were expressed in
moving coordinates in order to solve the problem of particle
shrinkage during drying. The equation system was solved
by the ‘method of lines’ using the Gear package for
temporal derivatives and finite differences for spatial ones.
All the parameters and physical properties required to solve
the model were taken from literature or determined
independently in lab-scale experiments. A pilot-scale hot
air batch dryer was built in order to carry out experimental
determinations during drying of slices or cylinders of
potato, apple, and carrot at diverse hot air conditions. The
appropriate choice of numerical method and initial con-

ditions gave a reliable and stable solution of the equation
system. The simulation results agreed closely to experi-
mental data on deep bed batch drying of food particles
under different conditions. The use of variable porosity and
volume due to shrinkage during drying improved notably
the predictions of the simulation model.
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Nomenclature
av particle area/volume (m−1)
aw water activity (–)
A, B constants of Eq. 19
Bimd Biot number for mass transfer (dry

zone, –)
c1, c3 constants of Eq. 17
C, D, E, F constants of Eq. 20
Cphs specific heat of wet solids (J/kg C)
Cpha humid air heat (J/kg C)
Dc drying chamber diameter (m)
G, H, J, K constants of Eq. 21
G′ mass air flow rate per area unit (kg/m2 s)
Ge air flow rate caused by shrinkage (kg/s)
Gs air flow rate (kg/s)
hg heat transfer coefficient (J/m2 s C)
jH = (hg/Cpha Gs)
Pr2/3

Colburn factor for heat transfer (–)

jM = (kg Pml Mm/
Gs) Sc

2/3
Colburn factor for mass transfer (–)

kg mass transfer coefficient (kg/kPa m2 s)
Lo initial bed height (m)
Mm air molecular weight (kg/mol)
ms dried mass (kg)
nw water flux (kg water/s m2)
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NN step number (–)
Pml logarithmic average pressure (Pa)
Pr Prandtl number (–)
pws water vapor pressure at saturation (kPa)
pw∞ water vapor pressure (kPa)
q1, q2, q3 constants of Eqs. 17 and 18
Re′ Reynolds number (–)
S cross-sectional area (m2)
Sc Schmidt number (–)
t time (s)
Ts solid temperature (°C)
Tg air temperature (°C)
vs air velocity induced into the control

volume by the shrinkage phenomenon
(m/s)

vs* speed of the solids entering the control
volume due to shrinkage (m/s)

V real volume (m3)
Vl bed volume (m3)
x spatial coordinate (m)
X water content (dry basis, kg water/kg

dry solid)
Y absolute humidity (kg water/kg dry air)
Ysat absolute humidity at the saturation

point (kg water/kg dry air)

Greeks
ΔΗs heat of sorption (J/kg)
ΔΗw vaporization heat (J/kg)
ε porosity (–)
Φ generalized drying parameter, Eqs. 15 and 16
λ moving coordinate (–)
Λ = λ/Lo dimensionless moving coordinate (–)
μ air viscosity (Pa s)
ρa air density (kg/m3)
ρs dry solids density (kg/m3)

Subscripts
o initial
m average
Λ equation based on moving coordinate Λ (not on fixed

coordinate)

Introduction

Most of drying operations related to particulate materials lie
under the classification of batch drying (Mujumdar 2006).
Design of batch dryers is thus of great importance for
industry and also the starting point in the development of
other more complex dryer designs, such as that for
continuous band dryer. In general, fixed bed batch dryers
are appropriate for solids having a defined structure before

drying (Heldman and Singh 1981). One of the main
problems with this type of dryer is obtaining a uniform
moisture distribution in the fixed bed at the end of drying.
This is due to the lack of uniformity of the air flow rate
through the bed as well as of the temperature and humidity
in each place.

Figure 1 shows a schematic of the fixed bed dryer. Four
heat and mass transfer equations are needed to represent the
design of a batch dryer and, when solved, will give
information about moisture and temperature of the product,
humidity, and temperature of the air during hot air drying.
These four variables are function of time and position in the
dryer.

Batch drying design for grains and nuts received an
important attention in the literature. Many analytical and
empirical models have been developed, predicting closely
the experimental data on batch drying of wheat, walnuts,
barley, paddy rice, etc. (Izadifar et al. 2006; Basirat-Tabrizi
et al. 2002; Devahastin and Mujumdar 1999; Sun and
Woods 1997; Farkas and Rendik 1996; Rumsey 1991;
Giner et al. 1996; Bakker-Arkema et al. 1974). However,
since nuts and grains have minimal shrinkage during drying,
these models have been developed with the consideration of
constant porosity, particle, and bed volume. Other common,
although doubtful, consideration is that time derivatives for
air humidity and air temperature are negligible, and thus,
they are not considered in many dryer models.

For high-moisture products, such as fruits and vegeta-
bles, the supposition of negligible shrinkage is no longer
valid when building the model of a fixed bed batch dryer.
Many articles in the literature have shown that not only
individual high-moisture food particles suffer extensive
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Fig. 1 Control volume in the fixed bed dryer at two drying times, t1
(a) and t1+Δt (b)
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shrinkage (up to 80%) but also shrinkage affects markedly
the bed volume and porosity during drying (Ratti 1994).
There are some fixed bed batch dryer models in the
literature considering shrinkage (Mabrouk et al. 2006;
Karim and Hawlader 2005; García-Alvarado and Herman-
Lara 2004; Ratti and Mujumdar 1995). However, some of
the previous articles take into account only the shrinkage of
single particles in order to evaluate the drying kinetics, not
considering the change in porosity and bed length during
drying (Mabrouk et al. 2006; Karim and Hawlader 2005).
Others do consider the change in bed length and particle
size due to shrinkage by evaluating the average between the
final and initial bed length values, but without changing
appropriately the macroscopic heat and mass transfer model
equations with time (García-Alvarado and Herman-Lara
2004). Ratti and Mujumdar (1995) include shrinkage of the
particle as well as that of bed length and porosity in their
mathematical model by transforming the coordinates from
fixed to moving ones. However, this model was used to
study airflow reversal in the fixed bed (Ratti and Mujumdar
1995) or for predicting solar drying (Ratti and Mujumdar
1997). No comparison of the model predictions to actual
drying data in a fixed bed dryer, or of discussion of the effect
of shrinkage on these predictions, has been reported so far.

The main goal of the present work was to analyze how
shrinkage should be taken into account for modeling fixed
bed drying of food particles. A mathematical heat and mass
transfer model was developed for simulation of a shrinking
bed of food particles undergoing fixed bed batch drying.
The results of the model will be compared to experimental
data on batch drying of carrot, potato, and apple particles of
different geometries. The effect of considering shrinkage in
the proposed model will be discussed and compared to
experimental data.

Materials and Methods

Mathematical Model

The mathematical model of a dryer consists in the energy
and material differential macroscopic balances for the air and
the food particles. In the fixed batch bed dryer, a differential
portion of the fixed bed having Δx thickness was taken as
the control volume (Fig. 1). In this control volume, constant
air temperature and humidity as well as constant moisture
content and temperature of the particles are supposed.

The key suppositions in the development of this model
were:

(a) Air flow distribution is uniform in the bed cross-section.
(b) The system is adiabatic; thus, there are no energy

losses through the dryer walls.

(c) The predominant mechanism of heat transfer for the
solid particles is external (convection).

(d) Conduction heating and contact diffusion between
particles are negligible.

When describing mathematically the heat and mass
balances for the solids and the air, it is important to note
that, as shown schematically in Fig. 1 for two different
drying times, there is a flow of solids and air inside the
control volume due to the shrinkage (air flow due to
shrinkage is marked as Ge in Fig. 1), which takes place in
the opposite direction of the main air flow Gs. Taking into
account the previous consideration, the microscopic heat
and mass balances in the solids and the air could be written:

Humidity balance in the air:

@Y

@t
� vs

@Y

@x
¼ nw av 1� eð Þ

ra e
� Gs

S ra e
@Y

@x
ð1Þ

Moisture balance in the solids:

@X

@t
� v*s

@X

@x
¼ � nw av

rs
ð2Þ

Energy balance in the solids:

@Ts
@t

� v*s
@Ts
@x

¼ av
rs 1þ Xð ÞCphs hg Tg � Ts

� �� nw $Hs

� � ð3Þ

Energy balance in the air:

@Tg
@t

� vs
@Tg
@x

¼ � hg av 1� eð Þ
ra e Cpha

Tg � Ts
� �� Gs

ra e S

@Tg
@x

ð4Þ

In Eqs. 1, 2, 3, and 4, vs
* represents the speed of the

solids entering the control volume due to shrinkage and vs,
the air velocity induced also by the shrinkage phenomenon:

vs ¼ Ge

S e ra
ð5Þ

The problem of shrinkage in the bed of particles during
drying can be undertaken by a suitable change from fixed to
moving coordinates. The material coordinates of a particle
place its position in a reference configuration (Slattery
1981). In this work, a differential volume element is
defined as the one that contains always the same amount
of dried material and for which the reference configuration
is the dried material at the initial time. From this, we can
define the new material coordinate:

t ¼ 0 dms;o ¼ rs;o 1� eoð Þ S dl ð6Þ

t ¼ t dms ¼ rs 1� eð Þ S dx: ð7Þ
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The selected element will be the one having dms = dms,o.
Thus, the reduced dimensionless coordinate (i.e., Λ = λ/Lo)
is:

d x=Loð Þ ¼ rs;o 1� eoð Þ
rs 1� eð Þ dΛ: ð8Þ

In these new material coordinates, the microscopic
balances in the deep bed result in:

Humidity balance in the air:

@Y

@t

� �
Λ

¼ nw av 1� eð Þ
ra e

� 1

S Lo

Gs

ra e
rs 1� eð Þ
rs;o 1� eoð Þ

@Y

@Λ
ð9Þ

Moisture balance in the solids:

@X

@t

� �
Λ

¼ j
nw Av

rs
ð10Þ

Energy balance in the solids:

@Ts
@t

� �
Λ

¼ av
rs 1þ Xð Þ Cphs hg Tg � Ts

� �� nw $Hs

� � ð11Þ

Energy balance in the air:

@Tg
@t

� �
Λ

¼ j
hg av 1� eð Þ
ra e Cpha

Tg � Ts
� �� 1

S Lo

Gs

ra e

� rs 1� eð Þ
rs;o 1� eoð Þ

@Tg
@Λ

: ð12Þ

The previous model will be solved with the following
initial conditions:

Λ ¼ 0

X ¼ Xo

Ts ¼ Tso
Y ¼ Yo
Tg ¼ Tgo

Λ 6¼ 0

X ¼ Xo

Ts ¼ Tso
Y ¼ Ysat Tsoð Þ
Tg ¼ Tso

8>><
>>:

8>><
>>: ð13Þ

where, at Λ≠ 0, air conditions were estimated as those in
equilibrium with the solid.

A border condition is also needed to solve the previous
equation system (Eqs. 9, 10, 11, and 12):

Λ ¼ 0 ) Tg ¼ Tgo and Y ¼ Yo: ð14Þ

Prior to solving the equation system (Eqs. 9, 10, 11, and
12), many parameters and physical properties should be
evaluated or estimated. In this model, no parameter was
fitted from the experimental data obtained in packed bed
drying (see description of the experiments later). All the
parameters and physical properties required to solve the
model were taken from literature, determined independently
in lab-scale experiments.

The water flux corresponding to the drying kinetics of a
single particle was estimated using a semi-theoretical model
previously developed (Ratti and Crapiste 1992; Fontaine
and Ratti 1999):

nw ¼ kg aw pwsðTsÞ � pw1½ �
1þ Φ=Xo

� �
Bimd

h i ð15Þ

where the parameter Φ for carrot, apple, and potato
particles of different geometries can be taken from the
following expression (Ratti and Crapiste 1992):

Φ ¼ 0:00532 X=Xoð Þ�1:079: ð16Þ

Water activity was determined from the expression
developed by Ratti et al. (1989):

ln aw ¼ �c1 X
c3 þ q1 exp ð�q2 X ÞX q3 ln pws ð17Þ

where parameters c1, c3, q1, q2, and q3 for apple, potato,
and carrot can be found in Table 1. Heat of sorption was
thus calculated from:

$Hs ¼ 1þ q1 exp ð�q2 X ÞX q3½ � $Hw ð18Þ

Specific heat of solids was obtained from the following
expression (Ratti and Crapiste 1995):

Cphs ¼ Aþ B
X

1þ X

	 

ð19Þ

where parameters A and B can be found in Table 1 for
potato, apple, and carrot.

The particle specific area (area/volume), bed volume,
and porosity can be estimated by using Eqs. 20, 21, and 22
(Ratti 1994):

av=avo ¼ C þ D X=Xoð Þ þ E X=Xoð Þ2þF X=Xoð Þ3 ð20Þ

V1=Vlo ¼ Gþ H X=Xoð Þ þ J X=Xoð Þ2þK X=Xoð Þ3 ð21Þ

e ¼ 1� V=V1 ð22Þ
The parameters C, D, E, F, G, H, J, and K are presented

in Table 1 for apple, potato, and carrot and for different
geometries.

Finally, the heat transfer coefficient in the drying bed
with through circulation of air was approximated from the
following equation (Bradshaw and Myers 1963):

jM ¼ 2:25 Re0 �0:501 ; 300 < Re0 < 3; 000 ; jH=jM ¼ 1:12

ð23Þ
where jM and jH are the mass and heat transfer Colburn
factors and Re′ = (Dc G′)/(μ(1−ε)). G′ is the air mass flow
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rate per area unit before entering the bed, Dc is the
cylinder diameter, μ is the air viscosity, and ε the bed
porosity.

Method of Resolution

Numerical resolution of heat and mass balances (Eqns. 9,
10, 11, 12) was done using the numerical method of lines.
Temporal derivatives corresponding to air humidity and
temperature, and particle temperature and moisture, were
solved using the Gear routine (Hindmarsh 1974). Spatial
derivatives were solved by finite differences. The bed was
divided in NN steps; thus, the problem resulted in a vector
of four (NN+1) equations. The Gear routine solved four
differential equations for each line in an implicit way (at a
distance Λ).

At Λ=0, the temporal derivatives of air temperature
and humidity were fixed as 0 in order to maintain
constant the condition of the air at the inlet of the dryer.
On the other hand, for Λ≠0, spatial derivatives discretiza-
tion was done by backward finite differences in order to
avoid hypothetical conditions for the air at the exit of the
dryer.

Experimental Beds of Food Particles

White potato, red delicious apple, and carrot were used in
the drying experiments. They were cut in cylinders (1-cm

diameter by 5-cm length cylinders) or slices (5-cm diameter
by 0.9-cm thickness). Particle beds containing between 140
and 200 cylinders, or 60 to 80 slices, of potato, carrot, and
apple were formed for the drying experiments.

Drying Experiments

A pilot-scale batch dryer was built with air flowing through
the particle bed. The main parts of this dryer are shown in
Fig. 2. The dryer had a root-type compressor to move the
air. Air flow rate could be controlled by a valve calibrated
with the average air velocity achieved in the drying
chamber. The batch dryer worked in a closed loop. Air
was heated to the desired temperature by passing it through
a set of calibrated heating elements and controlled with an
on–off controller. Relative humidity could be controlled by
passing the mass of air through a saturation chamber where
saturated salt solutions were sprayed continuously over the
flowing air. Air leaving the saturation chamber had the
relative humidity of the salt solution that was being sprayed
and could be kept constant throughout the drying experi-
ment since the system worked in a closed loop. Then, the
air entered the cylindrical drying chamber (made of 0.8-cm-
thick Plexiglas) and passed through a series of deflectors,
which were placed before the cylindrical drying bed (also
made in 0.8-cm-thick Plexiglas but with a screened bottom)
to uniform the velocity distribution and thus to obtain a flat
profile (plug flow) in the drying bed.

Table 1 Constants used in the estimation of several properties necessary in the dryer design

Constant Foodstuff

Potato Apple Carrot

Cylinders Slices Cylinders Slices Cylinders Slices

Aa 1.612 1.733 1.737
Ba 3.114 2.382 2.340
Cb 2.175 2.952 1.916 1.854 2.553 3.293
Db −3.194 −6.683 −1.921 −1.845 −4.888 −8.600
Eb 3.661 8.639 1.595 1.660 2.877 11.913
Fb −1.661 −3.938 −0.596 −0.678 −1.029 −5.653
c1

c 0.0267 0.182 0.170
c3

c −1.656 −0.696 −0.720
q1

c 0.0107 0.232 0.0565
q2

c 1.287 43.943 0.0835
q3

c −1.513 0.0411 1.547
Gb 0.339 0.390 0.335
Hb 1.246 1.031 0664
Jb −1.385 −0.622 0.163
Kb 0.792 0.202 −0.168

a Ratti and Crapiste (1995)
b Ratti (1994)
c Ratti et al. (1989)
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Weight measurements were done at predetermined times
in discontinuous mode using a balance placed on top of the
drying chamber, with deviation of the air through a valve
system in order to avoid erroneous measurements due to air
flow. Dried mass was obtained in a vacuum oven during
72 h at 60 °C using CaCl2 as desiccant.

Temperature and relative humidity were measured
entering and leaving the drying chamber using K-type
thermocouples and a Vaisala humidity sensor. Temperature
of the experiments was set at approximately 50 °C or
60 °C, and relative humidity was 33% (corresponding to
a saturated solution of MgCl2). Air velocity entering the
drying chamber was measured using an anemometer.
Averaged air velocities ranged between 0.1 and 3 m/s.

Bed thickness was obtained as the average of the height
measured on graduated scales placed on the side of the
drying chamber at three different positions. Bed apparent
volume was calculated by multiplying the averaged bed
height by the cross sectional area (Ratti 1994). The initial
bed length varied between 3.5 and 5.5 cm.

Results and Discussion

The number of the integration steps, NN, was optimized to
ten in order to obtain a convergent strong solution in a
minimal time. Water content, air humidity, solid and air
temperatures (X, Y, Ts, and Tg, respectively) were obtained
as a function of the dimensionless space moving coordi-
nate, Λ, and of time, t. The average water content in the bed

at each time, (X/Xo)m, was obtained from the following
calculation:

X=Xoð Þm¼
XNN
i¼1

ðX=XoÞi
 !

1=NNð Þ ð24Þ

A comparison was carried out between the model
predictions (Eqs. 9, 10, 11, and 12) and the experimental
data of drying of potato slices (Fig. 3). Model simulation of
the average water content in the drying bed had a close
agreement to the experimental pilot-scale data. Figure 3
also includes the comparison of the model predictions when
no shrinkage is considered (dotted line). The comparison
points out that if shrinkage is not taken into account, the
model values are much smaller than experimental ones, and
drying seems faster. This is certainly due to the fact that
surface area is an important parameter for mass transfer.
Therefore, if no shrinkage occurs, the available surface
area would be bigger and moisture would be lost more
rapidly. From the model predictions, it can be derived that
200 min is required to dry the bed of potato slices if
shrinkage is not considered. However, experimental data
and model predictions considering shrinkage confirmed
that the actual drying time is approximately 450 min. This
comparison was done for other food products and
geometries, giving similar results. This clearly demon-
strates that shrinkage should not be neglected when
modeling heat and mass transfer during drying of high
moisture foods in deep beds.

1

2

4

6

7

8

3

5

1

2

4

6

7

8

3

5

Fig. 2 Schematic of the pilot-
scale batch dryer. 1 Root com-
pressor, 2 Electrical heating
elements, 3 Saturation chamber,
4 Temperature and relative hu-
midity sensors (air inlet), 5
Anemometer, 6 Drying cham-
ber, 7 Balance, 8 Temperature
and relative humidity sensors
(air exit)
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The average water content and the exit air temperature
were recorded during drying of apple cylinders at two inlet
air temperatures, 62.5 °C and 47.8 °C (Fig. 4). As expected,
drying was faster at higher inlet temperatures. Its takes
approximately 200 min to complete drying at 62.5 °C,
while for 47.8 °C, the drying time is 75% longer. The
model predicts with accuracy the average water content as
well as the exit air temperature at varying inlet conditions.

The average bed drying curves of apple particles having
different geometries (cylinders and slices) were recorded
(Fig. 5). Particle geometry is an important variable for
drying; thus, it had a marked influence in drying time
during the first drying stages. Apple cylinders dry faster
than slices; however, the time to achieve complete drying
seems to be approximately the same for both types of
geometries. Simulation results (Fig. 5) agreed closely to
experimental data.

Good agreement between experimental and predicted
values was also obtained for slices of different foodstuffs
studied in this work such as apple, potato, and carrot
(Fig. 6). Most of the comparisons between experimental
data and model predictions on batch drying of different
particle geometries and foodstuffs were satisfactory. For
potato cylinders at different air velocities (Fig. 7), however,
the comparison between experimental and prediction values
is acceptable, although the model seems to approximate
better the experimental points at high air velocities used in
the dryer, i.e., when mass transfer internal control is
predominant. This could be due to the use of a heat transfer
coefficient (Eq. 16) which has been taken directly from
literature and not developed specifically for this dryer
configuration. However, the predictions are acceptable.

The proposed model can serve to understand more
deeply the behavior of packed beds (thin or deep) during
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Fig. 3 Bed average moisture content during drying of potato slices at
50 °C and 1.75 m/s: square, experimental data; dashed line, model
without shrinkage; solid line, model with shrinkage
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Fig. 4 Bed average moisture content (a) and exit air temperature (b)
during drying of apple cylinders at 0.8 m/s and inlet drying air
temperatures of 62.5 °C (circle) and 47.8 °C (square), model (solid
line)
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Fig. 5 Average moisture content during drying of apple cut in
cylinders (filled circle) at T=47.8 °C and v=0.8 m/s, or in slices (open
circle) at 49 °C and 1.04 m/s, model (solid line)
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hot air batch drying of foodstuffs. Figure 8 shows the
simulation results of moisture and temperature profiles for
potato slab drying at two bed heights (5 and 30 cm). As can
be seen, increasing the bed height has a marked impact on
drying and temperature profiles. From these results, non-
uniform moisture distribution in the final product and bad
energy efficiency (due to increased temperature difference
between the bottom and the top of the drying bed) could be
expected at higher bed heights. The results could be
extended to predict air humidity and temperature profiles
(not shown), which could be certainly useful in dryers with
air recirculation.

Conclusions

Amodel to represent heat and mass transfer of shrinkable food
particles in a batch dryer was developed. All the parameters
and physical properties required to solve the model were
determined independently from the packed bed dryer experi-
ments (in lab-scale experiments) or taken from literature. A
pilot-scale hot air batch dryer was built in order to carry out
experimental determinations during packed bed drying of
slices or cylinders of potato, apple, and carrot at diverse hot air
conditions.

The appropriate choice of numerical method and initial
conditions gave a reliable and stable solution of the
equation system. The simulation results agreed closely to
experimental data on deep bed batch drying of apple,
carrot, and potato particles under different air and particle
conditions. The use of variable porosity and volume due to
shrinkage during drying improved notably the predictions
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Fig. 6 Average moisture content during drying of slices of carrot
(filled circle) at T=49.7 °C and v=2.1 m/s, apple (square) at 49 °C
and 1.0 m/s, and potato (open circle) at 50 °C and 1.75 m/s, model
(solid line)
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Fig. 7 Bed average moisture content during drying of potato
cylinders at 60 °C and inlet drying air velocity of v=1.75 m/s (filled
square), 0.57 m/s (open circle), and 0.13 m/s (filled circle), model
(solid line)
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Fig. 8 Simulation results on moisture (a) and temperature (b) profiles
in the dryer bed at different times during drying of potato slabs at 50 °C
and 3 m/s: 30-cm bed height (dashed line) and 5-cm bed height (solid
line)
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of the simulation model, showing that shrinkage should not
be neglected in the modeling.
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