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ABSTRACT: A process for methanol production from high CO, content natural gas (50—60%) is presented and analyzed in
technical and economic terms. A conceptual design is proposed on the basis of partial hydrogenation of the feed by the reverse
water gas shift (RWGS) reaction, prior to a combined reforming operation. Both the RWGS reactor and a Lurgi-type methanol
reactor were rigorously simulated via gPROMS by taking into account kinetic expressions of commercial catalysts. The
mentioned reactors, the reformer, and the flash separator were all simulated as separate modules and interconnected as a whole
plant. The effect of CO, content, feed fraction to be hydrogenated, influence of the H,/CO ratio and the methanol recycle ratio
on the total CO, conversion, H, consumption, methanol reactor size, and CO, emissions were investigated. It was found that the
hydrogenation of 40% of a feed containing 60% CO, by using a H,/CO, ratio of 1.7 followed by a combined reforming furnace
leads to a syngas that has an optimum composition for methanol production. An economic analysis demonstrated that the
proposed process entails lower investment costs partially due to the smaller reformer size, as compared to a methanol plant of
similar production based on CH, steam reforming. On the other hand, the operating costs are higher mainly because of the cost
of H,. Consequently, a negative net present value is obtained under present market prices. However, for a feed containing 50%
CO,, the proposed process would be economically viable for a H, price of 2.4 US$/kg or a methanol price of 500 US$/ton.
Slightly higher price variations are necessary to obtain a financially feasible project for a feed containing 60% CO,. Nevertheless,
the reduced H, demand has lower economic incidence, as compared to a methanol plant based on CO, and H, as raw materials.

1. INTRODUCTION

Currently, a subject of high interest in the field of catalysis and
process engineering is the hydrogenation of CO, to produce
methanol, with a view to reducing CO, emissions and obtaining
a valuable chemical intermediate or fuel. Processes based
essentially on the separate or combined use of the reverse water
gas shift reaction (RWGS) and the well-known methanol
synthesis reaction, have been proposed. In the CAMERE
process," both reactions are carried out in separate recycling
reactors at different temperature and pressure. Another
approach” makes use of a single reactor working under typical
methanol synthesis conditions with a commercial Cu/ZnO/
Al,Oj catalyst. One of the main requirements for these designs
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is the availability of large amounts of H, generated by a carbon-
free process. To this end the electrolytic production of H,
seems to be the preferred technology,” but its application is
limited by the present cost of electricity. This is crucial because
the process requires high energy consumption, about 4.8 kWh/
m®*H,. In addition, CO, capture and recovery also have
significant influence over the economy of the methanol plant.
Therefore, the present economic opportunity for a CO,-to-
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Figure 1. Flow diagram of a methanol-production process with partial RWGS pretreatment of NG with a high CO, content.

methanol process seems to be restricted to special locations,
i.e, where both the electricity cost is rather low and there is
enough CO, available.

The commercial production of methanol is presently
accomplished via CH, steam reforming (SR) in order to
obtain the appropriate mixture of syngas (CO + CO, + H,).
Because of the simultaneous occurrence of the SR and RWGS
reactions, the amount of H, produced usually leads to syngas
with a high excess of H, (H,/CO ~ 4.5). Therefore, a certain
amount of CO, can be added to the feed to promote the dry
reforming (DR) reaction and to obtain a syngas composition
that better satisfies the requirements of methanol synthesis
(Mgynges = (H, — CO,)/(CO + CO,) = 2). The technical and
economic advantages of using natural gas (NG) with a high
CO, content to produce methanol were reported in previous
studies.”” In fact, a large methanol plant based on combined
reforming (CR) of NG, i.e,, in the presence of H,0 and CO,, is
currently in operation.” The comparison of SR with CR
processes for methanol production, when using CO, extracted
from the reformer flue gas or from carbon capture processes in
a nearby power plant, has shown that it is possible to reduce
both CO, emissions and NG consumption.”” In these studies
the injected amount of CO, was determined to obtain an M
value slightly higher than 2.

More recently, Zhang et al.” performed a detailed technical
and economic analysis of CR for methanol production,
considering two options for CO, injection: before and after
the reformer. When CO, is fed to NG in the 20—35%
concentration range and H,O/CH, ratios of 1.5 and 2.5 are
used, they demonstrated that increasing the recycling ratio led
to a higher global conversion of CO,, lower emissions, and a
higher methanol productivity.'” Furthermore, the economic
analysis concluded that both process alternatives were viable for
current NG and methanol prices and for a plant size in the
2500—5000 tons per day range.”

We have shown'' that CR of CH, is a competitive process
for obtaining syngas for methanol production by using NG with
30% CO,. In order to adjust the composition of the syngas we
have proposed the addition of H, taken from the methanol-
loop reactor. In this way the removal and emission of CO, are
avoided. More recently'” we have demonstrated that increasing
CO, content in the feed to 35—40% reduces the economic
benefits of CR for methanol production and increases the

consumption of flue gas, and consequentlz', the CO, emission
are larger. On the other hand, Roh et al."® have demonstrated
both that the economic benefits of a methanol plant based on
CR can be enhanced and that the CO, emissions reduced by
proper integration of a conventional autothermal methanol
plant with another one based on CR. In an effort to upgrade the
use of NG with a very high CO, content (>40%), as is found in
certain gas fields in Argentina,'' we have proposed and
analyzed the technical and economic aspects of a modified CR
process suitable for methanol production. The availability of a
NG feed containing 50—60% CO, has been assumed.

2. REACTOR MODELING AND DESIGN

An innovative process to synthesize methanol from natural gas
with high CO, content is presented. In this section it is shown
that the proposed process is technically feasible.

2.1. Proposed Process Schemes. Two different process
alternatives for the methanol plant are proposed and analyzed
in this paper. In the first one, which is shown in Figure 1, a
fraction of the feed (40 or 80%) is first treated in a RWGS
reactor at 600 °C and 20 bar to reduce the CO, content prior
to the CR process.

The reactants are heated from 40 to 600 °C, and the
temperature of the RWGS reactor is maintained constant. A
partial energy source for this purpose is the stream emerging
from the heat exchanger, which is employed to cool the
reaction products from 600 to 40 °C. The additional energy
required for the RWGS reactor can be obtained from the
cooling process of the reformer’s exhaust gases.

For the process in Figure 1, the introduced amount of H,
was in excess of the amount necessary for CO, hydrogenation
(H,/CO, = 1.1 or 1.7). A recycle ratio of 1.9 was adopted in
order to increase CO, conversion. Subsequently, a CR process
operating at 950 °C and 20 bar with a H,O/CH, ratio of 2.1
was introduced to produce syngas. The operating conditions
for the reformer were chosen to facilitate the combined
reforming reactions. It was demonstrated'" that operating the
reformer with H,O/CH, equal to 2.1 at 950 °C and 20 bar is
enough to avoid carbon formation. If a higher ratio were used,
the steam reforming reaction would be enhanced, but the
activity for dry reforming would decrease considerably.
Consequently, the removal and emission of CO, would
become necessary to adjust the syngas composition. To modify
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Figure 2. Flow diagram of a methanol-production process based on CR of NG with adjustable CO, content.

the quality of the syngas-to-methanol production, H, coming
from an external source (stream 18) was injected, together with
a recycle stream of pure H, recovered from the methanol-loop
reactor (stream 17).

When there is a H, surplus, this stream (stream 26) is
considered as a feed for the RWGS reactor that reduces the
external H, feed (stream 4). The concentration of H,, CO, and
CO, were selected to satisfy both the stoichiometric ratio Ry,q.
= H,/(CO + CO,) = 2.3 and the module Mpgos = 2.0 at the
entrance of the methanol loop reactor (stream 19)."" Another
important and desirable operating condition for the methanol
reactor was the concentration of CO,. A value in the range of
6—8% is recommended in order to limit the formation of water
and catalyst deactivation. Operating conditions for the
methanol reactor were 230 °C (inlet temperature) and 71
bar, while different recycle ratios were considered in an effort to
minimize the hydrogen consumption, operating costs, and CO,
emissions.

The second proposal is a process scheme that avoids the
RWGS reactor, reassembling the design of a classical methanol
plant based on SR. The corresponding flow diagram is shown in
Figure 2. In this case, the NG stream with a CO, content of
60% was either mixed with H,0O (H,0/CH, = 2.1) and fed to
the reformer or subjected to a partial or total CO, separation
process. For a partial CO, removal, testing was carried out by
reducing CO, concentration in the feed from 60 to 40%. A CR
process with this CO, content has been analyzed in a previous
work.'”> On the other hand, the complete removal of CO, was
also considered, leading to a methanol plant based on the
classical SR process, where H, separation and reinjection were
not included. To accomplish the separation of CO,, a process
using membranes was introduced as shown in the flow diagram
of Figure 2. The corresponding mass balances are reported as
Supporting Information."*

Partial and complete CO, removal, as well as H, separation,
have not been strictly simulated but only approximated as a
separation stage. The use of membranes for CO, and H,
separation is considered in the economic evaluation section
below. Both CO, and H, separation membranes are
fundamental parameters to calculate capital costs. The CO,
separation membrane was considered to be a polyamide
membrane,"* while a hollow-fiber polysulfone membrane'® was

adopted for the H, separation membrane. As for the CO,
separation membrane, it was not simulated but regarded as a
perfect separation stage instead. The CO, permeability value
was extracted from the literature to obtain the required
membrane area. In the different process alternatives, the purge
gas stream (stream 27) and NG (95% CH,; stream 28) stream
are used as fuel to satisfy the energy requirement in the
reformer.

2.2. Plant Simulation. For the analysis, a NG feed with a
CO, content of 60% was selected as a standard condition.
However, a feed with a lower content (50%) was also
considered. All calculations were performed with the aim of
achieving a methanol production of 400 000 tons/year. Some
important process variables have been fixed on the basis of
previous considerations.'! The H,0/CH, ratio at the reformer
entrance was 2.1, and the stoichiometric ratio Ry, = 2.3 was
set at the entrance of the methanol loop (stream 19 in Figures 1
and 2). In order to increase the level of CO, hydrogenation on
the RWGS reactor, a recycle ratio of 2 was chosen (stream 6/
stream 11; Figure 1).

The effect of several combinations of main parameters, like
the CO, content, fraction of the feed to be hydrogenated, H,/
CO, ratio in the RWGS reactor, and recycle ratio in the
methanol synthesis reactor were analyzed. For this purpose, 11
combinations of process conditions were defined for the
diagrams of Figures 1 and 2. An RWGS reactor to hydrogenate
a fraction of the feed was used in processes 1—7, which are
based on the scheme in Figure 1. Regarding the use of the
scheme in Figure 2, i.e., without the RWGS reactor, in case 8
the feed was considered without pretreatment, and the syngas
quality was adjusted by H, addition after the reformer. The
technical and economic effects of reducing the CO, content in
the feed to 40% or its complete elimination by a separation
process were also considered. In the former process (case 9),
the syngas obtained by CR could be used for methanol
production without H, injection as demonstrated before."' On
the other hand, the complete removal of CO, (case 10) allowed
the comparison of the developed methanol processes with one
based on the classical SR of NG. In this case, the adopted H,O/
CH, ratio was 2.7, and the recycling ratio was 4.0, which are
more in accordance with the industrial practice. Here again H,
addition was not required. Finally, the effect of partial
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Table 1. Selected Process Conditions for Methanol Production: Main Operating Parameters

methanol process identification

operating conditions 1 2 3 4
CO, content in NG (%) 60.0 60.0 60.0 60.0
CO, removal none none none none
feed to RWGS (%) 0.0 80.0 80.0 80.0
H,/CO, ratio for RWGS 1.7 1.7 1.7 1.7
recycle ratio in methanol reactor 0.5 1.0 2.0 3.0

S 6 7 8 9 10 11
60.0 60.0 60.0 60.0 60.0 60.0 50.0
none none none none partial total none
80.0 40.0 40.0 0.0 0.0 0.0 80.0
1.7 1.7 11 - - - 1.7
4.5 3.0 3.0 3.0 3.0 4.0 3.0
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Figure 3. Cooling and heating processes proposed for the RWGS reactor. The energy balance for case 3.

hydrogenation of a feed containing 50% CO, (case 11) was
considered. All of the different processes that were evaluated
and their main operating conditions are identified in Table 1.

The simulation of the methanol plant was developed by
using the PSE software gPROMS.'” Temperature and pressure
conditions for the main equipment are shown in Figures 1 and
2. The CR process was simulated assuming equilibrium
conditions, which is a valid assumption because the reaction
takes place at a high temperature. The Gibbs free-energy
minimization through the Lagrange undetermined multiplier
method was employed to determine the composition of the
emerging gas mixture. On the other hand, appropriate kinetic
equations taken from the literature'®'? were employed to
model the RWGS and the methanol synthesis reactors.

2.2.1. RWGS Reactor. Kinetic information for the RWGS
reaction in the temperature range between 400 and 550 °C is
scarce in the available literature. Nevertheless, we adopted the
kinetic model developed by Joo,"® who had used a commercial
Fe,05/Cr,0O; WGS catalyst for the experimental work. It has
been recognized by the author that this catalyst is not
appropriate for the RWGS reaction at high temperature in
excess H, (H,/CO, = 3). Under these conditions a slow
deactivation attributed to the reduction of Fe,O; was observed.
For this reason and aiming at the minimization of the use of H,
in our study, the selected H,/CO, ratio was either 1.7 or a
lower value.

Equation 1 shows the kinetic equation derived by Joo'® as a
function of the partial pressure of reactants and products, where
TRWGS is given in mol/gcath and k™ is expressed as
indicated in eq 2, with E;XVSS = 109.8 kJ /mol. In this paper, the
K., constant (eq 3) was obtained through linear regression of

the experimental data reported by Joo.'® It is also important to
remark that the model obtained by Joo represents the real or
intrinsic kinetics, because they confirmed the absence of
diffusional limitations. Joo did not mention CH, formation,
which implies that only the RWGS reaction (CO, + H, <> CO
+ H,0) occurs on the Fe,0,/Cr,O; catalyst at high
temperature.

Pooyeoma Pyo
RSR oo KeqRWGS
"RwGs =~ 1 Pco,
kR L (1)
RWGS mol
K = 7.55 X 10" exp| ——2
RT hgcatatm (2)
1 . .
K, = exp(—4166.8(?) + 10.818) (dimensionless) )
3

The reactor was considered to be operating under isothermal
conditions (600 °C). A heterogeneous model that is based on
the gas-phase mass balance in the axial direction and the mass
balance inside the catalysts particles was adopted to simulate
the RWGS reactor. Cylindrical catalyst pellets were assumed,
because it is the classical geometry for the commercial catalysts.
Mass balance inside the catalyst particle is required because it is
known that mass-transfer limitations become important when
the RWGS reaction is carried out at high temperature.””**
Equation 4 is the mass balance in the catalyst pellet.
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2
2Di,m aCc,i +D. 7 Ccri + pRSRV RSR,i =0
, or i,m 072 s RWGS (4)

For the simulation, gas and pellet mass balances were
simultaneously solved. The mass balance for the gas phase is
given by eq S. The catalyst mass (W) that is required to reach a
CO, conversion of 90% relative to the amount at equilibrium
was determined. The RWGS reactor model was solved via
gPROMS17 by using a distributed model and considering CH,
as an inert gas phase. The effectiveness factor (7pwgs™ ") was
calculated through the modified Thiele modulus method.

dXCOz _ _ RSR RSR
= —Mawgs  "RWGS

“ (s)
As mentioned before, it was assumed that the RWGS reactor
operates under isothermal conditions at 600 °C. Therefore, an
energy supply is necessary in order not only to heat the
reactants but also to maintain the temperature of the
endothermic reaction. A partial energy source for this purpose
is the stream emerging from the heat exchanger that is
employed to cool the reaction products from 600 to 40 °C. The
additional energy required for the RWGS reactor could be
obtained from the cooling process of the reformer exhaust gases
(from 1100 to 120 °C). The scheme of cooling and heating
processes proposed for the RWGS reactor is presented in
Figure 3. For case 3, both heating the reactants and maintaining
the reaction temperature require 60 650 kW, while cooling the
reaction products from 600 to 40 °C provides 34 265 kW.

Taking into account the flow rate of fuel gas in the reformer
and assuming a cooling process from 1100 to 120 °C for the
exhaust, 112 500 kW are available. This energy is partially used
to preheat the reformer feed from 600 to 700 °C (6315 kW)
and the air and fuel for the furnace (41078 kW), while another
part is employed to overheat steam (2300 kW). Consequently,
62 807 kW are still available to close the energy balance in the
RWGS reactor.

2.2.2. Methanol Synthesis Reactor. There are various
studies where the simulation of methanol production at steady
state and under dynamic conditions were performed. Lommerts
et al.*’ analyzed intraparticle diffusion limitations in methanol
synthesis through different models, ranging from a complex
dusty-gas model to a simpler Thiele modulus model. Rezaie et
al.** simulated a Lurgi reactor at dynamic conditions and also
incorporated catalyst deactivation. Manenti et al.** simulated
the Lurgi-type reactor at steady-state conditions and compared
different models to identify the pros and cons from each one.
According to Manenti et al,” a pseudohomogeneous model
based on mass balances gives results similar to those obtained
when using a heterogeneous model that is more complex and
realistic.

In the current paper, a Lurgi-type methanol reactor, which is
one of the most employed designs, has been simulated. It is a
shell and tube reactor, where the heat released by reaction is
dissipated through steam generation on the shell side. A
superficial velocity of 1 m/s was chosen in order to keep a
pressure drop of 4.5—35.5 bar along the reactor tubes. The main
reactions considered for the simulation are eqs 6 and 7.

CO, + H, & CO + H,0 AH,g = 41 kJ/mol (6)

Feo,

CO, + 3H, —» CH;OH + H,0 AH, 4 = —49.4 kJ/mol
(7)

A pseudohomogeneous model based on mass fractions, such
as the one presented by Manenti et al.”> has been used. The
corresponding mass, energy and pressure balances are given by
eq 8 to eq 10.

Miube dwi

2
_ _ j
YR =MWp, (1-¢) ) v nr,
j=1

int
(i = CH,0H, CO,, CO, H,0, CH,, H,) 8)
mtubecp dT d.
§as int
e L O U(Ty - T
Aim dz ( shell bu]k)

int

2
+p,(1—&) ), (—AH)nr;
j=1 )

2
1 — e, \)* a1 -
P —(1.75 + 150( = )) : [ ;b)
dz Re dp &, (10)

Equations 11 and 12, where rgygs ™ and ryeon are in mol/
kgcat s, are the kinetic equations considered for the simulation
process. These expressions were derived by Vanden Bussche
and Froment'? for the RWGS reaction and methanol synthesis
from CO, hydrogenation using a commercial Cu/Zn0O/AlLO;
catalyst.

MR _
Rwgs =

: [t || Preofeo
Ko Pry0
(1 + (K8K91<HZ)( sz) + VKHszZ + I<HZOPHZO) (11)

"MeOH =

/ ’ 1 Py, ofc,
k'K 21<31<41<chosz2[1 - (KMOH)(’W)]
eq

pH203pCOz
K p ’
Hy0 Hy0
[1 + (KSKQKHZ)( sz) + \/KHsz2 + KHZOPHZO]
(12)

The proper kinetic and adsorption constants, whose general
pattern is given by eq 13, are presented in Table 2.

K,=A exp(i)
RT (13)

The equilibrium constants for the reactions in eqs 6 and 7 are
defined in eqs 14 and 1S.

Table 2. Parameters for Methanol Kinetics'®

parameters coeflicients
formula units A B
7 atm™%% 0.499 17197
Ky,o atm™ 6.62 x 107 124119
Ko = 3453.38 -
KgKoKpy,
k's, K'y K3 Ky Ky mol 1.07 36 696
kgcat s atm?
K, mol 122 x 10" —94765
kgcat s atm
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RWGS
K =

(—2073/T+2.029) / 1. .
o 10 (dimensionless) (14)

MeOH __ 1~(3066/T—10.592) -2
K " =10 (atm™) (15)

The effectiveness factors to account for mass-transfer effects
in the catalytic pellet have been calculated from the modified
Thiele modulus method.”>** Catalyst properties and parame-
ters for the RWGS and methanol synthesis reactors are

reported in Table 3. Relevant data on the commercial Fe,O5/

Table 3. Catalyst Properties and Parameter Values for the
RWGS and Methanol Reactors

unit parameter value
RWGS reactor  temperature (°C) 600.0
pressure (bar) 20.0
solid catalyst density (ps™¥, kg ,/m® 1945
reactor)
particle diameter (d,, m) 6% 1073
catalyst pore diameter (dyqe m) 9x 107
bed porosity (e,) 0.4
tortuosity (7) 4
methanol inlet temperature (°C) 230.0
reactor
inlet pressure (bar) 71.0
external diameter of the tube side (in) 1.5
thickness of the tube (m) 198 x 1073

temperature of the shell side (i °C) 250.0

tube length (Lyype m) 7.0

tube thermal conductivity (W/m K) 19.0

pellet catalyst density (p.,y kgee/m® 1770.0
reactor)

particle diameter (dp, m) 547 X 1073

catalyst pore diameter (dyo m) 20 X 107

bed porosity (&) 0.39

tortuosity (z) 3.171

Cr,0; catalyst was taken from Hla et al.”® and Saw and
Nandong.”” On the other hand, properties of the Cu/OZn/
Al Oj catalyst and important reactor parameters for methanol
synthesis reactor have been taken from Manenti et al.>> The
methanol and water flash separator was also simulated by
emplogring the Soave—Redlich—Kwong (SRK) equation of
state.”>*’

In the methanol synthesis section we have simply assumed
that the outlet stream from the reformer is employed to
generate medium pressure steam, which is overheated and fed
to an extraction/back pressure turbine. This turbine generates
the necessary power to drive the recycle and syngas
compressors. Taking into account the main purpose of this
study, this classical setup does not vary significantly for the
different process alternatives analyzed in this paper. Hence, an
important influence of the energy exchange processes in the
methanol section is not expected. In fact, it would be necessary
to include natural gas pretreatment, methanol distillation and
purification, etc. in the simulation. In this way, a complete
analysis of steam import and export could be performed and
the heat exchange network could properly be defined. The
simulation of these plant sections goes beyond the scope of this
work, which essentially claims to compare conceptual designs.

2.3. Simulation Results. As stated in sections 2.2.1 and
2.2.2, mass-transfer effects should be considered when
modeling RWGS and methanol synthesis reactors. Regarding

RWGS, the kinetic equation predicted a very high rate of
reaction at 600 °C. Consequently, the effectiveness factor was
approximately 7% and remained constant with the extent of
reaction. When modeling SR, Wolf et al*' calculated the
effectiveness factor of a commercial Ni catalyst for the WGS
reaction at 700 °C at atmospheric pressure. A value of
approximately 30% was obtained for 3 mm particles with a pore
diameter of 150 nm. Moreover, they demonstrated that the
value became lower as the total pressure increased. A low
effectiveness factor is reasonable when either the particle size is
large or the activity of the selected catalyst is high; in our cases,
both conditions apply. This result suggests the convenience of
designing a catalyst with better accessibility to the reactants for
the RWGS reaction at high temperature.

Figure 4 shows the effectiveness factors 5 for the reactions
occurring in a Lurgi reactor operating with recycle ratio of 3,

0.85

MR

0S8

0.85 -

» NrRwas

08

MR

NMeOH

0.7

065 ¥ —=NMeOH === nRWGS

06 - . , - ~ , ,
0 1 2 3 ! 5 6 7
z(m)

Figure 4. Methanol synthesis reactor. Dependence on the effectiveness
factors with axial position.

versus “z” that represents the axial coordinate for the methanol
synthesis reactor. For the simulation of this shell and tube
reactor, syngas goes down through the reactor catalyst packed
tubes and the heat of reaction is removed by boiling water
circulating on the shell. For the RWGS reaction, mass-transfer
limitations are negligible. On the other hand, the synthesis
reaction presents an effectiveness factor of approximately 80%
at the reactor entrance that decreases rapidly to 60% because of
the increase in temperature from 230 to 270 °C (Manenti et
al.*). After this hot spot at z = 1 m, the effectiveness factor
increases slowly and continuously up to the initial value.
Alarifi,*° who simulated a double-tube methanol reactor using a
one-dimension heterogeneous model, recently obtained a
similar result. In his study, the effectiveness factor was obtained
taking into account the reactant and product concentration
gradients inside the catalyst pellet and kinetic equations of
Vanden Bussche and Froment."”

The results of the simulation work for each process
alternative and the different operating conditions stated in
Table 1 allowed us to determine the flow rates and the
composition of the gas streams identified on the flow diagrams
of Figures 1 and 2. The mass balance results for the different
process alternatives are 1presented on Tables S1—S11 (see the
Supporting Information*)

When 80% of the feed is hydrogenated with a H,/CO, ratio
of 1.7 (cases 1—5), the conversion of CO, in the RWGS loop
reactor is 64.2%; hence, the concentration of CO, is reduced
from 60 to 13.1%. After the product stream is merged with the
remaining unprocessed feed and the addition of water (for CR),
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Table 4. Main Mass Balance Summary for Different Methanol Process Alternatives

Feed (Kmol/h) Xco, "' Xew™  Xco™  CH,0H

process CO,+CH, (%) (%) (%) yield (%)
1 2980 64.2 87.8 32.0 56.2
2 2443 64.2 87.8 32.0 68.1
3 2106 64.2 87.8 320 78.9
4 1927 64.2 87.8 32.0 86.1
S 1897 64.2 87.8 32.0 88.5
6 1871 64.5 93.6 414 85.9
7 1883 55.0 94.5 40.4 86.0
8 1869 - 96.7 433 85.8
9 3069 - 94.3 36.3 80.1
10 5268 - 94.4 - 81.2
11 1941 64.2 87.9 21.1 86.1

By

e Fpal CO, emission ~ CO,“ overall (Km.ol/ no. tubes
(Kmol/h) (Kmol/h)  (ton/yr) conv. (%) h) (MR)
1681 S1S 638 965 -2.5 1682 2295
1015 446 430735 15.8 1952 2509
606 414 294 165 313 2132 3240
381 396 237076 40.2 2264 3955
373 326 213 536 46.8 2272 5357
283 413 226 655 44.6 2146 3865
264 471 216 355 39.7 2153 3909
277 485 239430 38.7 2027 3909
503 713 736 893 —14.8 435 4216
3425 269 1355250 —23.0 0 6852
392 471 268 197 20.7 1489.7 3932

“Overall conversion % = [(CO, in stream 1 — CO, in stream 2* — (CO, + CO + CH, + CH;OH) in stream 29]/(CO, in stream 1) bFHZ = (stream

4 + stream 18 — stream 2)

the CO, concentration is slightly reduced (12.6%). The
amount of H,O produced in the RWGS reactor is 36% of
the one subsequently needed for the CR process. At 950 °C, it
allows a further conversion of CO, and a high conversion of
CH, (87.8%), increasing the concentration of H,. After water
removal, the emerging syngas composition (stream 15)
corresponds to an M module equal to 1.32. To obtain M =
2.0, additional H, was added. It comes from an external source
(stream 18) and is recovered from the methanol recycling
stream (stream 17). In this case, the main H, consumption is in
the RWGS reactor (80%).

Regarding the methanol synthesis reactor, the main adjust-
able variable is the recycling ratio, (stream 20/stream 19) that
influences the yield of methanol, the amount of purge gas, and
the H, consumption. Consequently, for constant methanol
production, as established in our study, the recycling ratio also
modifies the amount of feed gas (CO, + CH,), the amount of
fuel gas, and the CO, emissions. The main mass balance results
are summarized in Table 4 in order to facilitate the analysis of
both the influence of the recycling ratio and the process
conditions in the RWGS reactor.

When cases 1—5 are compared, it can be observed that
increasing the recycle ratio augmented the methanol yield from
56 to 88.5% and decreased the amount of purge gas. The flow
of feed gas to be processed also decreased, and consequently,
less fuel was consumed and the CO, emissions were reduced by
67% approximately. As a result, there was a large increase in the
overall CO, conversion. On the other hand, two negative
effects of increasing the recycle ratio are the need of more H, to
adjust the stoichiometric ratio and a larger methanol reactor in
order to maintain the pressure drop nearly constant. In
addition, the increase in the recycle ratio considerably augments
the compression costs. These results are similar to those
obtained by Zhang et al,,” who employed a lower concentration
of CO, in NG, as mentioned in the Introduction. Regarding the
H, consumption, it is important to note that the amount
needed for the RWGS reactor decreases as the recycling ratio
increases, but this change is overcompensated by the higher
flow needed to adjust the stoichiometric ratio, as shown in
Figure 5. This analysis clearly reflects the strong interaction
between the syngas generation and the methanol synthesis
sections.

A comparison of the previous results with those obtained for
cases 6 and 7 allows the analysis of the effect of reducing the

3000

=$=FH2 (Stream 4)
2500 A

~li=FH2 (Stream 18)
2000 -

1500

(Kmol/h)

1000 -

H, flow

500 -

o] 1 2 3 4 5
Recycle ratio
Figure S. Dependence on the amount of H, required for the RWGS

reactor (stream 4) and for the adjustment of the M module (stream
18) on methanol recycle ratio.

amount of feed gas to be hydrogenated (case 6) and the
influence of the concentration of H, in the RWGS reactor (case
7). The concentration of CO, at the reformer entrance became
higher, but the amount of CO, and CH, converted at 950 °C
increased. However, the lower H, concentration and higher CO
+ CO, concentration relative to that of case 3 led to an M
module lower than 1. Although less H, was used in the RWGS
reactor, more extra H, was needed to adjust the stoichiometric
ratio. The total amount of H, consumed in the processes of
cases 6 and 7 was similar to the one used in case 3. The amount
of fuel needed for the reformer and consequently the CO,
emissions changed slightly relative to the quantities reported for
case 4, where the same recycle ratio was used in the methanol
reactor. Regarding the overall CO, conversion, it remained
around 40% as in cases 3 and 4 with a similar methanol reactor
volume.

When the RWGS reactor is omitted (case 8) the process
diagram is the one depicted in Figure 2, but the CO, separation
section is not used. In this case, the results are quite similar to
those of case 7. However, the amount of feed gas is the lowest
of all cases analyzed, and the required amount of H, is used
only to adjust the syngas composition. In addition, the CH, and
CO, conversion in the reformer are the highest. As a result, the
consumed amount of fuel and the CO, emissions increase
slightly and the overall CO, conversion decreases. At first, it
seems that this more simple process shows a performance
similar to those based on RWGS pretreatment. However, upon
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Table 5. Effect of RWGS Reactor on Syngas Compositions

composition (% v/v) CO,
process streams 13 14 13
cases 1—5 (with RWGS) 12.6 6.6 129
case 8 (without RWGS) 32,6 13.0 0.0

co H,0 H, CH,
14 14 13 14 14
248 19.1 217 479 16
24.8 272 0.0 345 0.5

inspection of the corresponding mass balance (see the
Supporting Information),"* it can be observed that the
concentration of CO, at the entrance of the methanol-loop
reactor (stream 19) is very high (10.4%) and that the CO/CO,
ratio is the lowest (1.9) despite the large CO, conversion. As a
result, the production of H,O in the methanol reactor reaches a
maximum value (447 kmol/h). This condition is not
appropriate from the point of view of catalyst deactivation.”**

Consequently, the results of case 8 show the importance of
introducing a partial hydrogenation of the feed when NG with a
very high CO, content is used for methanol production.

The effect of the RWGS reactor on the syngas composition
can be appreciated better by comparing the composition of the
reformer’s feed (stream 13) and the one of the produced syngas
(stream 14) in cases 1—5 with the compositions yielded in case
8. Table 5 summarizes the corresponding values, which have
also been reported in detail in Tables S1—S5 and S8 (see the
Supporting Information'*).

CO, concentration in the reformer decreases because of the
dry reforming reaction. Although the CO, conversion is larger
for case 8 (43.3%), the concentration in the emerging syngas
remains higher. The influence of the WGS reaction on CO,
concentration (CO + H,0 — CO, + H,) is negligible at 950
°C. Consequently, the importance of the RWGS reactor is clear
because it decreases the concentration of CO, in the reformer
feed. On the other hand, CO concentration is determined by
the reformer because this product, which is generated by the
RWGS reaction at 600 °C, is mainly produced by the CH,
reforming reactions at 950 °C. It can be observed that H,
concentration is higher when the RWGS reactor is used (cases
1-5) because of the H, amount present in the feed stream. In
addition, the change in syngas composition for the different
process alternatives can also be appreciated by comparing the
M module values on stream 14. For cases 1—5, the M module is
1.31, and it drops to 0.57 for case 8. This is mainly due to the
higher CO, content and the lower H, content in the syngas
when the RWGS reactor is omitted.

Regarding the H, presence in the reformer inlet, which has a
maximum of 21.77%, it certainly affects CH, conversion when
the RWGS reactor is used. It decreases from 96.7% in case 8 to
87.8% in cases 1—5. Consequently, CH, concentration in
syngas increases from 0.5% to 1.6% (see Table S). However,
the hydrogenation process followed by the combined reformer
operation is precisely the combination that allows the reduction
of the CO, to acceptable levels.

In case 9, the partial separation of CO, is accomplished
before the reforming process. The first consequence is that a
larger amount of feed gas is needed to maintain the stated
methanol production. The CH, concentration became larger,
and as the H,0/CH, = 2.1 is maintained, more H,O is injected
into the reformer, and the fuel consumption experiences a large
increase relative to the previous cases.

The partial separation of CO, plus the increase in fuel
consumption lead to a large increase in CO, emissions. The M
module after the reformer is 1.35, equal to the value for cases
1-5. To obtain M = 2, the needed flow of H, is much lower

than the amount used in the previous process alternatives. One
obvious advantage of this process is the reduction of CO,
concentration in the syngas and an increase in the CO/CO,
ratio as compared with that of case 8. With a recycling ratio of 3
in the synthesis reactor, a high yield of methanol is maintained,
but the overall conversion of CO, becomes negative. In other
words, the emitted amount of CO, is higher than the amount
that is present in the feed.

Next, the process essentially based on SR of pure CH, is
considered. By using a membrane separation process, CO, is
completely removed from the feed. As a consequence, the
amount of gas with a high content of CO, required to maintain
the methanol production is the highest and the CO, emissions
increase by a factor of 3—35 relative to the values reported for
the other process alternatives. The reformer accomplishes a
CH, conversion of 94% at 950 °C using a H,0/CH, ratio of
2.7. The resulting M module is close to 3, which is a value that
reflects an excess of H,. Consequently, no H, is added or
removed from the methanol loop. Using a recycling ratio of 4,
which is a typical value in industrial plants, the yield of
methanol reaches a high value. It is also observed in Table S3
that the amount of purge gas is quite large, and because of the
high concentration of H, (85.7%), it is used as a fuel in the
reformer. Therefore, the amount of extra fuel needed to satisfy
the reformer energy balance is low. The flow rate of syngas
mixture in the methanol reactor is 42 942 kmol/h, which is a
value that is higher than that calculated in case 5 (33 502 kmol/
h) with a recycling ratio of 4.5. As a result, both the number of
catalyst tubes and the reactor volume reach a maximum value.

Finally, the effect of using natural gas with a CO, content of
50% as a feed is also analyzed in case 11. All the other operating
conditions are similar to the ones in case 4. The first effect is a
decrease in the amount of H, needed for the RWGS reactor to
achieve a similar level of conversion. As a result, the
concentration of CO, at the reformer entrance decreases and
CH, concentration increases. As for case 4, the conversion of
CH, is not modified, but CO, conversion decreases from 32 to
21%. Another change in the reformer operation is an increase in
the fuel demand, because the H,O/CH, ratio is maintained. In
addition, higher concentrations of H,, CO, and CO, in the
product stream are obtained. Consequently, a higher M module
is obtained and less H, is needed (stream 18) to satisfy the
requirements of methanol synthesis. Although there is a clear
reduction in H, consumption, the overall CO, conversion
decreases from 40—47% (cases 4—6) to 20%.

3. TECHNO—-ECONOMIC ASSESSMENT

Taking into account that each process alternative presents
advantages and disadvantages, it became necessary to carry out
an economic analysis to identify the methanol processes that
are more competitive with the classical approach. In this
section, a preliminary analysis shows that the proposed process
for methanol production is economically acceptable in
comparison with the one based on CH, steam reforming.
This methodological approach is similar to the one employed in
our analysis of the combined reforming processes.''
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3.1. Economic Analysis. The preliminary economic
analysis presented below gives an insight into investment and
operating costs for the plant. The mean error in this estimation
is around 25—40%, being based on the conceptual design. The
following assumptions in the analysis were made:

e CO, and H, separation membranes were considered as
perfect separation stages.

e Reformed gas coming out from the furnace was
employed at the first stage for steam generation. Flue
gas at the reformer was also used to overheat this steam,
with the latter being employed at an extraction/back
pressure turbine for power generation. Generated power
was used to operate syngas and recycle gas compressors.

e DPretreatment and purification sections were not included
in the simulation. Steam requirements and process water
were estimated on the basis of the recovery for similar
production plants.

e To calculate the membrane area, eq 16 was employed,
where J; is the flux of the ith species through the
membrane and PR; is the permeation rate of the ith
species; p;) and p;, are its pressures on the product and
teedstock side, respectively. For the CO, and H,
separation membranes, their permeation rates were
taken from the literature.'*'

J;=PR(p, = p,) (16)

Capital and operating costs have been evaluated for all the
process alternatives discussed above. Grassroots capital cost
(GRCC), which is the total capital cost for a new plant, has
been estimated based on Ulrich’s method.”> The equipment
purchase costs have been calculated for 2004 and updated to
2016 from the Chemical Engineering Plant Cost Index
(CEPCI).** The corresponding values are 400 and $41.7,
respectively (see Table 6). Figure 6 shows the cost distribution
of the major equipment needed in each case.

Table 6. Relevant Parameters for the Economic Analysis

parameter

H, cost (US$/kg) 4.0
NG cost (US$/MMBTU) 4.09
high CO, content NG cost (US$/MMBTU) 2.0
cooling water cost (US$/m?) 0.057
process water price (US$/m?) 0.019
electricity cost (US$/kWh) 0.06
CEPCI (2004) 400
CEPCI (2016) 5417

The reformer is the costliest equipment for all the processes,
closely followed by the investment required for the turbine and
compressors. These pieces of equipment represent approx-
imately 50% of the plant cost. The reformer cost was calculated
as a function of the total thermal heat load for the furnace,
which is the most relevant parameter for this unit. The SR
furnace (case 10) demands the highest investment.

It is important to recall that for SR it was assumed that the
piece of equipment operates with a H,O/CH, ratio of 2.7 at
880 °C and 20 bar. This high water content is industrially
employed to prevent carbon formation. For the CR process
(cases 1—9 and 11) an H,O/CH, ratio of 2.0 was considered. A
higher temperature (950 °C) was also set in order to avoid
carbon formation at a lower H,O/CH, ratio. The reformer cost

160.00 - M CO2 separation membrane M RWGS reactor

M Turbine and compressors Methanol reactor
140.00 m Reformer
120.00

100.00 I
80.00 I
60.00
40.00
=L
1 2 3 4 5 6 7 8 9 10 11

Process

Capital cost (MMUSS)

Figure 6. Equipment cost distribution for different process alternatives
(see Table 1).

decreases when partial hydrogenation of the feed is used
because of the lower amount of CH, and H,0O. Minimum
values were obtained for processes 4 and S, where 80% of the
feed was hydrogenated and a high recycle ratio was used for
methanol synthesis. For case 11, which uses a feed with 50%
CO,, the reformer cost is slightly larger. On the other hand, the
cost of the methanol reactor represents approximately 3—9% of
the plant investment and essentially depends on the recycle
ratio. For SR the methanol reactor has the largest size. The
costs of the CO, separation equipment required for cases 9 and
10 represent 1.2 and 3.0% of the plant cost, respectively.
Finally, the use of a RWGS reactor for partial hydrogenation of
the feed, as in cases 1—7 and 11, introduces an additional
investment cost that is quite low compared with that of the
reformer, methanol reactor, and auxiliary equipment. A
comparison of the cost of methanol plants based on the
different processes, as shown in Figure 6, demonstrates that low
and quite similar values are obtained for cases 4—8. For case 11,
and mainly due to the cost of the reformer, the total cost is
about 10% higher.

Table 6 shows some economic parameters that have been
employed in the analysis of operating costs. Hydrogen as raw
material was assumed to have been obtained from a nearby
plant, which produced it through a carbon-free process, such as
alkaline electrolysis. The price of H, (4.0 US$/kg H,) was
taken from the literature.”

The price for natural gas with high CO, content (NG"<%:)
has been estimated through eq 17, which is a relationship that
involves the price of conventional NG and the heat capacity for
conventional and high CO, content NG.

LHVNGHCO2 ]

Priceg %2 = Price
NG NG
LHVyq

(17)

In contrast with capital costs, Figure 7 shows that operating
costs for cases 1—8 are considerably higher than those for
partial or total separation of CO,. This is mainly due to the
high demand and cost of H,. An intermediate value
corresponds to case 11, where a feed with a lower CO,
content was used.

First, it is important to point out that the use of partial
hydrogenation of the feed decreases the consumption of H, by
approximately 50% with respect to the necessary amount for a
similar methanol production based on CO, total hydrogenation
processes.”” In the SR process (case 10) no extra hydrogen is
required. Indeed, there is H, in excess that is burnt as fuel in the
reformer. However, the raw material cost (NG"“°?) is higher
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for SR because a high flow of pure CH, is necessary for this
process. In addition, a very high amount of CO, must be vented
to the atmosphere in order to purify the feed. In fact, the
amount of CO, emitted is greater than the amount employed
to produce methanol. This situation is well reflected by the
values of the overall CO, conversion, as shown in Figure 8.
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Figure 8. CO, overall conversion.

Aiming at the reduction of the CO, content from 60% to
40% (case 9), the alternative with partial CO, separation and
without the RWGS reactor yields the lowest operating cost
after SR. This could be a promising process, although the CO,
emissions are still high; consequently, the overall CO,
conversion is close to zero. Among the other processes that
use a feed with 60% CO,, case 8 is discarded because of the
high CO, concentration at the entrance of the methanol loop
reactor as discussed above. This leaves cases 4, 6, and 7 as the
most promising alternatives. In all of them, the H, demand and
consequently the operating costs are similar. It is important to
recall that capital cost is the lowest amount for case 6, with a
high overall CO, conversion.

The comparison between cases 6 (CR) and 10 (SR) yields
that case 6 has a lower capital cost but a considerably higher
operating cost. Therefore, it is evident that the H, price has to
be roughly 2 US$/kg to make a methanol plant based on a feed
containing 60% CO, competitive with SR. However, at present
H, cost, the combination of partial hydrogenation of the feed
with CR may become a more competitive process if the feed
contains lower CO, concentration. This situation corresponds
to case 11. As shown in Figure 8, this option reduces the overall
conversion of CO, to about 20%, maintains the CO, emissions
to an acceptable level, and reduces the operating costs.

To determine whether the corresponding methanol plant
may be attractive for a potential investor, a financial analysis
was performed in this study. In this way, the cost of H, and the
methanol’s selling price that would make the investment
profitable could be determined. We have calculated the net
present value (NPV)*® assuming a base methanol price of 406
US$/ton,”” a plant construction time of two years and a total
operating horizon of 15 years. The construction expenditure
was distributed as 60% during the first year, 25% for the second
year and the remaining 15% for the end of the second year. For
NPV calculation, a discount rate of 8% has been taken based on
some previous calculations for similar projects.’”® Fixed
operating costs, which include labor, maintenance, etc., have
been calculated from the distribution presented by Pérez-Fortes
et al.” Maintenance costs have been approximated as a 6% of
fixed capital investment.*

Figure 9 shows NPV versus hydrogen cost and methanol
price, which are the most important economic variables to
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Figure 9. NPV vs H, cost for alternative 11.

make the proposed methanol process profitable. When varying
H, cost, the methanol price was fixed at 406 US$/ton. For the
case where methanol price was varied, H, cost was fixed at 4 US
$/kg.

For an H, price near 2.4 US$/kg (40% lower than current
price), Figure 9 shows that case 11 becomes an economically
viable project. A similar NPV result is obtained when the
methanol price is around 500 US$/ton, which is approximately
24% higher than the 20185 value. If a similar financial analysis is
performed for case 6, which uses a feed containing 60% CO,,
the price of H, should decrease to 1.9 US$/kg or the methanol
selling price should increase to 570 US$/ton in order to make
the process viable.

It is interesting to compare these results with those derived
from a recent financial analysis performed for a methanol plant
of similar size based on the direct hydrogenation of pure CO,.
It was demonstrated by Pérez-Fortes et al.’ that in this case
either the cost of H, should be 1.55 US$/kg or the methanol
price should increase up to 771 US$/ton to have an
economically viable project. However, in their analysis the
price of electrolytic H, was assumed to be 3.3 US$/kg, which is
valid for the European scenario. By using this value, an NVP
equal to zero is obtained for case 11 when either the H, price
decreases to 2.4S US$/kg (26%) or the methanol price
increases to 460 US$/ton.
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4. COROLLARY

In this paper both technical and economic analyses are
conceptual, and a comparative analysis of the processes that
includes only the main energy exchanges was carried out.
Because the results are promising, for future research it would
be worthwhile to deepen the studies regarding the energy
exchange processes, particularly those related to the operation
of the RWGS reactor. For a complete energy integration it
would also be necessary to contemplate other parts from the
methanol plant, like the purification section and auxiliary
services. In comparison with the classical scheme, the main
variant of this proposal is the partial hydrogenation of the feed.
Then, this plant section would require a deeper analysis of the
heating and cooling processes. Moreover, the resulting
integrated process might be difficult to control. Although
including heat integration might certainly lead to energy
savings, an adequate control policy would also be advisible to
minimize losses and ensure safety. Then, careful controller
design would play an important role in a detailed economic
approach. In contrast, the economic analysis presented in this
work is preliminary in nature.

5. CONCLUSIONS

Methanol production from CO, hydrogenation has already
been recognized as a technically viable process that offers the
attractiveness of controlling CO, emissions due to its use as a
raw material, while reducing the consumption of fossil fuels.
However, the present cost of H, produced by water electrolysis
imposes severe economic limitations for practical applications.
As an alternative, it is demonstrated here that the availability of
gas fields of NG with a high CO, content (50—60%) or the
formulation of CO,—CH, mixtures using CO, from other
processes allow the generation of syngas for methanol
production by introducing a recycling RWGS reactor, prior to
reforming. The influence of the fraction of feed gas to be
hydrogenated, the H, and CO, concentrations, and the recycle
ratio at methanol reactor over the plant performance were
investigated. Mass and energy balances were solved using
appropriate kinetic equations for the RWGS and methanol
reactors, but assuming equilibrium conditions for the CR
process, with the aim of calculating the H, consumption, global
conversion of CO,, amount of CO, emitted, and size of the
methanol reactor. Among several process alternatives that we
investigated, it was found that hydrogenation of 40% of a feed
containing 60% CO,, using a H,/CO, ratio of 1.7 followed by a
CR furnace leads to syngas with an optimum composition for
methanol production. When using a recycle ratio of 3 for the
methanol reactor, a global CO, conversion of approximately
45% was obtained, with a lower hydrogen consumption
compared to that of the CAMERE process. In addition,
emissions are considerably reduced relative to those expected
when the high CO, content feed must be conditioned for the
classic methane SR process.

The economic analysis demonstrated that capital costs are
lower than those required by a methanol plant based on CO,
separation followed by SR, in part due to the smaller reformer
size. On the other hand, the operating costs are larger, mainly
due to the cost of H, produced by a carbon-free process. A
more favorable economic situation regarding operating cost can
be obtained when the feed contains a lower amount of CO,
(50%), because the H, consumption is reduced. Although the
amount of CO, emitted is slightly higher, the global conversion

of CO, decreases by a factor of 2, mainly due to the reduced
participation of the DR reaction in the reforming furnace.

Taking into account the lower investment costs but higher
operating costs for methanol plants that include partial
hydrogenation of the feed, a financial analysis based on current
values of H, and methanol was performed. To obtain positive
NPV results with a feed containing 50% CO,, either the price of
H, should decrease from 4 to 2.4 US$/kg or the methanol price
should increase to 500 US$/ton. For a feed containing 60%
CO,, a further decrease in the price of H, or an increase in the
methanol price is necessary for an economically viable project.
In any case, the demand of H, has a lower impact on the
economic and financial analysis, as compared with methanol
plants based on total CO, hydrogenation.

In short, as the H, price decreases slowly, the process of
partial CO, hydrogenation becomes a promising alternative,
which could be implemented prior to total CO, hydrogenation.
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B NOMENCLATURE

CR = combined reforming (CH, + CO, + H,0)

DR = dry reforming (CH, + CO,)

J; = flux of the ith species through membrane (scm/m’s)
M0 = parameter for syngas quality [(H, — CO,)/(CO +
CO,)]

NG = Natural gas

NGH©: = natural gas with high CO, content

p; = partial pressure of the ith component (Pa)

pi) = partial pressure of the ith species on the membrane’s
product side (Pa)

Pio = partial pressure of the ith species on the membrane’s
feedstock side (Pa)

PR; = permeation rate of the ith species (scm/m?s Pa)
Ryjpgs = parameter for syngas quality (H,/CO+CO,)
RWGS = Reverse Water Gas Shift

scm = standard cubic meter

SR = steam reforming (CH, + H,O)

RWGS Reactor
Ccéi = the ith concentration inside the catalyst pellet (mol/
m’)

D,,, = effective diffusivity of the ith species in the mixture
(m?/s)
Ea"WSS = activation energy (kJ/mol)

Fcozo = CO, inlet molar flow (mol/h)
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k,, = apparent rate constant of the RWGS reaction (mol/
h gcat atm)

KeqRWGs = equilibrium constant for the RWGS reaction
(dimensionless)

K, = equilibrium constant of the surface oxidation step
(dimensionless)

r = radial coordinate (m)

rrwes o} = rate of RWGS reaction at RWGS reactor (mol/
gcat h)

rrwas o = rate of RWGS reaction at RWGS reactor inside
the pellet (mol/gcat h)

Xco, = carbon dioxide conversion at RWGS reactor

W = catalyst mass (gcat)

PR = catalyst density (kg/m?)

Nrwes N = effectiveness factor at RWGS reactor (dimen-
sionless)

Methanol Reactor
A, = internal area of the tube (m?)
Cpgas = specific heat of gas (J/mol K)
d,,. = internal diameter of the tube (m)
KequOH = equilibrium constant for the methanol synthesis
reaction (atm™?)
Lype = tube length methanol reactor (m)
fitgpe = mass flow per tube (kg/s tube)
MW, = molar weight of the ith component (kg/kmol)
Re = Reynolds number
r; = rate of the jth reaction (mol/kgcat s)
rrwas T = rate of RWGS reaction at methanol reactor (mol/
kgcat s)
Ty = shell temperature at methanol reactor (K)
Ty = bulk temperature (K)
u = linear velocity of the gas (m/s)
w; = mass fraction of the ith component
z = axial length (m)
Pext = catalyst density (kgcat/m?)
Pgas = gas density (kg/m?’)
0;’ = reaction coefficient of the ith component at jth reaction
1; = effectiveness factor of the jth reaction
AH; = heat of reaction of the jth reaction (kJ/mol)
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