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ABSTRACT 

During the production of high purity lithium salts, magnesium and calcium will 

readily crystalize as either carbonates or hydroxides if their concentrations have not 

been depleted to below 2 ppm. Magnesium and calcium can be fully abated 

electrochemically by production of hydroxide anions via water electrolysis. While brine 

alkalization within an electrochemical reactor has shown great performance at proof-of-

concept level, this is not feasible at industrial scale. Solids cannot be produced, nor 

accumulated within a water electrolyzer, and membrane fouling must be avoided at all 

costs. An alternative is to work on a brine that has been fully depleted from multivalent 

cations and produce an increase in pH beyond the needs for successful crystallization of 

the hydroxides. In this way, the super alkaline brine can be used as an external 

precipitating agent that does not dilute the other key components of the brine, namely 

lithium cations. We have studied the competing ion migration between chloride and 

hydroxide anions across an anion exchange membrane in a water electrolyzer as a 

function of current density. The most important differences were observed in the 

magnitude of the changes in the solution volumes. While water electrolysis and electro-

osmotic effects were identified as processes contributing to these changes, only classical 

osmosis is responsible for the differential effects. In the range of study, applied current 

density values from 80-225 A m
-2

 produced higher hydroxide concentrations, although 

no current density values were identified to produce remarkable changes in the energy 

efficiency. Beyond pH 14, the passage of hydroxide across the membrane becomes 

faster than that of chloride.  
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1. Introduction 

Lithium has become a critical raw material for the fabrication of rechargeable 

lithium-ion batteries.[1,2] Today, lithium is mined from both hard rock ores and 

continental brines. While the largest share of current production comes from the former, 

the worldwide lithium resources in brines are much more abundant than in hard rock 

ores, and thus it is expected that in the medium to long term a larger share of production 

will come from brines.[3] When we refer to continental brines, we are referring to 

underground reservoirs within salt lakes or salars, where lithium ions are normally 

found in concentrations between 500 to 1500 ppm.[4,5] These continental brines are the 

only lithium rich aqueous sources in large scale exploitation today.[3] Though more 

diluted, lithium can also be found in other types of brines, such as geothermal deposits, 

or produced waters from the oil and gas industries, typically in concentrations ranging 

from 10 – 200 ppm.[6,7]  

The currently available technology for the exploitation of lithium rich aqueous 

sources is known as the evaporitic technology. This archaic methodology largely relies 

on brine concentration in open air ponds. Brines must lose not less than 90% of their 

original water content so that Li
+
 becomes more concentrated and the ratio of 

concentrations for Li
+
/Na

+
 becomes much higher.[4,5] Successful open air brine 

concentration requires an initial concentration of not less than 400 ppm Li
+
, flat and 

inexpensive land around the deposits, and very scarce rains, so that ponds do not get 

refilled. These conditions are only met in very few deposits worldwide. Thus more 

diluted sources are not currently under commercial exploitation.[4,5] There is, however, 

widespread interest in developing technologies that will allow for their processing, both 

because of the increasing lithium demand, and because those more diluted brines are 

more widespread worldwide.[5,8–10] 
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Interest in overcoming the limitations of the current technology for lithium brine 

processing has paved the road for the proposal of many alternative technologies, 

collectively known as Direct Lithium Extraction Technologies (DLE). These comprise 

many different physico-chemical principles,[5] including some very promising 

electrochemical ideas.[11–13] Collectively, the main limitation of all DLE is their much 

higher energy cost.[5,14] It will evidently be extremely difficult to beat the low 

operational costs of open air evaporation. The putatively high operational costs 

associated to electrochemical technologies are often argued to directly discard these in 

favour of other DLE, such as ion exchange resins, the leading competitor in the DLE 

field.[4,5] 

Lithium is a most interesting case study. A critical raw material strongly 

associated with renewable energies and sustainable mobility, it would be a huge 

inconsistency if lithium brine mining and processing would be associated to non-

sustainable practices. The evaporitic technology is more and more often criticized due 

to the huge water volumes that are lost through evaporation.[15–17] However, some 

DLE approaches often leave many open questions regarding the sustainability of their 

potential large scale implementation, most notably due to the large fresh water volumes 

that would be required during processing.[5,18] For a full sustainability analysis any 

prospective brine processing methodology must be analysed from the overall mining 

perspective. Fresh water is always available in a laboratory, ready to be used in 

technology development, but might be an extremely limited resource next to mineral 

deposits. Likewise, waste management and disposal should also be considered. Finally, 

all lithium rich brines, be them continental, geothermal, or produced waters, are much 

more concentrated in co-existing ions than in Li
+
.[4,5] Thus, these brines are an 

enormous opportunity for harvesting many more raw materials, including some critical 
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ones, such as magnesium.[5] In the circular economy[9,19] perspective, research on 

processing old mine tailings for the production of pure new products, different than the 

ones that were originally mined is a very active field.[20–22] The same applies to 

resource recovery from waste brines from desalination plants.[23–25] 

Within the circular economy perspective outlined above, we have recently 

proposed an overall electrochemical approach for the joint recovery of lithium 

carbonate and several by-products.[26–30] Our idea, schematized in Figure 1a employs 

four different water electrolyzers fitted with both anion exchange and cation exchange 

membranes. In the first stage, brine is made alkaline by direct production of hydroxide 

anions in the cathodic compartment of a water electrolyzer, where multivalent cations 

are crystallized as hydroxides. In a typical continental brine, we are able to produce 

Mg(OH)2 and Ca(OH)2.[28] Next, a large fraction of Na
+
 cations are crystallized as 

NaHCO3, which can be directly converted to Na2CO3.[26] In the final step, Li2CO3 is 

produced.[27] In all three steps, we can alternatively produce either HCl or Cl2. H2 and 

O2 are the obvious products of water electrolysis which could potentially serve for 

recovering, in a fuel cell, some of the energy originally invested. 

Electromembrane approaches for the abatement of Mg
2+

 cations are plentiful, 

based either on charge selective membranes,[31–33] or monovalent selective 

membranes.[34–38] The full abatement of divalent species is key for the ideas shown in 

Figure 1a, and for many other DLE approaches. Less well-known are electromembrane 

processes for the recovery of lithium salts, and these usually require lithium selective 

membranes[39] or extensive pre-processing.[40] The system shown in Figure 1a is 

evidently based on the well-established electrochemical principles of electrodialysis, the 

novelty is in their application to a new and highly complex chemical system.[41] Most 

Li
+
 rich brines have total salinity values of 3-4 M, with Li

+
 the most diluted species, not 
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representing more than 1 % of the total ionic content. Thus, developing all steps 

depicted in Figure 1a is key for the final successful recovery of lithium carbonate. 

Electromembrane processes in general avoid at all costs membrane fouling by 

solid formation. The chlor-alkali process, as an example, employs NaCl solutions with 

multivalent ions’ concentrations in the order of ppb.[42,43] One of the keys to develop 

the process schematized in Figure 1a is to look for ways to avoid solid formations 

within electrolyzers in general, and particularly in the vicinity of ion exchange 

membranes. One such strategy, schematized at the centre-left of Figure 1a, entails the 

use of a first batch of native brine, introduced in a sacrificial electrolyzer where divalent 

cations are fully depleted. The supernatant is then flowed towards another electrolyzer, 

and the solution is made further alkaline, so that it can be used as a precipitating agent 

in an external vessel.[30] 

In work reported here, we aim at identifying the physico-chemical phenomena 

pertaining to the potential large scale implementation of this technology. We have 

worked with artificial alkaline NaCl brines (3.1 M NaCl) and we have studied the 

competing migration across an anion exchange membrane of hydroxide and chloride 

anions from pH 13 to pH 14.5 in the current density range (40-225 A m
-2

). Our results 

show that while it is possible to reach pH values as high as 14.5, this is at the expense of 

decreasing energy efficiency. In view of technology implementation, coulombic 

efficiency here is not defined in terms of the main electrode reaction, but with respect to 

the percentage of the electrochemically produced hydroxide anions that the system can 

retain in the artificial brine of interest within the cathodic compartment. Important 

electro-osmotic and classical osmotic effects are observed with the chosen 

permselective membranes. The most important differences in results produced at 

varying current density values are observed in the extent of classical osmosis. At lower 
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applied current density, the flux of water towards the cathodic, more concentrated 

compartment is larger and hence the species of interest, both cations and hydroxide 

anions get more diluted. The results are corroborated with a real brine sample for which 

very similar conclusions were obtained as compared to the artificial brine. 

 

2. Experimental 

2.1. Electrochemical reactor 

A three-compartment water electrolyzer was designed and made in-house. The 

design has previously been reported,[29] and is shown in Figure S1. The main structure 

was made in acrylic and consisted of three identical compartments with internal 

dimensions 5 × 20 × 2 cm, and internal volume equal to 200 cm
3
, separated by two 

membranes, an anion exchange membrane (AEM) and a cation exchange membrane 

(CEM), as schematized in Figure 1b. Both membranes were from Membranes 

International, their characteristics, as specified by the manufacturer, are listed in Table 

S1. The new membranes were soaked for 24 h in NaCl 5 % before use to allow for their 

hydration and expansion. After each experiment, they were thoroughly rinsed in de-

ionized water and kept in NaCl 5 % solution. Before each experiment, membranes were 

washed with de-ionized water. The cathode was a stainless-steel wire mesh (4.8 x 19.8 

cm) with a stainless-steel sheet metal current collector (4.9 x 19.9 cm). The anode was a 

titanium mesh electrode coated with an iridium-based mixed metal oxide (IrO2/TiO2; 

65/35 %), with a perpendicular current collector (4.8 × 19.8 cm; 1 mm thickness, 

Magneto Special Anodes). The distance between electrodes was 2.3 cm. Two plastic 

meshes were placed between the electrodes and the membranes to avoid direct contact, 

and to serve as turbulence promotors. All experiments were performed with the same 

electrochemical reactors, electrodes, and membranes. 
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All experiments were run in galvanostatic mode, in two electrode 

configurations, i.e. no reference electrode was used. A simple constant current/constant 

voltage power supply was used (maximum current 5 A, maximum voltage 30 V). 

Current density values are reported with respect to the geometrical area of the 

membranes: 0.01 m
2
 each (the footprint of each electrode was only 2-5% smaller). The 

chosen current density values were all below the maximum current density reported by 

the membranes manufacturer (500 A m
-2

). Each experiment was carried out at one 

unique constant current value. The applied current did not fluctuate more than 0.1 A m
-2

 

in any experiment. The cell voltage drop between the two electrodes (Esource) was 

monitored directly from the digital screen in the power supply.  

Experiments were run in batch recirculation mode at room temperature (20 ± 2) 

o
C. All compartments were connected to a dedicated 500 cm

3
 Schott bottle, that allows 

for a larger stock of solutions, for operation in batch recirculation mode, and hence 

forced mass transfer regime. The total initial volumes for anolyte, middle and catholyte 

were 500 cm
3
 each. These volumes were constantly recirculated through the cell 

compartments using a peristaltic pump (flow rate = 17 L h
-1

, PC28 APEMA). 

2.2 Test solutions 

All solutions were prepared with de-ionized water. The anode was always filled 

with 0.05M HNO3. The middle compartment was filled with 0.07 M HCl in all 

experiments except those shown in Figure 6, where 0.01 M HCl was used. Both acids 

from Biopack, analytical grade. The cathodic compartment was filled with a solution 

made with 3.1 M NaCl (Salinas Grandes, technical grade), which was made alkaline to 

pH = 13.1 with concentrated NaOH (Biopack) solution. This solution is termed 

artificial brine in the experiments, since its NaCl composition mimics a real brine, and 
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the pH adjustment simulates pre-treatment as shown in the top left electrolyzer in Figure 

1a. 

Experiments shown in Figure 7 and denoted as real brine were performed on a 

real or native brine sample coming from a de-identified mining site in northwest 

Argentina that had been made alkaline (pH = 13.1) in an electrochemical reactor as 

shown in the top-left corner of Figure 1a in order to remove Mg
2+

 and Ca
2+

. 

Concentrations in this sample were: [Li
+
] = 622 ppm; [K

+
] = 5200 ppm; [Na

+
] = 116.3 g 

L
-1

 [Cl
-
] = 174.2 g L

-1
; [B] = 919 ppm; [   

  ] = 20.0 g L
-1

. 

2.3 Analytical measurements 

0.5 cm
3
 samples were taken from both the middle and cathodic compartments at 

regular intervals to measure concentrations evolution with time. Acid-base titration was 

used to precisely determine     and H
+
. Chloride anions concentration was determined 

using Mohr’s method. The titrant solution was 0.02 M AgNO3 (Biopack). 5 % K2CrO4 

(Cicarelli) was used as colorimetric indicator. 

2.4. Calculations 

The energy efficiency for the increase in     concentration in the cathodic 

compartment was defined as: 

      
([   ]     [  

 ]    )  

∫     
 
 

         (eq. 1) 

where [   ]  and [   ]  (M) are concentrations of hydroxide anions, and V0 and Vn  

(L) are solution volumes in the cathodic compartment, 0 and n refer to initial value and 

value at time n, respectively; F is the Faraday constant; i (A) is the applied current; and t 

(s) is the electrolysis time. 

The electrochemical energy consumption per volume of treated brine was 

calculated according to: 

  ∫
            

  

 

 
       (eq. 2) 
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where         (V) is the voltage drop in the cell. 

 

3. Results and discussion 

In our first report on the ideas schematized in Figure 1a, a native brine was 

directly fed to the cathodic compartment of a water electrolyzer.[28] That setup showed 

that it was possible to fully deplete Mg
2+

 and Ca
2+

 cations from the brine. However, 

Mg(OH)2 and Ca(OH)2 solids were formed within the electrochemical reactor, and 

hence after batch processing a few litters of brine, the system had to be thoroughly 

cleaned, to remove the solids from within the reactor.[28] Next, we proposed a 

modification of that original setup, as shown to the left and centre of figure 1a. A first 

and unique batch of a native brine is introduced in the cathodic compartment of a first 

electrochemical reactor (top left of Figure 1a). As the brine is made alkaline, the 

divalent cations crystallize as hydroxides, as in the original report, and all solids are 

settled and filtered. The supernatant, which should have reached a pH where multivalent 

species are no longer present (pH ≈ 13) is introduced in the cathodic compartment of a 

second electrolyzer (bottom left of Figure 1a). In what is now called STAGE I, the Li
+
 

solution, previously depleted from divalent cations, is made more alkaline (pH > 14). 

We will call the outflow of this process super alkaline brine. This super alkaline brine is 

used as a precipitating agent and is mixed in an external vessel with native brine that 

contains divalent cations. Because the external vessel is not an electrochemical reactor, 

and does not contain any membranes the crystallization of large amounts of solids 

within that vessel is not an issue. If a stoichiometric amount of     anions is mixed 

with the native brine, then Mg(OH)2 and Ca(OH)2 will readily crystallize. A small 

fraction from the supernatant is fed back to STAGE I, in order to prepare more super 
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alkaline brine. The larger fraction of the supernatant is ready for further processing 

(STAGES II and III, to the right of Figure 1a).[30] 

There are important differences between this strategy and a chemical 

alkalinisation (with CaO, or NaOH, for example).[44] Firstly, from a logistic point of 

view, there is no need for the constant shipping of chemicals to the often remote 

locations where brine deposits are located. Secondly, chemical alkalinisation makes the 

brine more complex,     anions come along with more cations. Thirdly, chemical 

reactants such as CaO or NaOH are most commonly added either as concentrated 

solutions, or at least in the form of suspensions of solids. Thus, more water is 

introduced in the system, further diluting Li
+
 cations, and consuming freshwater, which 

is usually scarce in these regions, as already pointed out. 

Figure 1 shows a schematic representation of the electrolyzer used throughout 

this work. The chemical species present in the anodic and cathodic compartments limit 

the possible oxidation and reduction reactions to classical water electrolysis: 

At the anode:        
 

 
  ( )     

 (  )      (eq. 3) 

At the cathode:         
        (  )     ( ) (eq. 4) 

Figure 2a shows the pH increases in the cathodic compartment as the 

electrolysis advances, an expected behaviour following eq. 4. The electrochemical 

reactions at the electrodes produce an electrical charge imbalance in both anodic and 

cathodic compartments, and thus, cations are forced to migrate from the anodic 

compartment across the CEM to the middle compartment, while anions migrate from 

the cathodic compartment across the AEM to the middle compartment (ionic migrations 

schematized in Figure 1b). Because H
+
 produced at the anode migrate to the middle 

compartment, there is a marked pH decrease in the middle compartment, as shown in 

data plotted in Figure 2a. 
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In Figure 2a no appreciable differences can be seen in the pH evolution with 

applied current density. Because logarithmic scales might hinder small variations, 

Figure 2b shows the hydroxide anions’ concentrations in the cathodic compartment in 

molar units. We can observe that [   ] seems to increase more slowly for the 

experiment at 40 A m
-2

, while all other four experiments show indistinguishable results, 

within experimental error. Figure 2b does not show a linear increase for [   ] with the 

amount of electric charge. Figure 2c is a graph of       with the advancement of 

electrolysis. This variable has been defined to assess the efficiency in conserving the 

hydroxide anions produced at the cathode within the cathodic compartment. This is not 

a classical coulombic efficiency.       is a coulombic efficiency, in the sense that it 

quantifies the percentage of electric charge that is used for a defined aim (in here, 

increasing the pH in the cathodic compartment).       is calculated from the start of the 

electrolysis (eq. 1), and Figure 2c shows that the       decreases from 100 % since the 

start of the process. Thus, when a 60 % efficiency is calculated at 400,000 C       
  , the 

instantaneous efficiency at that point is much lower than 60 %.  

We should at this point remember that our technological objective is to increase 

the pH in the cathodic compartment at the lowest possible electric energy cost. Our 

original strategy was to produce hydroxide anions in situ at the cathodic compartment of 

a water electrolyser to directly crystallize Mg(OH)2 and Ca(OH)2.[28] The large 

majority of native brines contain a concentration of chloride anions which is no less 

than 3 M, and pH values below 8.[4–6] Thus, at neutral to mildly alkaline pH values, it 

is the chloride anions that are almost exclusively responsible for charge transfer across 

the membrane. Even at pH = 12, chloride anions are still 2 orders of magnitude more 

concentrated than    . Thus, in the original strategy, while inviable from the 

perspective of solids accumulation within the reactor, the energy efficiency was close to 
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100 %.[28] Unfortunately, as the concentrations of chloride and     become 

comparable, both species will participate in charge transfer, which is what Figures 2b 

and 2c are undoubtedly showing. Thus, while it is certainly possible to continue to 

increase the pH the coulombic efficiency becomes much lower, the higher the pH. 

Conversely, the higher the pH of the super alkaline brine, the smaller the required 

amount of this solution that will be necessary to fully deplete the divalent cations in the 

native brine, and the lower the associated pumping costs. 

Figure 3 shows that during the electrolysis important volume changes are 

produced. The solution volume in the middle compartment increases, while the solution 

volume in the anodic compartments decrease for all 5 current density values tested. The 

solution volume in the cathodic compartment decreases for current density values of 50 

A m
-2

 or higher, and it increases very slightly for the experiment at 40 A m
-2

. The 

volume changes can be attributed to three different phenomena: 1- water oxidation and 

reduction (eq. 3 and 4); 2- electro-osmosis, i.e. water molecules being transferred with 

the migrating ions across the membranes to the middle compartment; and 3- osmotic 

effects due to different total particle concentrations in each compartment. If we analyse 

more carefully the magnitude of the volume changes for the different experimental 

conditions, all three phenomena seem to be combined. 

Firstly, water electrolysis cannot explain the volume changes in the middle 

compartment. Secondly, the magnitude of the volume changes produced by water 

electrolysis should be current independent, as long as no parasite reactions are produced 

at the electrodes. These are not expected, considering the composition of the anodic and 

cathodic solutions, and the chemical resistance of the two electrodes. Thirdly, the 

volume decrease in the anodic solution should be half of the volume decrease in the 

cathodic solution, following Faraday’s law, which is not the case for any experiment. 
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Following Faraday’s law, water losses of 56 and 28 g should be observed at the cathode 

and anode, respectively after 300,000 C       
   have circulated. In contrast, figures 3a 

and 3c show volume decreases of 0.463 L and 0.035 L (50 A m
-2

), and 0.230 L and 

0.170 L (225 A m
-2

), for anodic and cathodic solutions, respectively. Thus, the ratio of 

change is not in agreement with Faraday’s law, nor are the experimental numbers with 

expected losses for any of the two extreme current density values (we agree that water 

mass values do not equate to solution volume changes, but corrections by solution 

densities could not explain those differences either). Finally, water losses following 

Faraday’s law should be current density independent. 

In principle, electro-osmotic effects should also be independent of current, 

unless a much different current value would trigger the preferential transfer of certain 

ions over others and the different ions would have different amount of water molecules 

in their hydration shells.[45] However, there is only one species that can be transferred 

across the CEM, H3O
+
. In turn, only small differences in the amounts of both chloride 

and hydroxide anions that migrated to the middle compartment were determined. Thus, 

neither water loss through electrolysis, nor electro-osmosis can explain the different 

changes in solution volumes as the applied current density is varied. 

The explanation seems to be the osmotic effects. Data obtained at different 

current density values can be directly compared by plotting results as a function of total 

circulated charge instead of as a function of time.  However, experiments with lower 

applied current density values evidently expand for longer time intervals.  Thus, in an 

experiment that lasts longer, there is more time for water passage from the anodic 

compartment (roughly constant total particles’ concentration of 0.1 M) to the middle 

compartment (total particle concentration starting at 0.14 M and steadily increasing, see 

figure 3). In lower current experiments, there is also ample time for large osmotic 
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effects from the middle to the cathodic compartment. This last osmotic water flow 

counteracts both the electro-osmotic flow (direction catholyte-middle compartments) 

and the loss of water by electrochemical reduction. 

For example, circulating a total of 200,000 C       
   required 5.89 days and 1.03 

days at the two extreme current density values of 40 and 225 A m
-2

 (0.4 and 2.25 A 

effectively applied, membrane area was 0.01 m
2
). The amount of water that can be 

transferred driven by classical osmotic effects over a membrane area of 0.01 m
2 

in a 

time interval extending up to 6 days is certainly much larger than the amount of water 

transferred in only 1 day. According to the manufacturer (Table S1) for the membrane 

size used in these experiments, the water permeability of both AEM and CEM at an 

applied pressure of 0.352 atm should be not higher than 0.323 mL h
-1

. However, the 

osmotic pressure developed for concentration differences in the order of 6 M (at the 

start of the experiment between middle and cathodic compartment) will be over 100 

atm,[46,47] and thus the water permeability could increase to values higher than 0.323 

mL h
-1

. The precise figures will also vary constantly, since the total number of particles 

continuously changes in all 3 compartments. The osmotic pressure from the middle to 

the cathodic compartment will decrease as the electrolysis advances, and therefore the 

water permeability will also decrease. Over 300,000 C       
   are necessary to 

equilibrate the total amount of particles in the middle and cathodic compartments. 

Overall, these numbers corroborate our hypothesis that classical osmotic effects are 

behind the varying changes in solution volumes with applied current density.  

Figure 4 shows the evolution of chloride concentration in the cathodic and 

middle compartments (panels a and b, respectively). The observed behaviour is in line 

with the evolution of     concentration in the cathodic compartment. Chloride 

concentration decreases in the cathodic compartment, while it increases in the middle 
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compartment, but while both changes are monotonous, neither are linear. This is in line 

with chloride being the major anion responsible for charge transfer at pH ≈ 13, while 

this role becomes to be shared with     slowly but steadily as the pH increases. Figure 

4c shows the evolution of   concentration in the middle compartment, which is not 

linear either, due to a certain degree of neutralization as the transfer of     to the 

middle compartment becomes non-negligible. 

It is interesting to observe that while hardly any differences were observed for 

    concentration evolution in the cathodic compartment for experiments at varying 

current densities, differences are much more evident for    and chloride concentrations 

in both compartments. In the middle compartment, both chloride and    show higher 

concentrations in the experiments at higher current density values. These correlate well 

with the volume increases in the middle compartment being lower at higher current 

densities, i.e. the same amount of chloride anions and    are transferred to this 

compartment, but these are mixed in a lower volume of solution.  

Figure 5a shows the voltage drop between the electrodes (Esource) as a function 

of total circulated charge for the different current density values tested. For the three 

experiments performed at lower current density values (40-80 A m
-2

) it takes about 

10,000 C       
   to reach a steady Esource value. The voltage drop starts at considerable 

higher values than the equilibrium value, which is attributed to the low total ionic 

concentration in the middle compartment (0.07 M HCl). A very quick estimation 

indicates that after 10,000 C       
   the ionic concentration in the middle compartment is 

multiplied by 2.5 from its initial value (0.17 M HCl), decreasing the solution resistance 

in the middle compartment from about 1.5 to 0.5  (molar conductivity of HCl is 398.9 

and 391.1 S cm
2
 mol

-1
 at 0.05 M and 0.1 M, respectively[48]). The increase in 

concentration in the middle compartment will also reduce the membranes’ resistance 
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values, since those resistances are a function of the solution concentration they are in 

contact with. We also observe that for the two experiments at higher applied current 

density values (125 and 225 A m
-2

) it takes a larger amount of current density to reach a 

steady state value for Esource (about 100,000 C       
   ). 

Figure 5b is a current-voltage curve for the overall system. While this is not the 

classical way of studying electrodialysis type of systems, data in Figure 5b still suggests 

that a change of mechanism in ionic transport across the system seems to be taking 

place beyond 125 A m
-2

. Up to that current value, a quasi-ohmic region is observed, 

where a linear relationship is observed between current and voltage. The effective 

resistance[49] up to 125 A m
-2

, taking in consideration the resistance of the two 

membranes, the solution in the bulk of the middle compartment and  the depleted and 

enriched diffusion layers in the vicinity of each membrane, can be estimated at 1.54 , 

a value that is not far from the summation of the resistance in the bulk of the middle 

compartment and the resistance of the two membranes (see Table S1). The change in 

mechanism in ionic transport is likely associated to the observation that it takes longer 

for the Esource vs. circulated charge curve to reach steady state. 

Figure 5c is the calculation of the electrical energy consumption for the overall 

process. It is interesting to observe that there are hardly any changes in the energy 

consumption of experiments performed at 40 and 50 A m
-2

. Even more striking is the 

observation that there are hardly any changes in energy consumption in experiments 

performed at 125 and 225 A m
-2

. This is explained both by the very low Esource value 

difference once a steady Esource is reached. In addition, we observe that up to about 

76,000 C       
   Esource is actually higher for the experiment at 125 A m

-2
. These 

calculations do not take into consideration the energy consumed in solution pumping. In 

these experiments, the energy consumed in the pumping should be invariable with 
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applied current density since the same flow rate was used in all experiments. However, 

optimization of the methodology also entails optimizing the forced mass transfer 

regime, and thus the required flow rate should be higher when increasing the current 

density in order to minimize the diffusion layer and avoid water splitting at the 

membranes.[50,51] 

Within experimental error, the same     concentration in the catholyte is 

reached for the same amount of circulated charge for all current density values between 

50 and 225 A m
-2

. Thus, from the perspective of decision making, it would seem that an 

equilibrium current should be found, between the increased operational costs of 

working at higher current densities and the lower capital costs of implementing a 

reduced amount of electrochemical reactors to achieve the same production capacity at 

higher current density. However, there is still one more variable that should be 

considered. Figure 3c showed that the volume decrease in the catholyte is larger for the 

larger current density values. If we recall the original aim behind the technology 

development, a reduced volume for the aqueous solution containing the valuable raw 

materials is of great importance. A volume reduction of as much as 20 % can be reached 

by working at 125 or 225 A m
-2

, as compared to 40 or 50 A m
-2

. 

Recalling Figure 1a is helpful to understand why a reduced volume in the 

catholyte is useful for the consequent processing steps. In the non-electrochemical 

reactor at the centre of the figure, the super alkaline brine (solution at pH > 14) will be 

mixed with a native brine containing Mg
2+

 and Ca
2+

. With a Ksp value of 5.61 × 

10
−12

,[48] Mg(OH)2 is highly insoluble and will readily crystallize upon addition of the 

super alkaline brine, around pH ≈ 10.[29] However, the Ksp value of Ca(OH)2 is higher, 

at 5.02 × 10
−6

,[48] and thus, not only a higher pH will be needed to achieve its 

crystallization, but also it is desirable to avoid its dilution as much as possible, since 
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with that Ksp value remnants of Ca
2+

 could remain. Next, after the full depletion of 

multivalent species, the brine needs to be processed in two further electrochemical 

systems (Figure 1a, 2 reactors to the right). In those systems, we aim to crystallize 

NaHCO3 and Li2CO3, both of which have non-negligible solubilities. Particularly Li
+
 is 

already very diluted in native brines (100 – 1500 ppm). Thus, promoting its 

concentration will help its recovery in subsequent steps. In the overall strategy that we 

propose in Figure 1a, the largest concentration increase is achieved in the last two 

electrochemical reactors. This is done by working with a much reduced solution volume 

in the recovery compartments (catholyte) as compared to the middle compartments.[27] 

However, the increase in concentrations that can be achieved in electrodialysis type of 

systems is not unlimited. Thus, up-concentrations achieved in previous steps are 

certainly welcome. 

An experiment was performed with a reduced HCl concentration in the middle 

compartment, in order to test whether this change would promote a preferential transfer 

of chloride anions over hydroxides from the catholyte. Results for the two different HCl 

concentrations (all other conditions were the same) are shown in Figure 6. The most 

striking difference is the observation that the     concentration in the cathodic 

compartment is 16 % higher (Figure 6b) in the experiment performed with lower initial 

HCl concentration in the middle compartment. That higher     concentration 

translates in a higher efficiency in conserving     in the cathodic compartment (Figure 

6c). That is, chloride anions cross the AEM at a slightly higher rate in the experiment 

with lower HCl concentration (Figure 6d). Surprisingly, there are marked differences in 

the magnitude of the volume changes in the three compartments, a phenomenon that we 

tend to associate to regular osmosis, but for which we do not have a closed explanation. 

As expected, the initial voltage drop between the electrodes was much higher for diluted 
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HCl in the middle compartment (Figure S2). However, Esource drops very quickly and 

before 10,000 C       
   the two values are roughly the same.  

We performed one final experiment to see how the electrolytic system would 

behave with a real brine. Results in Figure 7 show a few differences with experiments 

performed on the artificial brine. Firstly, the voltage drop is 12 % higher for 

experiments performed on the artificial brine (Figure 7a). We hypothesize that this 

could be due to a higher viscosity in the real brine, as well as to the presence of    
   

and borates species that will have a more sluggish transport than chlorides and 

hydroxides. The volume decrease for the solution in the cathodic compartment (Figure 

7b) is 10-15 % larger for the artificial brine, a phenomenon for which we do not have 

yet an explanation. At 216,000 C       
  , the hydroxide anions concentrations are 1.76 

and 2.28 M, in the artificial and native brine respectively (Figure 7d). This difference is 

not explained by a considerably larger efficiency in retaining hydroxide anions in the 

cathode (efficiency values are 66.6 and 68.1 % respectively, Figure 7f). The difference 

stems from the larger volume decrease in the catholyte for the real brine, that results in 

the same total amount of anions being more concentrated. 

 

4. Conclusions 

We have studied the competing ion migration between chloride and hydroxide 

anions across an anion exchange membrane in a water electrolyzer as a function of 

current density. The most important differences were observed in the magnitude of the 

changes in the solution volumes in each of the compartments. While water electrolysis 

and electro-osmotic effects were identified as processes contributing to these changes, 

only classical osmotic effects are responsible for the differential effects of current 

density on the volumes. In the range of study, applied current density values from 80-
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225 A m
-2

 produce slightly higher ⌈   ⌉ concentrations values, although no current 

density values were identified to produce remarkable changes in the energy efficiency, 

defined here as the capacity of the system to retain the hydroxide anions within the 

catholyte solution.  

When fully new ore processing technologies are thought, it would be ideal to 

develop ideas that target for the joint or concomitant harvesting of more than one 

product from the native ores. Coming back to brines, no by-product is likely to reach the 

high price of lithium carbonate in the near future, at about 70,000 US$ tonne
-1

 in early 

2023. However, the income from selling by-products will always help to cope with the 

higher energy costs of DLE technologies as compared to the evaporitic technology. The 

ideas discussed in this work, aim for the production of Mg(OH)2 and Ca(OH)2 as by-

products in the overall production of Li2CO3. We should recall once again that 

production of by-products results in lesser amounts of waste, and thus, leads to higher 

sustainability. 

While these results are useful to reflect on potential strategies towards 

technology implementation, a lot of work needs to be undertaken to advance the 

technology forward. On the positive side, it is a good sign that results on the real brines 

were comparable to those of the artificial brines. Amongst ideas that must be worked 

upon is the search for alternative membranes that might be more competitive towards 

the preferential transfer of chloride vs. hydroxide anions, while showing chemical 

resistance to high alkalinity. We must acknowledge that diluted solutions in the anodic 

and middle compartments will lead to high fresh water consumption, something that we 

should avoid at all costs. In this context, both 0.01 and 0.07 M HCl are very dilute 

solutions. Thus, experiments on much more concentrated solutions are on schedule. 
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Finally, variations on the rate of forced mass transport might decrease the depleted 

diffusion layers in the vicinity of the ion exchange membranes. 
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Figure 1. (a) Schematic representation of the overall electromembrane approach for the 

joint recovery of Li2CO3, Na2CO3, Mg(OH)2, Ca(OH)2, H2, HCl, and low salinity water. 

Results showing the feasibility of this approach have previously been disclosed in 

references [26–28,30]. (b) Simplified electrochemical setup used in this work. 

  

                  



24 
 

Figure 2. (a) pH evolution with the advancement of electrolysis in the cathodic 

compartment (results starting at pH 13 and up), and in the middle compartment (results 

starting at pH =1.15 and down). (b) Concentration of hydroxide anions in the cathodic 

compartment (molar units). (c) Percentage of the hydroxide anions retained in the 

cathodic compartment. Experiments at varying current density values as specified in the 

figure legends. Anodic feed: 0.05 M HNO3. Middle compartment feed: 0.07 M HCl. 

Cathodic feed: NaCl 3.1M at pH = 13 (adjusted with NaOH). 

 

 

Figure 3. Change of volume in the solutions in a) anodic, b) middle and c) cathodic 

compartments with the advancement of the electrolysis. Experiments at varying current 

density values as specified in the figure legends. Anodic feed: 0.05 M HNO3. Middle 

compartment feed: 0.07 M HCl. Cathodic feed: NaCl 3.1M at pH = 13 (adjusted with 

NaOH). 
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Figure 4. Evolution of chloride anions concentrations in the cathodic (a) and middle 

compartments (b). Evolution of proton concentration in the middle compartment (c). 

Anodic feed: 0.05 M HNO3. Middle compartment feed: 0.07 M HCl. Cathodic feed: 

NaCl 3.1M at pH = 13 (adjusted with NaOH). 

 

 

 
Figure 5. Voltage drop (Esource) between anode and cathode as a function of evolution 

of the electrolysis (a). Esource values (after reaching equilibrium values as a function of 

the applied current density (b). Energy consumption for the electrolytic process, not 

including forced mass transfer (c). Anodic feed: 0.05 M HNO3. Middle compartment 

feed: 0.07 M HCl. Cathodic feed: NaCl 3.1M at pH = 13 (adjusted with NaOH). 
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Figure 6. Comparison of results for two experiments performed at identical current 

density values (125 A m
-2

), and the same feeds in cathodic and anodic compartments 

(0.05 M HNO3 and NaCl 3.1M at pH = 13, adjusted with NaOH, respectively). Varying 

HCl concentrations in the middle compartment: 0.01 M HCl all red curves, and 0.07 M 

HCl all black curves. (a) Variation in the solution volumes in all three compartments. 

(b) Evolution of hydroxide anions concentrations. (c) Percentage of the hydroxide 

anions retained in the cathodic compartment. (d) Evolution of chloride anions 

concentrations in cathodic and middle compartments. 

  

                  



27 
 

 
Figure 7. Comparison of results for two experiments performed at identical current 

density values (80 A m
-2

), and the same feeds in anodic and middle compartments (0.05 

M HNO3 and HCl 0.07 M respectively). Varying feeds in the cathodic compartment: 

real brine (see Experimental) all red curves; and NaCl 3.1M at pH = 13, adjusted with 

NaOH all black curves. (a) Voltage drop between the electrodes. (b) Variations in the 

solution volumes in middle and cathodic compartments. Evolution of chloride anions 

(c), hydroxide anions (d) and H
+
 concentrations (e). Percentage of the hydroxide anions 

retained in the cathodic compartment (f). 
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