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In the present contribution, a theoretical study of a multitubular membrane reactor (MR) for the autother-
mal reforming of methane (ATR) over a Ni/MgOAIl, O3 catalyst is presented.

By means of a pseudo-homogeneous 1D model, the viability and convenience of the proposed design to
produce hydrogen to feed a PEM fuel cell of 10 kW4, is analyzed. The influence of the operating conditions
on the reactor behavior is studied.

The results suggest that the MR is a promising alternative to conventional reactors to carry out ATR of
methane at milder conditions and with similar H, productions. The axial distribution of the O, fed to the
reactor is a powerful tool to influence the axial temperature profiles, the methane conversion and the
selectivity. However, the reactor should be operated carefully, to avoid operating conditions where an

accumulation phenomenon of oxygen along the axial axis appears.

© 2010 Elsevier B.V. All rights reserved.

1. Introduction

Fuel cells are devices capable of transform chemical energy in
absence of combustion. Therefore, their theoretical efficiency is not
limited by the difficulty of Carnot’s cycle, as it happens in conven-
tional plants of energy production or internal combustion engines.

PEM fuel cells need H; or a H; rich gas as fuel. Their most impor-
tant advantages over other types of cells are high energy density,
fast time of ignition and response, low operating temperatures and
compact system. These characteristics made PEMFC suitable for
automotive transport.

The inconveniences related with the distribution and storage of
H, due to its low volumetric energy density at constant pressure
and temperature, make necessary the production of H, in situ from
other fuels, e. g., gasoline, natural gas, ethanol, etc.

There are two main processes to produce H, from hydrocar-
bons and alcohols: steam reforming (SR), and partial oxidation
(POX).

Steam reforming of methane is the most important process for
the production of Hy and it has been widely investigated [1,2]. In
this process, steam reacts with methane in presence of an appro-
priate catalyst to produce synthesis gas. Even though SR process
can obtain high yields, the strong endothermicity of the reactions
makes it necessary to provide a large amount of heat by fuel burn-
ing (commonly natural gas) in the furnace chamber. Because of this
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energetic demand, the reformer configuration becomes very large
and impractical for fuel cells in mobile uses appliances.

To solve the problems associated to the heat transfer in steam
reformers, partial oxidation (POx) has been used as an alternative
method to produce H; or synthesis gas from methane [3]. This
process is exothermic and presents a quick ignition even in absence
of a catalyst. It can reach temperatures greater than 1000 °C, which
allows an adiabatic operation and promotes the reforming of
the remaining methane. However, partial oxidation leads to high
carbon monoxide concentrations, which are undesirable for PEM
fuel cells.

The autothermal reforming (ATR) combines the thermal effects
of partial (or total) oxidation of methane and steam reforming reac-
tions by means of the simultaneous feeding of methane, steam
and air (or oxygen). Both processes occur simultaneously in the
presence of a convenient catalyst. The energy generated from the
oxidation reaction is used for SR, leading to diminishing local tem-
peratures which favor the Water Gas Shift Reaction (WGSR). This
reaction is slightly exothermic and consumes carbon monoxide to
produce more H;. The ATR reactor is then a compact system that is
considered as an attractive alternative to mobile fuel cells [6].

However, a common problem in ATR reactors is the evolution
of the axial temperature profiles, which can exhibit pronounced
hot spots near the reactor inlet [3-5]. These high temperatures
introduce considerable stress on the reactor materials and can
damage the catalyst, particularly when a Ni/MgOAI,03 catalyst is
employed [6].

A possible alternative to reduce or eliminate the hot spots is the
distribution of the oxygen feed along the reactor length [7-9]. This
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Nomenclature

At cross sectional area of tubes, m?

By geometric parameter, m?

Cpj specific heat of component j, kJ/(kmol K)

dp equivalent diameter of the catalyst pellet (momen-
tum equation), m

ds shell diameter, m

dr internal tube diameter, m

D¢ Effective molecular diffusion coefficient of compo-
nentj, m?2/s

D Effective Knudsen diffusion coefficient of compo-
nent j, m?/s

D¢ Bosanquet diffusion coefficient of component j, m2/s

f friction factor, dimensionless

F molar flow of component j, kmol/h

Fs, feed flowrate of O; (shell side), Nm3/h

Fr, total feed flowrate, Nm3/h

Ji permeation flow of component j, kmol;/(s m2)

k1%, kib Kkinetic constants of r1, kmol/(kgcat s Pa?)

ky kinetic constant of ry, kmol Pa®>/(kgcat s)

k3 kinetic constant of r3, kmol/(kgcat s Pa)

k4 kinetic constant of r4, kmol Pa%3/(kgcat S)

Ko geometric parameter, m

Keg,2 equilibrium constants of 1, Pa2

Keq;3 equilibrium constants of r3, dimensionless

Keq 4 equilibrium constants of r4, Pa2

K; adsorption constant for component j, Pa~!

L tube length, m

M; molecular weight of component j, kg/kmol

nr number of tubes

pj partial pressure of component j (tube side), Pa

P total pressure, Pa

T reaction rate of reaction i, kmol;/(kgcat S)

R universal gas constant, Pam3/(kmol K)

R¢ oxygen feed ratio (Fg2 /ng ), dimensionless

Se global selectivity, dimensionless

T temperature (tube side), K

Tm average temperature, K

Us superficial velocity, m¢?/m;2 s

U overall heat-transfer coefficient, W/(m?2 K)

z axial coordinate, m

Subscripts

S shell side

0 at the axial coordinate z=0

L at the axial coordinate z=L

i reaction i

j component j

Superscripts

T Total

S shell side

0 at the axial coordinate z=0

L at the axial coordinate z=L

(0,4 combustion reaction

Greek letters

§
AHy;
Ni

M
Vij
PB
Pg

membrane thickness, m

heat of reaction i, kJ/mol

effectiveness factor for reaction i

viscosity of component j, Pa s

stoichiometric coefficient (reaction i, component j)
bed density, kgcat/m3

gas density, kg/mg3

controlled feed of oxygen can be obtained by means of a permos-
elective inorganic membrane, aiming to operate the reactor under
milder autothermal conditions and high hydrocarbon conversion.

In the present contribution, a theoretical study of a multitubular
membrane reactor for the autothermal reforming of methane over
a Ni/MgOAl,03 catalyst is presented. By means of a 1D pseudo-
homogeneous model, the convenience of the proposed design to
produce hydrogen to feed a PEM fuel cell of 10 kWy, is analyzed.
The influence of the operating conditions on the reactor behavior
is studied.

2. Mathematical model

A one-dimensional, pseudo-homogeneous, steady-state model
was used torepresent the ATR of methane in a multitubular packed-
bed membrane reactor.

In the design proposed, the inert membrane tubes are filled with
catalyst particles. A stream of methane, steam and eventually O, is
fed by the tube side while a fraction of oxygen is distributed from
the shell side through the tubular porous membrane (Fig. 1).

2.1. Model assumptions

To simulate the ATR membrane reactor, the following hypothe-
ses have been assumed:

e axial mass and energy dispersions and external transport limita-
tions are neglected because of the high total flowrates through
the catalyst bed.

e internal mass transport limitations are accounted for by means
of constant effectiveness factors for the four reactions under con-
sideration [3].

e the catalyst particle is assumed to be isothermal.

e the use of tubes of small diameter (0.0156m) supports the
assumption of relatively flat mass and temperature radial profiles
(1D model).

The reactor shell is assumed to be adiabatic, and isobaric con-
ditions are selected for the oxygen flowing on the shell side. A
cocurrent flow configuration is adopted. The friction factor f pro-
posed by Ergun is employed to predict the pressure drop in the
tubes.

The reactor model is represented by the following equations.

2.1.1. Reaction side (catalyst tubes)
Mass balances

dF; : ,
2 =AY vyt j=CHa, H;0, COz, CO, Hy (1)

i=1

Membrane j Shell
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L

Fig. 1. Scheme of the simulated reactor for ATR of methane.
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Table 1
Kinetic scheme and reaction rate expressions.

Reaction Kinetic expressions
k1 ®pe, Po, k1°pen, po,
1 CH4+20,—>CO2+2H,0 1= ~ 5% 2%
(1+K9X pey, +k%¥po,)”  (HKgy Peny +K57po,)
4 2
2.5 3
3 CHu+H,0 < CO+3H . kz/pHz (PCH4PH20*PHZPCO/Keq.2)
4+ 2 n=
(14+Kcopco+Kh, P, +Kck, Pchy +KH,y 0PH, 0/PH, »?
3 CO+Hy0 < CO,+Hy = k3 /PH, (PcoPH,0~PH, Pco, /Keq,3)

(1-+KcoPco+Ki, Pi, +Kcti4 Pt +Kity 0P, 0/PHy )

ka /P33 (Pep, P2 o —Ph Pco, [Keq,4)
4 CHy+2H,0COp+4H, 14— Hy "H47Hp0 Ty 727

2
(14+Kcopco+Kn, P, +Kct, Pehy +KH,y 0PH, 0/PH, )

1
- :ATPBZVijniri +Jjdr j=0 (2)
i1

Energy balance

4
dT At 4
= —5—— | MY _nin(~AHy)-—Uo,Cpo, + U) (T-Ts)
d 6 i 2 2
‘ Zj:leij i=1 dr
Jj=CHy, H20, CO,, CO, Hy, O (3)

Momentum equation

CLP _ _fpgus2 (4)

dz = dp

2.1.2. Permeation side (shell)
Mass balance

dF? .

= —Jimdtnr j=0; (5)
Energy balance

dTS _ U]TdTnT(T — Ts) (6)

E - F02 Cp02

where the permeation flux is quantified by the following expression
[10]:

De
Ji= = (L= pis)+ 2pys(P—Ps)) =0 7)
J7 TR \ 8 TSI gy S TS 2
-1
1 1
Df = +> (8)
’ (Diej Dik
8RT
Df =Ko/ g 9)

Initial conditions

. S S
Atz=0: I:j:F}O’I:j =F

00 T=To, Ts =Tso, P="Py (10)

2.2. Kinetic model

The reaction scheme considered in the present contribution
includes the complete combustion of methane, the steam reform-
ing reactions and the WGSR [5,7,8]. The system of reactions and
their kinetic expressions are shown in Table 1. The combustion of
methane (reaction (1)) is evaluated by means of the kinetic model
proposed by Trimm and Lam [11]. The steam reforming (reactions
(2) and (4)) and WGS (reaction (3)) are assessed using the kinetics
by Xu and Froment [1]. The equilibrium constants corresponding
to reactions (2)-(4) of Table 1 were extracted from Elnashaie et al.
[12].

Table 2
Geometrical parameters and operating conditions of the simulated membrane
reactor.

Tube length, L 1m
Internal tube diameter, dr 0.0156m
Shell diameter, ds 0.3048 m

Number of tubes, nr 109

Feed pressure, P, 25atm
Shell-side pressure, Ps 25-25.3atm
Inlet tube temperature, Ty 535°C

Inlet shell temperature, Tso 535°C

Total feed flowrate, Fry 1,3136 kmol/h
Shell O, flowrate, Fsy 3 kmol/h
Catalyst 30% Ni/Al, 03
Catalyst diameter, d,, 0.001m

2355.3 kg/m?
3.36 kgcat/(mol CH4/min)

Catalyst density, pp
Space time, T

Membrane thickness, § 0.00175m
FEZO/FSH4 1.4 [4]

ng /F8H4 0.598

F, [P, 0.0003

Different effectiveness factors for the four reactions are con-
sidered. They are: 77 =0.05, 12 =0.07, n3=0.7 and 14 =0.06 [3]. As
suggested by De Groote and Froment [3], these values were con-
sidered constant along the reactor length.

2.3. Varying degree of reduction model (VDR)

An important problem in the modelling of the partial oxidation
of methane is the degree of reduction of the Ni catalyst required
for the steam reforming. According to the observations reported by
Dissanayake et al. [13], the steam reforming would be consecutive
to the complete combustion of CH4. This has been accounted for
in the present simulations by multiplying the rates of the steam
reforming reactions and the WGS reaction by a reduction factor,
which is a power function of the fractional oxygen conversion. This
approach was called by De Groote and Froment[3] as Varying Degree
of Reduction Model (VDR).

2.4. Additional considerations

The overall heat-transfer coefficient (U) is evaluated using the
Crider and Foss equation [14]. The heat-transfer coefficient for the
process gas side is calculated by means of the equation of Leva
[15], and that corresponding to the shell side is calculated using
the Delaware method [16].

In order to avoid the multiplicity of steady states inherent to
countercurrent operation, a cocurrent flow configuration between
the process gas and the coolant (0, ) streams is selected. Addition-
ally, the cocurrent scheme lowers the hot spots, which leads to
longer catalyst life, and reduces the parametric sensitivity, which
ensures safe operating conditions [17].

It is considered that the reactor is cooled both by convective
heat exchange between reactants and coolant and by cold-shot of
oxygen permeated through the membrane (see Eq. (3)).

A commercial tubular microfiltration membrane (SCT, Inocer-
mic) is selected for the simulations [18]. The membrane was
modified by deposition of silica in order to attain the desired per-
meation characteristics. The parameters Ko and By (Egs. (7) and (9))
were obtained from Pedernera et al. [19]. The geometric parame-
ters of the reactor and the membrane, together with the operating
conditions used in the simulations, are given in Table 2.

The diameter and density of the catalyst particles, as well as the
bed porosity were extracted from [20].

The length and disposition of the tubes for the proposed design
were adopted from the guidelines suggested by Kern for heat
exchangers [21].
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Fig. 2. Axial temperature profiles for different oxygen feed distribution (Rf=
F3_|F] ) at constant total oxygen feed (F] =5.87 Nm?/h). Oxygen/methane feed
2 2 2

ratio: F(T)2 /FgH4 = 0.598. Adiabatic operation.

The global selectivity (Sg) to hydrogen is calculated as the ratio
between the amount of hydrogen produced and the amount of
methane consumed, from the reactor inlet to the desired axial coor-
dinate.

(Fu, — Fu,,0)/ Vh,

= 11
(Fcng,0 — Feny )/ ven, (1n)

Sc

Based on reaction (4), a value of 4 is adopted for the stoichio-
metric coefficient vy, .

3. Results and discussion
3.1. Influence of the oxygen feed distribution

3.1.1. Adiabatic case

To analyze the influence of the oxygen feed distribution on the
performance of the ATR reactor, a common basis of comparison is
adopted: a constant total oxygen flowrate is fed to the reactor. As
a first step in the present analysis, the overall heat-transfer coef-
ficient between tube and shell sides is assumed to be zero. The
remaining operating conditions are reported in Table 2.

Fig. 2 shows the temperature profiles along the reactor length
for different oxygen feed distributions. The parameter Ry repre-
sents the ratio between the oxygen being fed at the reactor inlet
(ng) and the total oxygen feed (ng); ie, Rf= F82 /ng. The pres-
sure on the shell side is adjusted to modify the permeation rate
through the membrane in order to keep constant the total feed of
oxygen (F(T)2 =5.869 Nm3/h). When the permeation flow through
the membrane is cancelled, all the O, is fed at the reactor mouth.
This case corresponds to the conventional adiabatic fixed-bed reac-
tor, represented by curve Ry=1. As expected, a pronounced hot
spot near the reactor inlet appears, as a consequence of the fast
evolution of the combustion reaction. Probably, the value of the
temperature peak will be lower in practice, because of the evolu-
tion of homogeneous steam reforming reactions. Further on the hot
spot, the sharp temperature decrease indicates a predominance of
the endothermic reforming reactions, because of the oxygen deple-
tion. For axial positions z>0.20 m, the temperature keeps almost
constant at 988 °C.

When half of oxygen is fed through the membrane (R¢=0.5) the
hot spot is much less pronounced and shifts to the right. For lower
values of Ry, this trend is confirmed and milder temperature profiles
are observed. When almost all the O; is fed through the membrane

7
6 -
R, =1

5_
<
ch 4
=4
u© 34| R,=05

00 01 02 03 08 09 10

04 05 06 07
z [m]

Fig. 3. Oxygen flowrate (Fo, ) along the reactor length for the conditions of Fig. 2.

(i.e., Rg=0.001), the hot spot is below 800°C and the maximum
temperature is located at the outlet (970°C).

Fig. 3 shows the oxygen flowrate along the catalyst tubes for
the same conditions as Fig. 2. It is clear that the use of a membrane
reactor prevents high concentrations of O, along the tube length.
When most of the oxygen is fed trough the membrane (R <0.1),
it is possible to find operating conditions for which the rate of O,
consumption by chemical reaction is nearly balanced with the rate
of permeation through the membrane. As aresult, very low O, con-
centrations are found in the catalyst bed and a reasonable degree
of reduction of the catalyst leads to significant reforming reaction
rates in a wider reactor zone. For the case of the conventional fixed-
bed reactor (Rf=1), the outlet conversion of O, is almost unitary.
However, for the curves corresponding to the membrane reactor,
a fraction of the permeated O, is not converted and a small O slip
is observed. This is clearly a non-desired situation that could be
avoided by implementing a non-porous wall in the last section of
the tubes, aiming to deplete the remaining O,.

The results of Fig. 4 show that the outlet CH4 conversion is
high in all the cases (the reaction mixture is close to equilib-
rium), although the outlet conversions for the membrane reactor
are slightly lower than that of Rg=1, because the consumption of
0, is not complete (see Fig. 3). For the same operating conditions,

1.0
0.9 ﬁ?ﬂ

0.8

0.7
0.6
0.5 R¢=0.25

XCH4

e R, =0.001

0.3
0.2-‘
014 R;=0.1
] J : |

—r= ——
00 01 02 03 O

0.0

1. *. 1 .1 ... .
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Fig. 4. Axial profiles of CH4 conversion for the conditions of Fig. 2.
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Fig. 5. Hydrogen flowrates along the tube length for the conditions of Fig. 2.

Fig. 5 shows the H; total flowrate along the reactor. When all the O,
is fed to the reactor inlet (Rf=1), a sudden increase in the conver-
sion of CHy is observed at z~ 0.06 m (see Fig. 4), which is associated
to its consumption first by combustion (Fig. 3) and then by steam
reforming, which leads to a fast hydrogen production (Fig. 5). As
the parameter Ry decreases, the methane consumption and the H,
production are more gradual along the reactor length. The results
corresponding to R;=0.001 (all the O, is fed through the mem-
brane) show that the hydrogen production starts beyond z=0.22 m,
at a reactor position where the O, concentration is low enough to
allow the simultaneous occurrence of the combustion and reform-
ing reactions. For axial positions z>0.30 m, the heat generation by
combustion exceeds the heat consumption by steam reforming. The
existence of combustion for z>0.30 is confirmed by inspection of
Fig. 2, where a continuous increase in temperature is verified. The
coexistence with steam reforming is confirmed in Fig. 5, where a
gradual increase in the H, production is observed. It is important to
note that the outlet H, production is slightly higher for the mem-
brane reactor than for the conventional reactor (Fig. 5), despite the
fact that the outlet CH4 conversion is the opposite (Fig. 4). This
result can be explained by a slightly higher selectivity to H,.

3.1.2. Non-adiabatic case

The previous assumption of adiabatic conditions (U=0) is suit-
able for a first analysis of the thermal effects associated to ATR in
a membrane reactor. In practice, however, a certain amount of the
generated heat is transferred to the fluid being circulated through
the shell. To represent this, some of the previous results are
compared with those corresponding to non-adiabatic membranes.
The overall heat-transfer coefficient (U) is calculated as stated in
Section 2.

Fig. 6 shows the temperature profiles of two conditions of Fig. 2
(Re=1 and R¢=0.001, for U=0), which are compared with those
corresponding to the non-adiabatic case (curves for the shell-side
temperature Ts are also included).

When R¢ =1, the existence of a cooling medium leads to a lower
hot spot. The difference between both hot spots is not important,
because the heat generation by methane combustion is concen-
trated in a narrow zone of the catalyst bed (around z=0.06 m).
In this very short section of the tubes, the heat transfer to the
shell side is limited by the low heat-transfer area. Nevertheless,
for the calculated average U values (close to 20 W/m?2 K), the out-
let temperature for the non-adiabatic case is approximately 160 °C
lower than that of the adiabatic operation. For the membrane reac-
tor (Rf=0.001), the decrease in the outlet temperature is around

1600
—T
———————— T
14004 .
1200
Ty Rf=1, U=0
- /
— 1000
R =1, U0 R,:OAOOLUi/
= = Re=0.001, U0
L B L |

— T T LN I PR
00 01 02 03 04 05 06 07 08 09 10
z[m]

Fig. 6. Axial temperature profiles for conventional (Rf=1) and membrane
(R¢=0.001) reactors, operating under adiabatic (U=0) and non-adiabatic conditions
(U # 0). Constant total oxygen feed (ng =5.87Nm?3/h).

115°C due to the convective heat transfer. The most important
point to remark is that the maximum temperature for the mem-
brane reactor (at z=1m) is considerably lower than the hot-spot
temperature for the conventional fixed-bed reactor for analogous
operating conditions.

The hydrogen production rates for adiabatic and non-adiabatic
conditions are compared in Fig. 7. For Re=1and U # 0, the continu-
ous temperature decrease beyond the hot-spot causes the reversal
of the steam reforming reactions (methanation). This phenomenon
is favoured by the low partial pressures of CH4 and high partial
pressures of H, (see the kinetic expressions for reactions (2) and
(4), Table 1). As a consequence, the outlet H, production dimin-
ishes with respect to the adiabatic case. Conversely, for the curves
corresponding to R¢=0.5 and 0.001 the reversal phenomenon does
not appear. The cooling effects are also present, which deteriorates
the outlet production rate with respect to the adiabatic conditions.
However, the lateral feed of oxygen leads to a continuous temper-
ature increase and a more gradual methane conversion. Indeed,
the membrane reactor presents a continuous increase in the H;
flowrate along the tube length and slightly higher H, productions
than that of the fixed-bed reactor.

20 4

18 4

H, Production [Nm?/h]
I
1

O . 1 i T '—" T X T T ol T T T b T

—— .
00 01 02 03 04 05 08 07 08 09 10
z[m]

Fig.7. Hydrogen flowrates along the tube length for three different oxygen feed dis-
tributions (Rg=1, 0.5 and 0.001): comparison between adiabatic and non-adiabatic
operations.
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Fig. 8. Axial temperature profiles for the two extreme oxygen feed distributions
(Rf=0.001 and R¢=1), at three different ng /FgH4 ratios.

3.2. Influence of the ng/FgH4 ratio

The influence of the ng /F8H4 ratio on the operation of the ATR
reactor is discussed for two extreme oxygen feed distributions:
Rs=1 (conventional reactor) and R;=0.001 (membrane reactor).
The non-adiabatic case is considered. The parameters used in the
simulations are given in Table 2.

The temperature profiles for three FSZ /F8H4 ratios are included
in Fig. 8. The results were obtained by assuming constant feed
flowrates of CH, (9.81Nm?3/h) and H,0 (13.74Nm?3/h). As before,
the specified feed ratios (ng /F8H4 =0.5, 0.598 and 0.7) for the
membrane reactor were obtained by setting the pressure on the
shell side.

As expected, for both reactor designs the temperature increases
as the O, feed is higher. However, the values of the maximum
temperatures corresponding to the membrane reactor (800, 850,
910°C, at z=1m) are considerably lower than those of the con-
ventional reactor (1350, 1500, 1615°C, at z~ 0.06-0.08 m). These
results suggest that the ng /F8H4 ratio could be increased for the
case R¢=0.001, if it were convenient to optimize the H, production
rate.

Fig. 9 shows the conversion of CH4 along the tube length for
the same conditions as Fig. 8. The membrane reactor shows out-
let conversions slightly higher for the three feed ratios, due to the

XCH,

—FJF 207

02 CH4

----FLJF.,=0.598
------- F' JF° =05

02 CH4

T x T L2 T i T ' T * T ¥ T * T * T

‘0,0 01 02 03 04 05 06 07 08 09 10

Fig. 9. Axial profiles of CH4 conversion for the conditions of Fig. 8.
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Fig. 10. Axial profiles of global selectivity to H (S¢) for the conditions of Fig. 8.

phenomenon of reversal of reactions (2)-(4) caused by the coolant
in the case Ry=1, as discussed in the previous section. Regarding
the selectivity to H, (Eq. (11)), it is interesting to note that the out-
let selectivity for Rr=0.001 exceeds the one corresponding to the
conventional reactor, for the three studied feed ratios (Fig. 10). As a
result of the higher CH,4 conversion and selectivity, the membrane
reactor presents a H, production rate between 4.8% and 6.5% over
that of the conventional reactor. For the analyzed range of operating
conditions, the H, production rate for both designs increases with
ng /FgH4. Fig. 10 also shows that the selectivity to H, diminishes
with the ng /FgH4 ratio, because at higher temperatures the equi-
librium of the Water Gas Shift Reaction is shifted to the left. This
result suggests the existence of an optimal value of the F(T)2 /F8H4
ratio, which maximizes the H, production rate. For adiabatic fixed-
bed ATR reactors it is well known that there is an optimum value for
the oxygen feed, a point that has been discussed widely [4,5,22,23].
For the case of a membrane ATR reactor, the optimum value for the
oxygen feed ratio is determined not only by production reasons,
but also by safety reasons. Indeed, if the value F(T)2 /F8H4 becomes
too high, the risk associated to the O, slip tends to increase. This
is confirmed in Fig. 11, which shows that the outlet O, flowrate
increases for higher values of the oxygen feed ratio.

144 R,=0.001
{ FTo,/F°CH,=0.7

Fo, [Nm®/h]

T " T

03 04 05 06 07 08 09 1,0
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Fig. 11. Oxygen flow rate (Fo,) along the reactor length for the ATR membrane
reactor (Rg=0.001) for the conditions of Fig. 8.
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Fig. 12. Axial temperature profiles for different space times () at constant feed
ratios: F,?IZO/FSH4 =14, ng /FgH4 =0.598, ngngH4 = 0.0003. Ry=1. Non-adiabatic
operation.

3.3. Influence of the space time

To analyze the influence of the space time (t), the
methane flowrate is increased from its reference value (F8H4 =
0.438 kmol/h). All the feed ratios (ngolF8H4; F(T)z/FgH4; ng/F8H4)
are kept constant at the values reported in Table 2.

Fig. 12 shows the effect of the space time on the axial tempera-
ture profiles when all the oxygen is fed at the reactor inlet (Rf=1).
As the space time is decreased, the value of the maximum tempera-
ture is not modified significantly, even though the axial location of
the hot spot shifts to the outlet. The outlet temperature, however,
increases as the total flowrate is higher, as a consequence of the dif-
ferent heat-transfer rates to the shell side. For the case R¢=0.001,
the space time strongly affects the hot spots (Fig. 13). As T decreases,
the hot spot increases from 768 to 1165 °C and its location moves to
the right. This phenomenon is a consequence of the higher oxygen
permeation rates through the membrane to keep constant the feed
ratio at ng /F8H4 = 0.598. These higher 0, fluxes lead to an accu-
mulation of oxygen inside the tubes (upper Fig. 14), which causes
the catalyst not to reach the degree of reduction required for the
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Fig. 13. Axial temperature profiles for different space times (t) at constant
feed ratios: ngo/Fgm =14, F(T)2 /F8H4 =0.598, F°2 /FgH4 =0.0003. R;=0.001. Non-

adiabatic operation.
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Fig. 14. Oxygen flowrate (Fo, ) and H, production along the reactor length for the
conditions of Figs. 12 and 13.

endothermic steam reforming reactions. Therefore, the combus-
tion reaction becomes predominant and higher temperature peaks
appear. However, it is important to note that even in the worst case
(T = 0.9 kg, /molcy, /min) the hot spot corresponding to R¢=0.001
is considerably lower than those of R =1 (compare Figs. 12 and 13).
Fig. 14 also shows the variation in the H, production resulting from
the increase in the CHy feed.

4. Conclusions

The results presented in the previous sections lead to the fol-
lowing conclusions:

e the autothermal reforming of methane could be carried out in a
membrane reactor, provided that an appropriate amount of O, is
fed through the membrane pores.

for comparable hydrogen production rates, the distribution of
the oxygen feed by means of the membrane leads to lower O,
concentrations in the reaction mixture and less severe thermal
conditions. This milder temperature profiles can extend consider-
ably the catalyst life and reduce the thermal stress on the reactor
materials.

from the standpoint of the thermal stress and catalyst stability,
it is clear that the membrane reactor offers more flexibility to
define the amount of O, to be fed.

the membrane reactor would make it possible to produce H; in a
better distributed way along the reactor length, with continuous
consumption of O, by combustion and coexistence of exother-
mic and endothermic reactions, because of a reasonable degree
of reduction of the Ni catalyst.

The possible failure of a membrane tube is a safety problem that
should be analyzed carefully, in order to avoid conditions of reactor
runaway and/or the formation of explosive mixtures.
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