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Abstract: In this work we propose a model that simulta-
neously optimizes the process variables and the struc-
ture of a multiproduct batch plant for the production of
recombinant proteins. The complete model includes pro-
cess performance models for the unit stages and a po-
synomial representation for the multiproduct batch
plant. Although the constant time and size factor models
are the most commonly used to model multiproduct
batch processes, process performance models describe
these time and size factors as functions of the process
variables selected for optimization. These process per-
formance models are expressed as algebraic equations
obtained from the analytical integration of simplified
mass balances and kinetic expressions that describe
each unit operation. They are kept as simple as possible
while retaining the influence of the process variables se-
lected to optimize the plant. The resulting mixed-integer
nonlinear program simultaneously calculates the plant
structure (parallel units in or out of phase, and allocation
of intermediate storage tanks), the batch plant decision
variables (equipment sizes, batch sizes, and operating
times of semicontinuous items), and the process deci-
sion variables (e.g., final concentration at selected
stages, volumetric ratio of phases in the liquid-liquid ex-
traction). A noteworthy feature of the proposed approach
is that the mathematical model for the plant is the same
as that used in the constant factor model. The process
performance models are handled as extra constraints. A
plant consisting of eight stages operating in the single
product campaign mode (one fermentation, two micro-
filtrations, two ultrafiltrations, one homogenization, one
liquid-liquid extraction, and one chromatography) for
producing four different recombinant proteins by the ge-
netically engineered yeast Saccharomyces cerevisiae
was modeled and optimized. Using this example, it is
shown that the presence of additional degrees of free-
dom introduced by the process performance models,
with respect to a fixed size and time factor model, rep-
resents an important development in improving plant
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INTRODUCTION

Multipurpose protein production plants have been used in
the biotechnology industry for many years as pilot plants;
however, more recently, full production plants have been
built as multipurpose or multiproduct protein production
plants, due mainly to the variety of different products ar-
riving onto the market with wide-ranging demand, that is
impossible to predetermine. Thus, many companies have
built multipurpose or multiproduct batch plants for the pro-
duction of recombinant proteins. Although the main host for
recombinant proteins for many years has be&ercoli, the

use of yeast cellsSaccharomyceand Pichia) has grown
rapidly. The fact that many recombinant proteins made in
yeast can be made to be secreted, thus overcoming the very
cumbersome protein renaturation from inclusion bodies,
and that yeast allows for at least partial glycosylation is an
added bonus.

The design and structural optimization of multiproduct
batch plants have been widely investigated in recent years.
The aim has been to determine plant configuration and
equipment size that minimize capital cost. The usual strat-
egy for solving this problem has been to consider constant
values for size and cycle time factors, which can be obtained
from laboratory or pilot plant data (Grossmann and Sargent,
1979; Modi and Karimi, 1989; Ravemark, 1995; Ravemark
and Rippin, 1998). These values rely only on the product
under consideration and no interactions with other products
are analyzed.

Another approach is to incorporate process information
into the design by predicting the size and time factors
through process performance models for the unit stages.
These performance models define the size and time factors



as functions of the process variables selected to optimize th®myces cerevisias modeled and optimized. The four re-
plant. The use of process decision variables in the modetombinant proteins to be produced would be typically pro-
yields a more detailed representation and approximation akins for human therapeutic use as the plant would need
size and time factors, thus allowing a more accurate desigRDA clearance and approval. However, for practical and
of a multiproduct batch plant (Salomone and Iribarren,desmonstration purposes (since production and purification
1992). Previously, process performance models have onlglata was available and the proteins have been or are being
been used for a small number of stages that were all opecioned in yeast) the four proteins used in this paper are two
ated in batch mode (Montagna et al., 1994). In this studytherapeutic proteins. Human Insulin and Vaccine for Hepa-
we double the number of stages and incorporate composititis B, a food grade protein, Chymosin, and a detergent
stages wherein semicontinuous items operate on the matenzyme, cryophilic Protease. The results obtained, however,
rial contained in the batch items (e.g., homogenization andre generic for any plant producing four recombinant pro-
crossflow filtration); structural optimization is also carried teins using yeast (e.g. Proteins A, B, C and D) and could
out. also be extended to recombinant proteins using yeast (e.qg.
There is a balance between complexity and level of detaiProteins A, B, C and D) and could also be extended to
of the individual stages that comprise the process to keep @combinant proteins being synthesizedEn coli (with
bound on the size of the optimization model. There is abunsome modification of the process) or also with additional
dant literature that approaches single-product, single-stagghromatographic steps. The simplest possible process per-
cases with quite detailed models (e.g., fermentors such as fiormance models for size and time factors are introduced
Uesbeck et al. [1998], extractors as in Mistry et al. [1996],while still retaining the influence of the dominant process
etc.). Single-product multistage cases resort to simpler dyvariables (those suspected to have the largest economic im-
namic models (e.g., for reaction—evaporation stripping inpact on the design). For the design and structural optimiza-
Salomone et al. [1994], reaction separation networks irtion of the multiproduct batch plant a modular model that
Smith and Pantelides [1995], distillation trains in Sharif etconsiders in- and out-of-phase parallel units and allocation
al. [1998], particle separation processes in Agena et abf intermediate storage tanks is considered. The results ob-
[1998], etc.). Finally, multiproduct, multistage cases (e.g.tained with the process performance models are compared
Bhatia and Biegler, 1996; Montagna et al., 1994) resort tawith a more traditional approach that considers constant size
even simpler stage models. In the context of biochemicahnd time factors (Montagna et al., 2000).
processes, Groep et al. (2000) recently developed perfor-
mance models and showed the interactions among the diPROCESS DESCRIPTION
ferent unit operations for a typical enzyme production pro-Figure 1 shows the flowsheet of a multiproduct batch plant
cess in a plant with fixed topology. intended for the production of recombinant proteins. In
Samsatli and Shah (1996a) addressed a somewhat similarost process flowsheets for recombinant proteins there are
problem by developing a design procedure for a biochemigdifferences, which depend on the specific host used to syn-
cal plant that consists of two subproblems. The first subthesize the product and on the specific properties of the
problem determines the processing conditions of all unifproduct and its contaminants that will determine the purifi-
operations using dynamic optimization with manual branchcation process, as well as its final use. We have recently
and bound. The only structural decision at this level con-made an attempt to “standardize” such a process for pur-
cerns the number of fermentors in parallel, and schedulingoses of generating a generic plant (Montagna et al., 2000).
decisions are aggregated. At a second level, a schedulirlg this process, even a liquid-liquid extraction step was
problem determines the sequence and timing of operationsacluded as an initial separation/purification stage. Such a
(Samsatli and Shah, 1996b). separation has been very successful in the initial purification
In this study, a plant that consists of eight stages forof many proteins and enzymes, particularly hydrophobic
producing four recombinant proteins by genetically engi-ones (chymosin and-amylase) (Hayenga et al., 1991;
neeredSaccha- Schmidt et al., 1994), recombinant ones (Andrews et al.,
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Figure 1. Flowsheet of the batch plant for the production of proteins.
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1991; Hart et al., 1994) and recombinant protein particlegortion of the plant shown in Figure 1. Although there is
synthesized in yeast (Andrews et al., 1995). The productenough process information on chymosin, cryophilic prote-
involved in the multiproduct batch plant are human insulinase production process is still in a developmental stage and
and vaccine for hepatitis B, both therapeutic proteins, andanost of the data have been estimated.
chymosin and a cryophilic protease, a food product and a Rather than using all available details for each product,
detergent enzyme, all produced Byccharomyces cerevi- first level process performance models allow preliminary
siae. estimates on the economic viability of the multiproduct fa-
All these proteins are produced as the cells grow in theeility such as equipment size required, idle times, and per-
fermentor. Vaccine and protease are considered as beirggntage of units used by each product. More important than
intracellular; hence, for these two products, the first micro-the details is the consistency of the data used with regard to
filter is used to concentrate the cell suspension, which ishe demand of each resource by each product.
then sent to the homogenizer for cell wall disruption to The general batch process literature describes the design
liberate the intracellular proteins. The second microfilter isof batch plants through size and time equations. As noted in
used to remove the cell debris from the solution of proteinsSalomone and Iribarren (1992), the following constraints
The ultrafiltration prior to extraction is designed for con- hold for batch stages:

centrating the solutions in order to minimize the extractor '~ QR L\

T ) Vi=§ B vivi (D)
volume. In the liquid-liquid extractor, salt concentration o 1 o
(NaCl) is manipulated to first drive the product to a poly- T =T +TiB vivi (2

ethylene-glycol (PEG) phase and again into an aqueous s@rhereV, is the size of stagg(m®), B, is the batch size for
line solution in the backextraction (Huenupi et al., 1999). Inproducti (kg product that leaves the last stage), &nis the
this process, many of the proteins other than the product argize factor at stagg to produce 1 kg of final produci
removed. (mkg™). In Eq. (2), T is the time required at stageto
Ultrafiltration is again used for concentrating the solutionprocess a batch of produttand Ti(j) is a time factor that
(in case this is required before the chromatographic stephccounts for a fixed amount of time, wheregsaccounts

and finally the last stage is chromatography, during whichfor time demands that are proportional to the batch size to
selective binding is used to separate further the product dbe processed.

interest from other proteins. Semicontinuous units use the following expression:
Insulin and chymosin are extracellular products. For both B

products, protein is separated from the cells in the first R =D; EI Vivi 3
i

microfilter, where cells and some of the supernatant liquid
stay behind. To reduce the amount of valuable product losivhereR is the size of the semicontinuous itgnusually a
in the retentate, extra water is added to the cell suspensioprocessing rate as in the case of the homogenizer capacity
The filtration operation with make-up water is also called (m®h); however, in the case of the filter, is the filtration
diafiltration and dilutes the protein solution. areaA (m?). In every case, the sizes are proportional to the
The homogenizer and microfilter for cell debris removal batch sizeB; (kg) and inversely proportional to the operat-
are not used when the product is extracellular. Nevertheles#g time 6; (h), through a so-called duty factdy; that must
the ultrafilter is necessary to concentrate the dilute solutiorhave appropriate units (kg for the homogenizer, fh/kg
prior to extraction. The final steps of extraction, ultrafiltra- for the filters).
tion, and chromatography are common to both the extracel- In the case of composite stages with a semicontinuous
lular and the intracellular products. Insulin and hepatitis Bitem that processes the material held in a batch item (as in
vaccine are therapeutic proteins for which several additionahe case of the homogenizer), the modeling approach of
chromatographic steps are necessary to obtain the necess&glomone et al. (1994) is followed in this study. The stage
purity. Chymosin is a protein for food use and cryophilic is described with Eq. (1) for the batch item size, and the
protease is used for detergent or for wound debriding. Theskatch processing tim§; includes the fixed amouﬁtfj’ plus
two products evidently require less purification. the operating timé; of the semicontinuous item. Substitut-
For therapeutic proteins, several chromatographic stepisig for 6; from Eq. (3) gives rise to a new expression for the
are usually necessary to obtain the required level of purityoperating time:
(Leser and Asenjo, 1992). However, modern techniques of ‘
combinatorial chemistry have made it possible, in the case T = Ti(j’ + Ti}—' viVi (4
of insulin, to obtain ligands specifically designed to achieve R
a virtually pure and very high-yield protein in one step Where the time facto?ﬂ} turns out to be the duty factor.
(Lowe, 1998).
Insulin and hepatitis vaccine are well-established comPROCESS PERFORMANCE MODELS
mercial products. The plant shown in Figure 1 would pro-If the size (duty in the case of semicontinuous units) and
duce technical-grade products with further purification stepgime factorss;, D;;, Tfj’, andTi} in Eg. (1)—(4) are constant
rendering clinical grade. On the other hand, chymosin andalues, this gives rise to a posynomial model for the pro-
the protease are newer products that could be made in @ss. To obtain these constant factors it is necessary to guess
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or estimate a value for every process variable so as to covétermentor

the degrees of freedom of the process mass balances. In tt\elogistic kinetic expression, constrained by a maximum

present approach, we use simple process performance mogiomass concentration, is assumed for cell growth:
els still retaining the influence of the process variables that dx
i,fer _

we a priori expect to have the largest impact on the eco- = Xitor <1 _&> Vi (5)
nomics of the process, as proposed by Douglas (1988). dt ' X max

Once these variables have been selected, we write the We estimate the same kinetic constat= 0.26315 ",
mass balances and kinetic equations that describe each stagjgd maximum biomass concentratiof,,., = 55 kg/n?,
by guessing or estimating constant values for every nonsdor all products. The batch size relates to the fermentor
lected process variable, except for the process variables thg€ssel volume through the biomass concentration:
will be further optimized. As a result, we obtain analytical B =0.8 Vier (X, 107 0.4K) Vi (6)
expressions for the size and time factors that will be func- \

tions of these process variables. i 0 : . o
Conceptually, the mathematical optimization model forthe vessel; that 40% of biomass is composed of proteins;
' and thatk; is a ratio (kg of product/kg total proteins)

the design of the multiproduct batch plant W'!I b.e the SaMEastimated ag = 0.05, 0.1, 0.15, and 0.2 for insulin, vac-
as that presented by Montagna et al. (2000) if size and t'mgine chymosin, and protease, respectively. Then, it must be
factors were held constanpjus the additional constraints ' ' ' '

that d be th fact funci £ th taken into account that the batch size at any sjagéates
at describe these 1actors as Iunctions ot the process Va;t'é the batch size exiting the plant through the yields of all
ables. As a result, it is expected that the introduction o

_ S stages between this stagend the last stage of the plant
these new degrees of freedom into the optimization mOdeﬂhrough the following expression:

will provide a better design.
. .. M
The process variables that have been selected as optimi- i
B =B1 H MNin
n=j

Eq. (6) assumes that the batch volume occupies 80% of

zation variables are the biomass concentrations both at the vi.vi (@)

fermentor K; ;) and at microfilter 1 X; ..+;) for all prod-
ucts, the volumetric ratio of diafiltration water to suspension
feed at microfilter 1 \\ ..+, for extracellular insulin and
chymosin and at microfilter 2/, ..,) for intracellular vac-
cine and protease after cell disruption, the number of pass
through the homogenizeN@,) for intracellular vaccine and ciency value of 1, as will be discussed next.

protease, and the volumetric ratig of PEG to phosphate By integrating Eq. (5) between an initial biomass con-

phases at the extractor for all products. Overall, 18 processantration of 0.05X. and X .., (inoculum seeded
variables were selected. pre et

X ) ) amounts to 5% of the fermentor capacity), and adding an

Larger values 0K ¢ increase the batch size for a given ggtimated downtimefos h yields the time expressions for
fermentor design, but beyond some upper limit the producthe fermentor in Tables | and 11 for insulin, vaccine, chy-
tion rate decreases. Larger concentrations may also redu%sin' and protease, respectively.

whereM is the total number of stages of the plant.
Replacing Eq. (7) into Eq. (6) and using the appropriate
value ofk; for each product results in the size factor expres-
sions in Tables | and Il. Note that the size factor expressions
@&sume that fermentation and ultrafiltration have an effi-

the cost of the stages downstream of the fermentor. By comparing the time expressions to the general expres-
Process variables mi, Wi mr1, andW, mi all increase the  sjon [Eq. (2)] there are nonzero values Tdf. Moreover, T}
cost of filtration, but the increase of ., reduces the cost — 0: that is, there is no time demand proportional to the

of the stages downstream of the ﬁlter, whereas more dlafll'batch size, which is typ|Ca| of operations governed by re-
tration water increases product recovery. Larger values Ojction kinetics (bioreactors, crystallizers, etc.). Note that, if
NP increase the cost of the homogenizer and increase celfariablesX; (., were fixed, this would result in a fixed time
disruption, but also the denaturation of the already-releasefhctor model.
proteins; hence, there is a value P, that maximizes
homogenizer yield. Microfilter 1
IncreasingR increases the cost of the extractor and alsoThis stage consists of three items: a batch retentate holding
the efficiency of the first extraction into the PEG phase.vessel; the microfilter itself; and a permeate holding vessel
However, it reduces the efficiency of the backextraction into(used only by extracellular insulin and chymosin). The size
the phosphate phase, because the dilution of NaCl is podactor for the retentate holding vessel is the same as that of
and the partition coefficient is strongly dependent on thisthe fermentor.
dissolved concentration. Considering that the initial condition at the retentate ves-
In what follows is a description of the process perfor-sel is a batch volum8V|},, at a concentratioiX, .,, that
mance models for each stage. Most of the developmerthe final condition isBV{%, at a concentratioiX; s, and
information was taken from Asenjo (1990) and Belter et al.that the biomass concentration in the permeate is zero, mass
(1988). We use the following convention in the model equa-balances yield the relation between permeate, retentate, and
tions: C for chymaosin; | for insulin; P for cryophilic prote- feed volumes.
ase; and V for hepatitis B vaccine. For the cases that diafiltration follows (extracellular chy-
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Table I. Size and time factors for extracellular human insulin and chymasia (1,C}).

Fermentor K I1
S,fer [mslkg] = X

i, fer Mi, mf1 MNi,ext Mi,chr

0'35Xi,fer
Titer(N]=4+38n| —————
' < 1- Xi. fer
55.
Mifer =1
Microfilter 1 Kil

[m/kg] =
S,mfl Xi,ferni,mflni,extni,chr

1 Xi,fer
Ki 1_X + W i

i, mfl

S, mia [M*/kg] =
Jmi Xi,fer T]i,mfl T]i,extTli,chr

2 xi,fer
Kill-—+tWimn

i, mfl

B

Kl=625 KL=20.8

(retentate vessgl

(permeate vessgel

T, i [N] = 1.75+ — K2 = 250 KZ=835
i [N Xi fer M, mia M, ext Mi,chr | Amfr : ¢
-1 Xi,fer eXp( Vvi,mfl >(i,mf1>
M iy Xi, mf1 Xi. ter
Homogenizer
Microfilter 2
Ultrafilter 1 X fer
K 1=5r—+ Wi st
S un[Mm¥kg] = Xmn (retentate vessgl
Ut Xi, fer Mi, mf1 Mi, ext Mi, chr
K3<1_Xi,fer+w )
T [h]=14 ' Km0 ) 0.12X; fer i, mf1 B, K?=2500
uft Xi. ter Mi, mf1 Mi, ext Mi, chr Xi. ter An KE=835
50 ]-‘Xi f1+ i mf1
,m
Mi,ur =1
Extractor 5 0.15(1+R)
S ex[M7kg] =———— (mixer—decanter vessel
! Mi, ext Mi, chr
Ti,ext[h] = 1-8
L KR, K{=31.6 K&=50.1
Thiext KP=075 K2=0.85

arkir (108 1077

Ultrafilter 2 K8 K6=0.15
S, uz [M*/kg] = —— '

(retentate vessgl

Mi, ext Mi, chr KGC =0.05
K7 KPR
o —0as i T Mi,ext (Ri+l)2 i K|7=6 K]S=5
hu ' MNi, extMi, chr Auro Ké:2 Kg:l
ni,uf2 =1
Chromatography column KER
0.025 Miext = I—Z
3 (Rt
§, chr[M™/7kg] = (vessel
' Mi, ext Mi, chr
S, chr[M*/kg] = — (column)
i,chr
KPR
0.0025| 1 ot ———
T, one[N] =0.375 |:n|,ext R+1%] | B
i r =U. +
o MNi, ext Mi, chr Vc

”]i,chrzo-95




Table Il.  Size and time factors for intracellular Hepatitis B vaccine and cryophilic protéase{{/,P}).

Fermentor Ki9
S,fer [ms/kg] = X

Ky=312 K}=156
i, fer Mi, hom Mi,mf2 Mi,ext Mi,chr

0'35Xi,fer
T o [h]=4+38¢Mn | ———
' <1 _ Xi, fer
55.
Mifer =1
Microfilter 1 Ki9

S, mi [M*/kg] = (retentate vessgl

Xi,fer T]i, homT]i, mf2 T]i, extni,chr

Klo 1- Xi.mfl
i X, mi B Ki°=125

Xi, ter Mi,nomMi, mi2 M, ext Michr | Amiz  K°=62.5

T mr [N]=1.25+

Mi,mi =1
Homogenizer Ki9

S hom[M3/kg] = (vessel
+hom Xi,ferni,homni,mfz 1'|i,e><tT]i,chr

KNP, ]

Xi, mf1 i, hom Mi, mf2 i, ext M, chr

B Kit=25

Capom  Ki'=125

Ti,hom[h] =1.25+ [

i hom=[1~ exp-1.5NP)] exp(~0.03NP))

Microfilter 2 Ki9

[m®/kg] = (retentate vessgl
S,mfz Xi,fer T]i,homni,mfz T]i,ext"]i,chr
K? (0.5+ W, rmr2)
[m®/kg] = . (permeate vessel
Sz Xi mf1 Mi,hom Mi,mf2 Mi,ext Michr

Ki2(0.5+ W, B Ki2=250
T mi2 [h]=1.75+ |: i ( |,mf2) :| ;
, Xi.mf1 Mi,hom Mi,me2 Mi ext Mi,chr ] Amiz Kézz 125

MNimiz = 1 = 0.5 exp(=2W, o)

Ultrafilter 1 § o [k K? (0.5+W, 1r2) (retentat "
m = retentate vess
uft g Xi, mf1 Mi hom i, me2 Miext Mi,chr
K2 (0.5+ W, K{®=1250
Tl = 1 g o ,
' Xi, mf1 Mi hom i, mf2 Mi ext i chr KE=625
«|1- 0.24X; 1 Mi,hom Mi,mf2 i
50(0.5+ Wi i) €Xp(=0.0NP) | Ay
M =1
Extractor , KM (1+R) Ki*=0.15 (mixer—decanter vessel
m°/kg] =
SedM /K] G 0 0INP M et K1420.075
Ti,ext[h] = 1-8
KSR, K{°=39.8 Kl=0.8
MNiext™ 7R; 15 _ 16 _
aekor) (R0t faiis)) K= K=o
Ultrafilter 2 K14
S.ur2[M*kgl = ' (retentate vessgl

exp(-0.03NP) Mi,ext Mi,chr
KR

KY = e ——
i~ Miest R +17 B, KY=6 Ki8=5

ni,extni,chrqu_O-osNPi) AufZ K]|57 =3 K]ﬁs =2

Tiurz[n]=0.3+

Miurz =1
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Table Il.  Continued

Chromatography column KR
0'025|:T]i,ext+—2:|
(R+1)

3 —_
Sen LM /kg] = eXp-0.03NP)

S,chr[m3/kg] =

(vessel)

(column)

i,chr

KR
0.0025| M g+ ———
[”"e“ (R + 1>2] B

Mhexa i chr EXA—0.03NP,) | Ve,

Ti,chr[h] =0.375+
Michr = 0.95

mosin and insulin), an extra amount permeates through the The homogenization time is proportional to the volume

membrane, which i8V, ., times the feed volume. fed to the homogenizeN, ;.. (M°), and inversely propor-
The time required to perform the filtration is proportional tional to the homogenizer capacit€ag,,, (m*h), plus a

to the permeate volumBVPeY,, inversely proportional to  constant downtimeT o

the filter areaAs;, and also inversely proportional to the Vv

permeability of the membrane, taken to be 0.2hmm? of T rom= Tohgm+ mom. i={P,V} (10)

the filtration area. Taking into account an estimated down- ’ ’ Cap hom

time of TP, = 1.25 h for intracellular vaccine and pro-  The volume fed to the homogenizer is the batch volume

tease and a longer time Gﬁmfl = 1.75 h for extracellular jn B :f'hom times the number of passeNP, through the

insulin and chymosin, both requiring filtration and diafil- homogenizer; adopting the 1.25-h downtime yields the time

tration, results in the time expressions in Tables | and Il forexpressions for the homogenizer shown in Table II. It can be

all products. seen that the term inside the brackets is the homogenizer
The yield for microfilter 1 isn; ,, = 1 for intracellular  duty factor.

vaccine and protease because no product is lost through the Syccessive passes through the homogenizer drive the

permeate. In the case of extracellular chymosin and insulinraction of cells disrupted asymptotically to 1, which is also

only a portion of product is recovered during filtration. Af- the fraction of proteins released. The same approach is valid

ter filtration there is a final volumeBV|<.,, in the retentate. to estimate the fraction of proteins released that are dena-

This material is at an initial concentration of produCh;,  tured by the homogenizer. The yield of the homogenizer in

and diafiltration water at a flow rate @f (m%h) is added, Table Il is the product between the fraction released and the

equal to the permeation capacity of the membrane, so thagaction not denatured.

BV[%;, remains constant. The differential mass balance of

product is: Microfilter 2

dG

B if:entqflE: -q - C i={C,I} (8) Cell debris is separated from vaccine and protease at mi-
crofilter 2. No change in batch volume occurs at the ho-
Integrating this equation between an initial concentrationmogenizer, so the size factor of the microfilter 2 retentate
Co,, att = 0 and a final concentratioi;, att = t; renders:  vessel is the same as that of the homogenizer, as shown in

. Table II.
n
In & - G & =W BVi,mi i ={C,I} ) Both filtration and diafiltration operations are assigned to
Coi BV "BV this microfiltration stage. Filtration is limited to 50% reduc-

whereC, /C, is the portion of product not recovered by tion in the retentate initial volume tq avoid opgratlonal prob-
pile: lems due to the large concentration of solid matter. The

diafiltration. Further rearranging produces the yield expres- . .
sions in Table I. Note that if the process variables Wereoermeate vessel size factor considers the extra amount of

fixed, the yields would be constant, as well as the size am(ihafil_trati_on_ water. The time req_uiret_ul to perform the filtra-
time factors, which depend on these yields. Finally, to keeﬁIon IS 5|r_n_|la_r to the one for m'c“’f'“_er 1 but membrane
the global protein balance, we assumed conservatively th ermeability is taken as half that of microfilter 1, because of

30% of total proteins permeated along with the products ofn® smaller pore size required to separate cell dgbns_; a
interest. 1.75-h downtime was assumed for this two-step microfil-

tration.

The yield expression for microfilter 2 in Table Il consid-
ers that half the product is recovered in the filtration step.
The vaccine and protease batches proceed through the heinally, to keep overall protein balance, we assume that
mogenizer for cell disruption that must be sized to hold the60% of the total proteins of the cell permeate along with the
retentate volume of microfilter 1. products of interest.

Homogenizer
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Ultrafilter 1 product due to nonzero bottom PEG composition or incom-
plete separation of phases is neglected. The contaminant

The purpose of this stage is to remove water up to a limit o _ e o )
protein partition coefficient was approximated to 1 over the

total protein concentration, estimated as 50 kt/im order
to reduce, as much as possible, the size requirement of tf¢hole NaCl range. _
downstream stages while still avoiding the risk of protein 1€ Partition coefficients of the product proteins were
precipitation as NaCl is added to the extractor. approximated by a straight line in the légvs. %NaCl plot,

In the case of insulin and chymosin, the size factor for the?V0ting, on 5% NaCl. Data foa-amylase ¢) of Figure 7.
retentate vessel of ultrafilter 1 is the same as that of thd MiStry ?t al. (19,96) were taken as reference, resulting in
permeated vessel of microfilter 1. The outlet batch volumdh® following gradient:
results from the change in total protein concentration. Alog K,

The time required to perform the filtration is similar to Grad, :WaCL =0.925 (13)
that of the previous filters. We adopt a smaller permeability
of 0.02 m/h-m? of filtration area, because of the smaller So, the approximation for thi; prediction is:
pore size required to separate proteins with respect to sepa- _
rating cell debris. The yield of the ultrafilter is 1; that is, no log K; = Grad (%NaC| - 5) vio (14

product is lost at this stage. _ We took all partition coefficients lower thal,, omyiase

In the case of vaccine and protease, the size factor for thgnq present Grad values in the 0.7 to 0.9 range, with the
retentate vessel of ultrafilter 1 is the same as that of th‘following hydrophobicity for the products: Grad= 0.85 >
permeate vessel of microfilter 2. Tables | and Il illustrate theGrad, = 0.80 > Grag¢ = 0.75 > Grag = 0.70. The con-

proposed expressions. centration of productsX}, and contaminantss, in the
feed are calculated from mass balances as follows:

Extractor o . . X+ XN = 50 kgym® Vi (15)
After standardization of the total protein concentration to 50 Pt el
kg/m?® at ultrafilter 1, the batch volumeBV/f,, going into XIn+ X7, = rppyXIn, Vi (16)
the extractor simplify to: ' ' , '

il The concentrationXy};, includes both denatured and valu-
gyin = PP B vi (1) @bleproduct which are assumed to distribute with the same

Lext 50 partition coefficient. The mass balance and phase equilib-
whererpp; is the weight ratio of total proteins to product rjum provide the distribution of components during extrac-

protein, obtained by balance. tion:
The decision variable at this stage is the volumetric ratio pec |,PEG, wPh \,Ph_ vin in .
X X VA + XV =X - BV Y 1
of PEG to phosphate phasds, so the size factor for the ! : : : P Iext ! (17
extractor is: XPEC= KexPh vi o (18

Sexi=1.25- BV (1+R) vi (12) Taking into account that"5¢= R, - V" the yield of the

Backextraction is assumed to be conducted with an aqudirst extraction can be written as:
ous phase volume identical to the feed volume, thus obtain- PEG. PEG .
ing the maximum dilution of NaCl that is compatible with e_ Xi Vi _ Ki R Vi (19
the use of the same vessel for the consecutive extraction and L XI"BVI,, (1+KFR)
backextraction. o ) )

The extraction—-backextraction model used in this study js>imilarly, for backextraction, one obtains:
a simplification of the rigorous model presented by Mistry xPhy/Ph 1
et al. (1996). The kinetics for both mixing and phase sepa- M= L
ration was simplified by assuming that these are completely XPECEVIES (1+KPR)
achieved after 5 min of mixing and 30 min of settling.
Adding 10 min for each charge or discharge and conS|derln%Iph — %NaCFES. Taking %NaCTES® — 7%, the follow-

the sequence of eight operations (charge—mixing—settling= : )
discharge of the phosphate phase—charge of fresh phosphz'art]g expression holds for both phases:

phase—mixing—settling—discharge) results in a constant time 7R
For the mass balances, the PEG—phosphate phase equi-

librium was simplified by assuming a constant top phase Replacing this concentration into Eq. (14) rendéfsfor

composition 30% PEG-2.5% phosphate and bottom phasal proteins, while replacing %NaGk 7 in the same equa-

composition 0% PEG-15% phosphate in the range of 2% ttion providesk{. Multiplying the yields of extraction [Eq.

8% NaCl. Make-ups of PEG and phosphate are supposed {49)] and backextraction [Eq. (20)] results in the total yield

set the compositions of these figures at every batch. Loss dbr the extraction stage in Tables | and II.

Vi (20

In the particular case of NaCk® = 1. Therefore, %Na-

vio (21
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Table lll.  Size FactorsST; for storage tanks. Table V. Optimal values of the process variables.

Size Factor equal to size factor Model/product Xier p W1 Wi io NP R
Between stages of stage
Process performance, no tanks
Fermentor—microfilter 1 Microfilter retentate vessel Insulin 46.54 250.0 0.35 — — 0.636
Microfilter 1—homogenizer (P and V) Homogenizer Vaccine 38.52 250.0 — 1.81 2.36 0.474
Homogenizer—microfilter 2 (P and V) Homogenizer Chymosin 38.96 248.7 0.10 — — 0.634
Microfilter 2—ultrafilter 1 (P and V) Ultrafilter 1 retentate vessel Protease 31.26 250.0 — 1.75 2.39 0.635
Microfilter 1—ultrafilter 1 (I and C) Ultrafilter 1 retentate vessel .
) ) Process performance with tanks
Ultrafilter 1—extractor Ultrafilter 2 retentate vessel :
) ) Insulin 49.35 250.0 0.21 — — 0.636
Extractor—ultrafilter 2 Ultrafilter 2 retentate vessel .
Ultrafilter 2—chromatographic column  Chromatographic column Vaccine 45.54 2500 . 1.3t 2.23 0.582
Chymosin 49.12 250.0 0.20 — — 0.634
Protease 45.54 250.0 — 1.31 2.23 0.582
Ultrafilter 2
. . . . 3
The batch volume into this stage is the same as that into the S e 1 01m vi (24)
,chr—

extractor. The purpose of this stage is to raise the concen- 0.50CMi chr  Mi.chr KY
tration of total proteins to 50 kg/fn The amount of total ) o
proteins can be estimated through the rapp, after the A column height of 0.5 m was assumed, which is large
extraction, which can be taken from the extractor outletenough to allow high resolution and is still compatible with
concentration of products and contaminants. For Vaccinéeasonaple linear velocities. The cross-sectional area of the
and protease it must be taken into account ¥atrepre- column is thus:
sents the concentrations of both denatured and desired prod-
uct.

The outlet volume can be estimated as:

Vchl[mg]

AclIT’] = BT =2 Vo (25

The time required bV, to pass through the column is:

out _ (Total proteing i
P2 Sy —— Vi (22 o |

_ B :?chr[m ] _ B :?chr
Ticnlhl =

Achl[mz] Vchr[m/h] - 8 Vchr

Vi 26,
The batch volume permeated is given by the difference ! (26)

betweenBV{",,, and BV?yi,. The time required to perform

the filtration is calculated as: Elution plus washing-regeneration solution volumes

were assumed to amount to three times the column volume,

and the linear velocity for these processes to be the same (4

m/h) as for loading. This gives the constant tirfftgChr =

0.375 h, which must be added to the time expression in Eq.
We use a downtime of 0.3 h, smaller than that for ultra-(26), and this results in the time expressions given in Tables

filter 1, because batch volumes are lower. The yield of| and II.

ultrafilter 2 for all products is 1.

per
BVi,ufZ

Tiue= T?,ufz + m

Vi (23

DESIGN MODEL FOR THE

Chromatographic Column MULTIPRODUCT PLANT

We assume that the chromatographic column works at & general optimization model for the design of multiproduct

constant linear velocityv,,) of 4 m/h and that its packing batch plants operating in the single product campaign mode

has a binding capacity¢,,,) of 20 kg/n?. Just a percentage is now considered. The following assumptions were made:

of this maximum capacity is used so as to avoid excessive . )

product breakthrough. A 50% capacity usage was assumel, The plant consists of a sequenceMfbatch processing

leading tom; ¢, = 0.95. stages, which are used to manufactBrdifferent prod-
Size factor is thus given by: ucts.

® At each batch stagethere areM; units in parallel oper-
ating out of phase, anlj; units operating in phase, each
with a sizeV;.

® Each produci follows the same general processing se-

Table IV. Estimates (and initial values) of the process variables.

Product Ker Xty Wit Wontz NP R guence, with the restriction that only some stages can be

Insulin 50.0 200.0 1.25 — — 1.0 skipped.

\éiccme_ gg-g ;gg-g s 1.50 3.0 11-8 ® A storage tank of siz&/T, may be allocated between
ymosin . . . — — . : -

Protease 50.0 200.0 — 1.50 3.0 1.0 batch stages and] 1
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Table VI. Stage volume and plant cost obtained with the four models.

Stage volume

Plant
Model cost Fer Mf1® HonmP Mf22 Uf1* Ext Uf2* ChP

Fixed factors no 1,770,418 5.638 5.638 1.409 1.409 11.28 2.614 1.307 0.193
tanks

Process performance 1,505,326 5.557 5.557 0.856 0.856 6.479 1.454 0.986 0.187
no tanks

Fixed factors with 920,790 27.81 4.319 1.080 1.080 15.96 0.967 0.484 0.068
tanks

Process performance, 800,138 27.33 4.24 0.773 0.773 7.037 0.747 0.472 0.063
with tanks

“Retentate vessels.

bVessels.
batches are transferred from one stage to the next without T; o
delay (i.e., the “zero-wait” policy is considered). L=y Vi, vj (29)

. . .. . ]
® The production requirementg, for product in the time Over the time horizonH, it is required that the plant

horizon, H, are known. processes the amoun€3, of each of theP products. Then:
With these assumptions, the design problem for the mul- P
tiproduct batch plant is posed so as to minimize the capital e
cost given by: .:21 QE=H (30)
M M wherekE; is the inverse of the production rate of product
Min CC = EMj N;a Vi + Ecj VT (27) The storage tank allocation decouples the process into
1=1 1=1 two subprocesses upstream and downstream of the tank, so
whereg;, o, G, andvy; are appropriate coefficients for each independent batch sizes and limiting cycle times for each
item type in the plant. The first term on the right-hand sidesubprocess are introduced. Therefore, the previous unique
of Eqg. (27) considers the processing stages. In the case g is transformed into batch siz& defined for product in
composite stages, the summation includes all batch angtagd. The size of the intermediate storage tank is obtained
semicontinuous items associated with it. The second termsing the following expression from Modi and Karimi

on the right-hand side considers storage tanks. (1989):
The batch units are selected so as to contain the size{?_l_ ~ ST (B +B*Y —F (1- ViViel. M-1
required by all products. Thus: =S Bi+B)-F(1-y) ViVi=1... (31)
V= % ViVi (29 In (31), ST is the size factor for an intermediate storage
i tank in locationy for producti. Binary variablesy,, are used

wheres; is the size factor for produgtand stagg, andB; to select tank allocation that assume the value 1 if the tank
is the batch size of product The size factor equations are is placed in positiorj, or zero otherwise. Table 1l shows
obtained from Tables | and II. typical values forST; used in this study. Constraint (31)
The timeT; required to process productn batch stage assures that the tank is sized only if it exidEsis a valid
] is given by the expressions in Tables | and Il. The operaupper bound such that whepis 0 (the tank does not exist),
tion of the plant is characterized by a cycle tini&;, for ~ the constraint is trivially satisfied. In particular, the cost
each product, which corresponds to the limiting time forminimization will drive VT, = 0. When the tank existg/(
each product (i.e., the time between two consecutive= 1), the lower bound of the tank volume holds. The rela-
batches). Therefore: tionship between the values of batches in successive stages

Table VII.  Number of units in parallel per stage obtained with the four models.

Stage
Model Phase Fer Mfl Hom Mf2 Ufl Ext Uf2 Chr
Fixed Factors/no tanks Out 5 1 1 1 1 1 1 1
In 1 1 1 1 1 1 1 3
Process Performance/no tanks Out 5 1 1 1 1 1 1 1
In 1 1 1 1 1 1 1 2
Fixed factors/with tanks Out 1 1 1 1 1 1 1 1
In 1 1 1 1 1 1 1 1
Process performance/with tanks ~ Out 1 1 1 1 1 1 1 1
In 1 1 1 1 1 1 1 1
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Table VIIl.  Optimal permeate vessel volumes and semicontinuous associated unit sizes.

Permeate vessel volume  Semicontinuous associated unit size

Model Mf1 Mf2 Chr Mfl  Hom Mf2 Ufl Uf2
Fixed factors, no tanks 11.275 2.819 0.451 14.799 0.955 7.411 112.050 7.423
Process Performance, no tanks 6.479 1981 0.459 9.991 0.663 8.300 70.282 7.676
Fixed factors, with tanks 8.637 2.159 0.121 17.487 1.048 8.758 101.991 8.238

Process Performance, with tanks 4.289 1.398 0.126 9.053 0.678 7.260 50.348 8.153

is modeled using the following expression (Ravemark,® Model lll. Fixed size and time factors with the allocation

1995): of intermediate storage.
j ® Model IV.Process performance models for size and time
1 B! i i i i
1+ <5 _ 1>y,- - Bjil =1+(@-1y, factors with the allocation of intermediate storage.
i

—_— Models | to IV were solved with the outer approxima-
Vi.vj=1...M-1 (39 tion—augmented penalty—equality relaxation codeoBt ™"
If the storage tank does not exist between two consecutViswanathan and Grossmann, 1990) included in theiss
tive stagesy = 0), then their batch sizes are constrained tooPtimization modeling software (Brooke et al., 1996).

be equal. Otherwise/( = 1), this constraint is relaxed? is The optimal values of process variables obtained \_/vith
a parameter that corresponds to the maximum ratio allowefodels 1l and IV are shown in the Table V. Comparing
between two consecutive batch sizes. these to the estimated values in Table IV we note that, aside

Also, the constraints are written so that the same producfom X; mr1, they attained different values depending on the
tivity is used in all stages. Taking into account that theProductand plant structure. The optimal valuesXgyy, are
relationship between the cycle time and the batch $ize-( &t the common upper bound imposed on this variable to
TL/B,) is the same in all the subprocesses, the constrain@@void handling a semisolid stream of retentate. On the other
are explicitly written as functions d&,. Furthermore, there hand, the increase in the extent of concentration is very
is a set of constraints that correspond to the upper and lowéHfective in reducing the cost of downstream stages, so this
bounds for all variables involved. A more detailed descrip-PlacesX; mr, at its upper bound.
tion has been given by Montagna et al. (2000). The estimated values for the washing water ratios at the

The resulting mathematical optimization model is a non-microfilters were in the 1 to 2 range, with a larger value at
convex MINLP (mixed integer nonlinear program). The bi- microfilter 2 because its feed is more concentrated. The
nary variables are for the structural design of the p|ant,optimal values further expand this difference. The estimates
which are intermediate tank allocation and number of unitdor X te» NP, andR; are usual values for these units, while
in parallel. The structural decisions of number of batch unitdhe optimal values departed from them by approximately
in parallel have been represented as constraints that invol@0% to optimize the economic trade-offs.

the summation of binary variables (Kocis and Grossmann, The results obtained using all optimization models are
1988). summarized in Tables VI to X. From Table VI it can be seen

that the introduction of intermediate storage tanks leads to a
considerable reduction in plant cost. This reduction could be
COMPUTATIONAL RESULTS AND DISCUSSION obtained using both approaches (fixed factors and process

T the desi timizati bl th é)erformance models).
0 compare the design optimization probiem WIth process o process performance models provide additional cost
performance models to the one with fixed size and time

. . savings in plant with respect to fixed factors. This reduction
factors, we first solved the mathematical model of the batcl?S approximately 15% ($1,505,326 vs. $1,770,418) for the

plant assigning reasonable estimates for the process Vallyses with no intermediate storage, and 13% ($800,138 vs.

ables shown in Table IV. We then replaced these values |g920,790) with tanks. This gain corresponds to the size

the eguanons in Tables | and I, which leads to fixed SIZ€eduction of some stages (mainly in those batch units with
and time factors. Furthermore, we used the same values for

the process variables as initial estimates and optimized the

process variables. Both models have been solved with anthble IX. Optimal intermediate storage tank location and volume.
without the allocation of intermediate storage tanks. Over-
all, four design optimization models have been solved:

Volume and location of the intermediate tank

. . . . . . After After After After
® Model I. Fixed size and time factors with no intermediate Model Fer Mf2 UfL U2
storage tanks. ixed f 32.12 2.82 1.21 0.27
H : ixed factor . . . .
°
Model II. Process performance models for size and tlm{rOCess berformance 3157 189 100 0.27

factors with no intermediate storage tanks.
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Table X. Stage idle times per product obtained with the four models.

Product Modél Fer Mf1 Hom Mf2 Ufl Ext uf2 Chr

Insulin | 0.0 0.0 —_ — 0.01 3.00 2.16 4.37
Il 0.0 0.0 — — 0.0 2.54 2.02 3.92
] 0.0 0.0 — — 0.0 0.0 0.72 0.93
\Y 0.0 0.0 — — 0.0 0.0 0.76 0.92
Vaccine | 0.0 2.40 0.0 0.0 3.26 3.00 0.0 4.32
Il 0.0 0.56 0.0 0.03 2.12 1.89 0.0 3.24
] 0.0 1.73 0.0 0.0 0.0 0.0 0.0 0.27
\% 0.0 0.51 0.0 0.0 0.0 0.0 0.0 0.25
Chymosin | 0.0 0.66 — — 0.0 3.00 3.00 4.33
Il 0.0 0.49 — — 0.0 1.92 2.43 3.28
I} 0.0 0.0 — — 0.0 0.0 1.00 0.06
\% 0.0 0.51 — — 0.0 0.0 1.05 0.02
Protease | 0.0 2.95 0.13 0.12 3.28 3.00 0.85 4.29
Il 0.0 0.81 0.0 0.0 1.82 1.46 0.74 2.80
1] 0.0 2.07 0.0 0.0 0.0 0.0 0.23 0.0
I\ 0.0 1.15 0.0 0.0 0.0 0.0 0.26 0.0

3: fixed factors, no tanks; II: process performance, no tanks; Ill: fixed factors with tanks; IV:
process performance with tanks.

semicontinuous items associated). This size reduction iganks reduces the number of fermentors in parallel (out of
very reasonable, based on the fact that the process perfgshase) from five to one with both approaches (constant
mance models optimization set more appropriate values ttactors and process performance). There is also a reduction
the process variables than the constant estimated values fior the number of chromatographic columns in parallel (in
the size and time factors. phase), from three to one for fixed factors and from two to
The optimal plant configurations corresponding to mod-one for process performance models (see also Table VII).
els Il and IV are shown in Figures 2 and 3, respectively.These two units are the most expensive in the plant. The
From these figures, and the results expressed in Tables VI @llocation of intermediate storage tanks allows for a reduc-
X, itis apparent that the introduction of intermediate storagédion in equipment volume, cost, and idle times. The units

5 FERMENTORS
OUT OF PHASE

@ _.
INSULIN
HOMOGENIZER 1% ULTRAFILTER. 2 ULTRAFILTER
VACCINE
—> — —>
R —» —» —» —»
CHYMOSIN
—>
1% MICROFILTER 2™ MICROFILTER
PROTEASE EXTRACTOR
__.’ _>
PLANT COST = 1,505,300 2 CHROMATOGRAPHIC
E COLUMNS IN PHASE

Figure 2. Protein plant design with process performance models without intermediate storage.
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INSULIN CHROMATOGRAPHIC

TANK HOMOGENIZER TANK, TANK 2™ ULTRAFILTER COLUMN
—>
VACCINE
CHYMOSIN
—> 1% MICROFILTER 2" MICROFILTER 1% ULTRAFILTER
EXTRACTOR TANK
PROTEASE

» FERMENTOR

PLANT COST : 800,100

Figure 3. Protein plant design with process performance models and intermediate storage tanks.

operate with reduced size more often, thus better utilizindCONCLUSIONS
their capacity.

With respect to the intermediate tank locations, model$Process performance models for the optimal design of a
Il and IV allocate storage at the same places. Table IXmultiproduct protein production batch plant have been de-
shows that the tank capacities are very similar in both apveloped. The model is an MINLP (mixed integer nonlinear
proaches. program) that considers parallel units in phase and out of

The presence of process performance models allows fg§hase, as well as the allocation of intermediate storage tanks
further reduction of idle times by adjusting size and timethrough 0-1 binary variables. The model also considers
factors and, consequently, better unit capacity. The impacemicontinuous and composite units (batch units combined
of these models on the idle times is shown in Table I. Th&yjith semicontinuous items assumed here as a single stage).
table shows the results obtained with the four models pre- The performance models are nonlinear and nonconvex

senting differences depending on the product. and thus more difficult to solve than the fixed factor models,

First, we notice that the fermentor, which comprises theWhich generate geometric programming design problems.

most expensive stage, has no idle time in any of the mode : ; .
and products. Overall, the models with intermediate tankljhe reported solutions are the best local optima obtained

(models Il and 1V) have much smaller idle times than theaﬂe.r sgveral different initigl points. Note that global opti-
models that involve only parallel units (models | and II). mall'Fy IS not- guarantegd with _these moqels'

Finally, in comparing the process performance vs. fixed It is not trivial to estimate time and size factors for the
factors models (e.g., model Il vs. model I), in the former wePlant design. This difficulty may be overcome by the pro-

notice that the process variables accommodated themselv@§S€d process performance models, which predict the size
at the optimum in such a way that reduced idle times. and time factors as a function of process variables. Itis more
The computational performance is summarized in Tabldeasonable to estimate values for these process variables
XI, which shows model size in terms of number of variablesthan for time and size factors of the stages.
and equations as well as the execution time and number of We compared the results when using the performance
major iterations to reach the solution witha@s/DicorT™* models to those considering fixed size and time factors. As
(Brooke et al., 1996). From Table Xl it can be seen that theexpected, the results obtained show that the process perfor-
addition of the process performance constraints increaségance models provide better solutions, because of the extra
the number of variables and equations compared with fixedlegrees of freedom that this approach introduces. The cost
size and time factor models. The execution time for themprovement is on the order of 15% with reduced equip-
design models with process performance constraints igient idle times. As compared with a global solution ap-
larger by one order of magnitude with respect to the onegroach (Bhatia and Biegler, 1996), we expect that the pre-
with fixed factors, but it takes no longer than 4 CPU minutessent model will favor the solution of larger problems, be-
for the worst case when using an IBM-PC Pentium 233-cause it can eventually be disaggregated into separate
MHz platform. moduli. In this sense, process performance moduli may pre-

Table XI. Computational performance of the MINLP problems.

Discrete Solution Major
Model Equations Variables variables time (seconds) iterations

Fixed factors, no tanks 150 164 80 2 4
Process performance, no tanks 232 253 80 71 5

Fixed factors, with tanks 179 180 87 22 4
Process performance, with tanks 285 297 87 208 4
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dict the size and time factors (one for each product) and théBarrera and Evans, 1989) and the interactions among dif-
multiproduct plant model with fixed factors would optimize ferent product requirements. None of these effects can be

the plant structure.

We focused our work on the standard design problem (as
presented in Grossmann and Sargent, 1979; Modi and
Karimi, 1989; Ravemark, 1995; Ravemark and Rippin,
1998), posed in essentially complete form (e.g., including
all available structural optimization decisions), and incor-
porated its dependence on the process variables through
performance models.

The present work represents a step toward adding detail 5
to the multiproduct plant design problem. In doing so, we
combined a simple plant model (e.g., single product cam- B
paigns disregarding campaign sequence) with simple stageB!
models (e.g., capital costs and level of detail limited to 18 BV'J
process variables). C

With respect to limitations due to the use of simple pro- ¢
cess models, these are constructed in the context of theCap
hierarchical approach to process design as proposed byDj
Douglas (1988). Models rely on a list of dominant design 4
variables suspected to have the strongest economic |mpa<:tE
on the design. So, reasonable values were estimated for allgrad
other variables, which become parameters in the simplified H
models. An important step to be performed afterwards is to K
check if these assumed values were reasonable, focusing o
parameters with the strongest economic impact. To detect M
them, one needs to perform sensitivity studies. Although N
sensitivity analysis is beyond the scope of the present study, NP
we may anticipate that the concentration bounds on biomassP
and proteins have an important economic impact because
the process optimization variables tend to be quite close to
them at the optimal solutions. Further refinement in select- r
ing these bounds (e.g., by experimental determinations) rpp,
may prove to be worthwhile. S

Furthermore, some pieces of equipment modeled with ST
constant factors might need to be represented with processT
performance models. For example, in the case of storageT1
after the fermentor, the model assumed that no product is TL
lost. A more detailed model would consider first order prod- Vv
uct degradation, so that this could discourage storage in N
favor of duplication. In conclusion, one needs to check the Wj
effect of simplified model quality on the design. X;

With respect to the plant model consideration of single
product campaign mode, this assumption is common to all ¥
the literature on batch process design, with the exception of

taken into account with the constant factor model.

J.A. Asenjo thanks Fundacion Andes for donation of all the
advanced equipment to the Centre for Biochemical Engineering
and Biotechnology, University of Chile and the Millenium In-
stitutes Programme (Project ICM-P99-031F) of MIDEPLAN.

OMENCLATURE

filtration area or cross-section of chromatographic columf) (m
cost coefficient for batch (composite) unit in stgge

batch size of final produdt (kg)

batch size of produdtin stagej (kg)

batch volume of produgtin stagej (m®)

binding capacity of the chromatographic column (kg®m
concentration in diafiltrationG, initial; C;, final) (kg n=)

cost coefficient for intermediate storage tank allocated in pogition
capacity of the homogenizer fnn™?)

duty factor of semicontinuous itein(size kg* h)

cost coefficient for the semicontinuous unit associated with batch
unit at stagg

inverse of the production rate of producth kg™)

gradient of loK vs. %NacCl, defined by Eq. (13)

net available production time for all products (h)

partition coefficient at the extractor (=)

ratio of producti in the fermentor (kg product/kg total proteins)
number of stages in the plant

number of batch units in parallel out of phase in stpge
number of batch units in parallel in phase in stage

number of passes at the homogenizer for prodye)

number of products

flow rate of diafiltration water of produdt (m®h)

production requirement of producikg)

volumetric ratio of PEG to phosphate phases of prodiye)

size of semicontinuous itefn A (m?) or Cap (m°/h)

ratio (kg total proteins/kg produd}

size factor of product in batch itemj (size kg?)

size factor for product for intermediate storage tank in locatipn
processing time of productat batch stagg (h)

time factor that accounts for fixed amount of timeTip (h)

time factor for time proportional t&, in T; (h kg™)

limiting cycle time of produci (h)

linear velocity at the chromatographic column (mhh

size of batch item (m®)

size of intermediate storage tank allocated in posiji¢m®)
volumetric ratio of diafiltration water to feed at the microfilters (=)
concentrations of biomass of produand contaminant proteins
in stagej (kg/m°)

binary variable that determines the allocation of storage tank in
positionj

Birewar and Grossmann (1989), who assessed a ratherg gk jetters

simple plant structure (neither intermediate storage nor du-
plication units). The campaign sequence will certainly af- o
fect the overall performance, but its consideration at this Y
level would severely increase model complexity. Thus, ¢
campaign sequencing is postponed to an inferior deCISIOI’l _
level. e
Even with these limitations, this is, to our knowledge, the @
model with the highest level of detail (for plantwide mul-
tiproduct processes) available in the literature. Moreover,
this approach captures the influence of the variables that cp,
establish economic trade-offs between or among stagese

464

cost exponent for a batch unit at stgge

cost exponent for an intermediate storage tank allocated in posi-
tion j

kinetic constant of produdtfermentor (%)

yield of producti at stagg (-)

operating time of semicontinuous itejngh)

maximum ratio allowed between two consecutive batch sizes (=)

Subscript or superscript

chromatographic column
extraction from Ph to PEG phases
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ext  extractor
fer  fermentor
hom homogenizer
in inlet (stage)
max maximum concentration of biomass at the fermentor
mfl  microfilter 1
mf2  microfilter 2
out outlet (stage)
PEG polyethylene-glycol phase in extractor
Ph phosphate phase
per  permeate in filters
ret  retentate
ufl  ultrafilter 1
uf2  ultrafilter 2
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