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Abstract

The main purpose of this paper is to analyze the adequacy of some hypotheses assumed in the literature for modeling mass transfer phenomena
and hydrodynamics in bioreactors. Four different hydrodynamic models were investigated to simulate the dynamic behavior of an anaerobic
fluidized bed reactor (AFBR). A total developed flow condition and the assumption of an incipient gas phase are some of the evaluated hypotheses.
All AFBR models simultaneously compute the dynamics of the phases and their components, including the effect of the biofilm growth in the
fluidization characteristics. From a computational point of view, ordinary and partial differential equation-based models were calculated using
gPROMS (Process System Enterprise Ltd.). Simulations based on a case study were compared. The bioreactor performance was analyzed through
the main variable profiles such as phase holdups and bed height, pH, chemical oxygen demand (COD), biofilm concentration and biogas flow
rate. In a previous paper [M. Fuentes, M.C. Mussati, N.J. Scenna, P.A. Aguirre, Global modeling and simulation of a three-phase fluidized bed
bioreactor, Comput. Chem. Eng., Ms. Ref. No.: 4281, submitted for publication], a heterogeneous model of a three-phase bioreactor system was
presented by proposing a one-dimensional (axial) dispersive model. Its results are here used to establish a reference point. For example, the fact
of considering a three-phase system with total developed flow (hydrodynamic pseudo-steady state) and complete mixture in all phases causes
deviations around 5% in predictions of biofilm concentration, and 0.5% in predictions of liquid and gas phase component concentrations, when
compared with results from the phenomenological dispersive model. However, predicted total COD removal efficiency is almost the same for both
models. Although the gas holdup is negligible when compared with the liquid and solid ones in anaerobic fluidized bed reactors, results from model
simplification assuming an incipient gas phase differ considerably from predictions based on original three-phase modeling.
© 2007 Elsevier B.V. All rights reserved.

Keywords: Hydrodynamics; Three-phase systems; Two-phase systems; Dynamic modeling and simulation; Anaerobic fluidized bed reactors

1. Introduction

The main interest of hydrodynamics modeling approach in
a context of fluidized bed bioreactor modeling is to calculate
the fluidization characteristics such as holdup and velocity of
each phase present in the reactor, due to their influence on the
system residence time, reactor size, specific biofilm superficial
area, mass transfer and biofilm detachment processes. Indeed,
characteristics of fluidization in a bioreactor are functions of
biofilm concentration.
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A biological fluidized bed reactor consists of a column con-
taining an inert material support onto which biofilm develops
to form bioparticles. Gas accumulation and particle sedimen-
tation take place in a separation compartment placed over the
column. From a hydrodynamic point of view, the treated efflu-
ent, biogas, fresh feed, and recirculation flows are the main
streams to be calculated. Although both aerobic and anaero-
bic systems involve a gas phase, this is injected to column in
aerobic reactors and is generated from degradation processes
in anaerobic ones. Solid holdup varies during the biological
time horizon due to the ongoing microbiological processes:
growth, death, detachment and hydrolysis of biomass. Gas
holdup also varies but its contribution is generally negligi-
ble compared to the solid and liquid holdups in anaerobic
reactors. Even when these microbiological processes cause
a time variation of bed porosity, this change is sufficiently
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slow compared to those caused by a hydrodynamic transient
[1,2].

The application of empirical or semi-empirical models to
predict hydrodynamics of fluidized beds requires estimating
the phase holdups and/or superficial velocities. These mod-
els consider a steady state or total developed flow condition.
The fact that bioparticles properties vary during the biological
transient causes a hydrodynamic pseudo-steady state condition.
A phenomenological model based on mass and momentum
balances allows the simultaneous prediction of the dynam-
ics of the phases and their components, including the effect
of the biofilm growth in the fluidization characteristics and
interaction among them in both hydrodynamic and biological
transients [1,2].

Most published models oriented to calculate the bioreac-
tor hydrodynamics [3-6] do not consider the mass transfer
through the interfaces. In a previous paper, Fuentes et al. [1]
described all terms that compute the mass transfer in the phases
and interfaces of the bioreactor system. Authors proposed a
heterogeneous model of a three-phase solid-liquid—gas sys-
tem to investigate the hydrodynamics and biological behavior
and the system performance of anaerobic fluidized bed reactors
(AFBRs) for treating wastewaters. Global modeling of AFBRs
involved differential mass and momentum balance equations
for the three phases, differential mass balance equations for
phase components, and other algebraic equations to compute
the biochemical and physico-chemical processes [1,2]. These
processes were described using the Anaerobic Digestion Model
No. 1 (ADMY1) of the International Water Association IWA [7].
A one-dimensional (1D axial) dynamic model was proposed
and different flow patterns for the phases were analyzed. The
AFBR model allows to calculate variation of properties along
the axial direction of the bed, including bed stratification and
changes in the particle characteristics (density and diameter).
Bioreactor performance was analyzed through the main vari-
able profiles such as phase holdup and velocity, pH, biomass
concentration and generated biogas flow. Depending on phase
dispersion coefficient values, i.e. different flow conditions, dif-
ferent biomass concentration profiles were obtained along the
axial direction of the bed. The effect of the support particle
characteristics (particle density and diameter) on the biofilm pro-
cesses and bed fluidization was studied. As shown, an increase in
the particle diameter or density requires an increase in the fluid
velocity at the reactor inlet to maintain equal initial fluidization
characteristics. Therefore, lower attached biomass concentration
values and, thus, different stratification levels were predicted
during the biological transient. The mathematical model was
implemented and solved using the process modeling software
tool general PROcess Modeling System (gPROMS; Process
Systems Enterprise Ltd. [8,9]). It facilitates mathematical anal-
ysis taking into account different hypotheses related to phase
modeling and hydrodynamics. In fact, each new assumption
determines the nature of a new modeling approach. While that
paper was oriented to present the bioreactor model focused on
coupling the anaerobic biofilm processes and hydrodynamics,
and evaluating bed stratification, the present work is mainly
focused on simulation-based analysis of results from four differ-

ent hydrodynamic models. Model assumptions on mass transfer
and hydrodynamics are described in the corresponding sec-
tions. In order to establish a workable point of comparison
among all reactor models, results presented by Fuentes et al.
[1] for a total developed flow condition (see Section 3) were
included.

The paper is organized as follows: in Section 2, main equa-
tions and sensitivity analysis of model parameters to describe
the hydrodynamic subsystem in four AFBR models are pre-
sented. Simulation results for a case study using these models
are compared in Section 3. Computational and numerical aspects
of model solution using gPROMS are described in Section 4; and
finally, conclusions are drawn in Section 5.

2. Hydrodynamic models

For all modeling approaches, biochemical transformations
are assumed to occur only in the fluidized bed zone but not in
the free-support material zone. No mass transfer limitations in
the biofilm and liquid film are assumed. The substrate concentra-
tion has the same value throughout the biofilm. This behavior is
commonly observed in anaerobic biofilms of thin thickness [2].

Homogeneous biofilm distribution on the support particles,
constant density and diameter of the support particles, constant
wet biofilm density and spherical geometry are assumed for the
bioparticle model (see Eqs. (5)—(7)). The number of support
particles (i.e. the number of bioparticles) is assumed constant
and these are homogeneously distributed within the entire reac-
tor. These simplifying assumptions were introduced to make the
model workable, although they do not completely reflect reality.
Extension of these assumptions to more realistic conditions (e.g.
introduction of the size distribution of particles, variable density
of biofilm with time) will be the next step in the development of
this modeling concept.

The heterogeneous and dynamic model of a three-phase
solid-liquid—gas system proposed by Fuentes et al. [1] is con-
sidered as Model I for fluidized bed hydrodynamics modeling.

A second model (Model II) is derived by assuming a total
developed flow condition and a complete mixture behavior for
all phases. Semi-empirical equations are used to compute the
phase fluidization characteristics (Section 2.1).

Models III and IV are based on the above ones, but con-
sidering a two-phase solid-liquid system and assuming that
the formation of the gas phase has little effect on the hydro-
dynamic behavior [3,10-13]. In these models, constant holdup
(lower than 1%) for the gas phase is assumed. Thus, mathemat-
ical expressions to calculate hydrodynamics are only applied to
(solid-liquid) two-phase pseudo-system. Fig. 1 summarizes the
four modeling approaches.

2.1. Main mathematical model equations

Model I is based on partial differential equation (PDE) for
solving the phase mass and momentum balances and mass bal-
ances of phase components (Table 1). Although this has been
named as a “phenomenological” modeling approach, empiri-
cal relationships are involved through the interaction force (F7)
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Fig. 1. Models for calculating the bioreactor hydrodynamics.

equations (see Section 2.2). Table 1 summarizes the main math-
ematical expressions for Model 1.

The phase components are active and non-active biological
species in the solid and liquid phases, soluble and insoluble
chemical species, particulate material and gas phase compo-
nents. All terms (3_ R}, + > ;T;;) related with mass transfer
processes, model parameters and constants, and initial and
boundary conditions to solve differential equations are described
in Fuentes et al. [1] and Fuentes [2]. However, the main rate
expressions have been summarized in Table A.1 of Appendix
A.

Although support particles are homogeneously distributed,
the biofilm thickness (§), and thus, the bioparticle diameter vary
with time and in the axial direction of the bed. Since the solid
holdup e5(z,f) can be interpreted as the volume fraction of the
total bioparticle volume in the volume dV = A.dz; from an overall
material balance in the reactor unit, the height (H) of the fluidized
bed is calculated as follows:

iNbp‘_/bp _ LNbp[l/Hfz Vipdz]

H= =
Ac Ac [1/f1fZ esdz]

ey

£s

Table 1
Mathematical expressions for Model I [1,2]

where Vb3p and Npp are the bioparticle volume (Vpp=
w(dp+28)°/6) and the number of bioparticles (Npp =
W/ppVp = W/ pp(ndg /6)), respectively.

There are several empirical and semi-empirical models to
predict hydrodynamics of three-phase systems [14]. Here, the
generalized bubble and wake model (GBWM) [15] is selected
to describe the three-phase system in Model II. The wake con-
cept considers the three-phase fluidized bed to be composed
of: (1) the gas bubble region, (2) the wake region, and (3) the
solid-liquid fluidization region. The porosity in the solid—liquid
fluidization region can be expressed by the Richardson and Zaki
[16] equation (" = U)/Uy), the wake region moves at the same
velocity as the bubble, and the porosity of this region can be dif-
ferent as the solid-liquid fluidization one. The simplified wake
theory (i.e. the liquid wakes are particle-free) [17,18] is used here
to calculate the liquid holdup. The empirical equation proposed
by Chern et al. [18-20] for calculating the gas holdup directly
from flow velocities and solid holdup is here used. Parame-
ter k from GBWM, which describes the relationship between
volumetric fractions of wake and bubbles, is calculated using
the expression proposed by Yu and Rittmann [18]. Main equa-
tions for Model II are described in Table 2. Note that terms
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Table 2
Mathematical expressions for Model II [2]
Model II:
Liquid phase

Holdu b _ k=2 Us v — e — 1-1/n — 3 _

p &L = U T [1—eg — kegl +keg, k =3.5¢] exp(—5.08eG)
t t
Velocity U0=U1+Ug=8LUL+6‘GUG

Phase component mass balance eq.

Acd

gL(z’LH = 01,91 — QuoudiL +V (ZR Z ) ’

L= TUO [Qf¢iL,~ + Qr¢iL,=H], O, = Qo = UoAc, Qu,,, = UlAc
C
Solid phase
Holdup es+ep+eg=1
Velocity Us=0
Phase component mass balance eq. ACdSSd)’S =V (Z R{S + ZT/S)
J J
Gas phase
Uy Uy U U, \%
Holdup £ = £ 4 I . . ( £ )
&G 1 —eg 1 —eg 1 —es
degH Vv i
Velocity Ug = % =_%¢ + ZT’G
Ac dr AcpG — !
ij
H
Phase component mass balance eq. Acd EG(ZIG —Q0g PtV <ZR Z )

o le.]k +22; T;) related with mass transfer processes are the
same as in Model I (see Table A.1, Appendix A).

As described above, the fact of applicating empirical equa-
tions to calculate phase holdups requires estimating the liquid
(Uh) and gas (U,) phase superficial velocities. A constant volu-
metric flow through the fluidized bed is assumed, the velocity in
the bed cross-section is equal to fluid velocity at the reactor inlet
Uy (Table 2). The generated gas is assumed to be separated from
the multiphase stream in the upper part of the reactor column,
and thus, the gas phase flow rate at the reactor inlet (Qg, ) is
equal to zero.

The largest changes on the hydrodynamic properties evi-
dently occur during the hydrodynamic transient, and the solid
phase velocity is almost zero when the fluidized bed reaches the
hydrodynamic steady state [1,2]. In Model II, hydrodynamic
equilibrium for bioparticles is assumed and thus, solid phase
velocity is considered equal to zero (Us =0). Since the solid is
confined in the control volume, no flux conditions at the reactor
inlet and outlet are assumed (Qs,, = Qs = 0).

Similar to Eq. (1), for a complete mixture flow, i.e. when the
properties are only time functions, the height of the fluidized
bed is calculated as:

1 (W/pp)(1 +25/dp)’
Ac

H= ()

&s

2.1.1. Simplified models (IIl and IV) based on the
hypothesis of an incipient gas phase

For describing Models III and IV, mathematical expres-
sions summarized in Tables 1 and 2 are only applied to

solid—liquid two-phase pseudo-system, respectively. The rela-
tionship ep + &5 =1 — g =&’ is assumed, so that &’ is a constant
value near to 1.

For these models, gas phase mass balance is reduced to
calculate the generated gas flow rate (Qg ) at the reactor out-
let. Specifically, for Model III the gas phase mass balance is
expressed as:

Vil j
SGACT = —ngm + ,07 E /Z;TlJGdZ (3)

In Eq. (3), the term in brackets represents the mean value
of mass transfer at the liquid—gas interface along the bed axial
direction.

Interaction force (Fy, ;) between liquid and gas phases is
considered equal to zero when the momentun balance equation
(Table 1) is applied to liquid phase in Model III.

When there is no gas flow (¢g =0) in the fluidized bed, equa-
tion to calculate liquid holdup in Model II (Table 2) becomes in
the relationship for two-phase solid-liquid fluidized beds [16].
It is the main assumption used to calculate the liquid holdup in
Model IV. As a constant gas phase holdup (¢g) is considered,
equation written in Table 2 to calculate e is not used.

Model equations show that to predict fluidization charac-
teristics, for three-phase or two-phase (phenomenological and
empirical) modeling approaches, several important parameters,
such as the terminal settling velocity of particles U; and the
bed expansion coefficient n, must be accurately determined
(Tables 1 and 2). The sensitivity analysis presented in Section
2.2 is not intended to be a review of correlations for estimation
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Table 3
Correlations for calculating parameters n and Cp

Richardson and Zaki [16]

n=44Re %! 1 < Re <500, Cp=18.5Re[*®, 0.3 < Re, < 1000°
Hermanowicz and Ganzarczyk [21]

n=1035Re ", n =10.35Re7 "8, Cp = 17.1Re7%", 40 < Re, < 81
Thomas and Yates [25]°

n= 30.0Re:0'505, 40 < Rey < 81; Cp = 17.1Ref0'47, 40 < Rey < 81
Mulcahy and Shieh [22]

n =10.35Re;"'¥, 40 < Re; < 90; Cp = 36.6Re ™%, 40 < Re; < 90
Yu and Rittmann [18]

n =4.526Re}"1%; Cp = FL +14.55Re**, 40 < Re < 90

2 Suggested by Perry and Chilton [27] for smooth rigid spheres.
b Authors suggested the equation reported by Shieh and Chen [28] to calculate
the expansion coefficient n.

of U; and n. The aim here is to show the results dispersion using
some of most cited and used correlations in literature related
to biofilm reactor modeling. It should be noticed that there are
new correlations recently published for the estimation of such
parameters.

2.2. Sensitivity analysis of parameters Uy and n

In fluidized bed bioreactors, parameters U; and n are functions
of biofilm thickness (6). Authors [18,21-25] have studied the
effects of biofilm accumulation on these parameters in fluidized
bed reactors. Table 3 summarizes some correlations to calculate
n and the drag coefficient Cp, which is substituted in equation
(4) to calculate Uy.

4gd, —po)]%°
U, = { gdpp(ps )OL):|

4
3CppL @

An increase in the bioparticle volume (due to a biofilm vol-
ume increase) causes a variation of bioparticle diameter dyp and
density pyp (equal to the solid phase density ps). From model
assumptions, dy, and py), can be calculated as:

dop = dp + 26 o)
Pp + XPF
Pbp = plﬁ (6)

where x is the volumetric ratio between biofilm and material
support:

_ (4w’
- ()~

In Table 3, the terminal Reynolds number (Rey) is calculated
as:

_ Utdbp PL
KL

Re, ®)

Better agreement between experimental and predicted hydro-
dynamic values was obtained using the correlation proposed by
Foscolo et al. [26] (Eq. (9)), even when it was not deduced to

(a) 120 4 Foscolo et al. .
1 — — Herm. & Ganz., Tomas & Yates /
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Fig. 2. Sensitivity analysis: (a) terminal Reynolds number (Re;), (b) terminal
settling velocity (U;), and (c) bed expansion coefficient (n), as functions of
biofilm thickness (§).

describe the hydrodynamics of AFBRs [10].

—17.3uL + [299.2902 + 1.344gd3 pr(ps — pu)]”
t — k

0~672dbp,0L
0.2 < Re; < 500 ®

Fig. 2a—c show sensitivity analysis of parameters Re;, U; and
n, respectively, in relation to biofilm thickness (§) using the cor-
relations summarized in Table 3. Results from combining the
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Richardson and Zaki [16] equation to calculate n (Table 3), and
equation (9) to calculate U; are added. Characteristics of sup-
port particles described in the original case study from Fuentes
et al. [1] are here used; a particle diameter d}, equal to 0.35 mm
and a density pp of 2630kg m~> are considered. The liquid
phase has been assumed as water at 35°C (p. =993kgm™3,
uL=7.6x10"*kgm~'s™1).

For the case study (at constant dp, and pp), for all correlations
and as shown in Fig. 2b, terminal settling velocity increase with
the biofilm thickness when it has reached values higher than
250 pm.

From Fig. 2, the biofilm thickness has to be above 600 pwm for
successfully applying the Hermanowicz and Ganzarczyk [21],
Thomas and Yates [25], Mulcahy and Shieh [22], and Yu and
Rittmann [18] correlations, which are valid for 40 < Re; < 90.
These equations have been obtained and applied to aerobic
biofilm systems in which the biofilm thickness can overshoot
this value.

From the mass balance in the solid phase and the bioparti-
cle model here assumed, the following relationship between the
biofilm thickness § and the total (active and non-active) attached
biomass concentration X5 (see Figs. 4 and 5) can be derived:

S 1
Xt =pr ll a1+ 25/dp)3] 4o
Some characteristics of support particles such as shape,
roughness, and material porosity, have not yet been included
in the bioparticle model. Therefore, the value of § calculated
from Eq. (10) can be interpreted as an ideal mean value.
Previous experiencies showed that the biofilm is normally inho-
mogeneously distributed on real support particles. By scanning
electron microscopy (SEM) it was observed that microorgan-
isms are attached to approximately 50% of the superficial area
of sand particles, mainly covering the deep zones of the particles
due to abrasion and erosion effects on the exposed zones [29].
For the range of Re; here investigated, original Richardson
and Zaki [16] equations or their combination with the Foscolo
et al. [26] equation (Eq. (9)) to calculate U, seem to be more
appropriate to be applied to bioparticle systems with low biofilm
thickness. Although no experimental data were obtained for 6, a
good agreement between the predicted and experimental COD,
VFA, pH, and biogas production rate values was obtained by
adjustment of Model II, using well-known parameters for bio-
chemical and physico-chemical processes, and estimating the
specific biofilm detachment rate kg for two mesophilic anaero-
bic lab-scale fluidized bed reactors with sand as support particles
for biofilm attachment [30]. The simplified wake and bubble
theory simulated successfully the main hydrodynamic events
that took place in the reactors. The w-function used for mod-
eling the biofilm detachment rate resulted to be appropriate for
representing bioreactor behavior during non-highly perturbated
hydrodynamic conditions (see Appendix A). These results were
obtained using the equation provided by Foscolo et al. [26] to
calculate U; and the original equation of Richardson and Zaki
[16] to calculate n (Table 3). Therefore, as well as in the previous
paper, these correlations are here used to calculate U; and n.

3. Results and discussion

In this work, results of the original case study reported by
Fuentes et al. [1] are used. Characteristics of support particles
have been previously mentioned (Section 2.2). The reactor col-
umn has a maximum height Hpy,x of 2.00 m, and a diameter D,
of 0.065 m. Support material (W=23.50kg) is loaded till reach-
ing a static bed height Hy of 0.70 m. 1 g of chemical oxygen
demand (COD) per liter concentration of a synthetic substrate
(70% glucose, 20% acetate and 10% milk powder) is fed to the
bioreactor at a flow rate of 3.20 L. d~". For a reactor inlet veloc-
ity Up of 1.81 x 1072ms~!, a bed expansion around 45% is
reached during the hydrodynamic transient.

Kim and Kim [31] equation was used to calculate the liquid
phase axial dispersion coefficient:

dngUL % 19(([[))166< eLUL )1.03 (11)
DL ' D, eLUL 4+ egUcg
A value for D1 equal to 1.83 x 1073 m? s~ at the beginning

of the biological transient is obtained, and a decrease of 0.23% is
computed due to an increase of the biofilm concentration. From
sensitivity analysis, values for solid and gas phase coefficients
of D,s = 0.1D;1, and D,g = 0.1D,1, respectively, assured uni-
form concentration profiles (complete mixture behavior) in the
solid phase [1,2]. This flow pattern was named as “totally disper-
sive” flow condition. Simulation results for biological transient
assuming this flow condition are settled as Model I results.
Because of the low COD concentration of the reactor feed
(1gL™1), expected biomass and biogas yields are too low
(Fig. 4a and b). For this case study, as shown in Fuentes et
al. [1], gas phase holdup presents a plug flow behavior for all
tested dispersion coefficient values. Steady state values from
£G(z=0) = 0.00025 to eg;=x) = 0.00047 along the bed axial
direction were obtained. These values are practically negligi-
ble when compared to liquid and solid ones. Therefore, most
published works assume AFBRs as solid-liquid two-phase sys-
tems to describe their hydrodynamics. Firstly, a comparison of
results considering a three-phase bioreactor system is depicted
in Section 3.1. In Section 3.2, results obtained from simpli-
fied models taking into account an incipient gas phase, i.e. a
two-phase solid-liquid pseudo-system, are presented.

3.1. Results from Models I and I1

Although Model II simplifies the hydrodynamic behavior
of bioreactor and algebraic and empirical equations are used,
simultaneous prediction of phases and components dynamics
including the effect of the biofilm growth in the fluidization char-
acteristics during biological transients can be calculated. As an
example, predicted values of the bed height and solid holdup for
Models I and II are represented in Fig. 3.

Model II has the disadvantages of not predicting hydrody-
namic transients and not reproducing non-ideal flow conditions
when compared to Model I. The principal advantage of Model 11
is a lower numerical complexity because it is based on solution
of ordinary differential equations (ODEs) (see Section 4).
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As expressed above, Model II allows to calculate dynamic
variation of properties during a biological transient assuming a
complete mixture behavior in all (three) phases. Fig. 4a and b
show a comparison between predicted values of macroscopic
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and pH, respectively, for Models I and II.
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Fig. 4. Comparison of results from Models I and II: (a) COD and biofilm
concentration (X?) profiles, (b) biogas flow rate (Q,) and pH profiles.

Biofilm concentration profiles differ in 5% (Fig. 4a). How-
ever, a deviation lower than 0.5% is obtained in the liquid and
gas phase component concentrations. As observed in Fig. 4b,
predicted values of system pH and biogas flow rate are almost
the same for both modeling approaches. Therefore, practically
the same COD removal efficiency is depicted by Models I and
II.

3.2. Results from simplified models considering an
incipient gas phase

For solving Model III, equation (7) is simplified and used
to calculate the liquid phase dispersion coefficient (D, =
0.049536, U D&% dy,"*). At the beginning of the biological
transient, D, has the same value as in Model I, and a decrease
of 0.21% is computed due to an increase of the biofilm concen-
tration. A solid phase dispersion coefficient value equal to 10%
of D,y is used. These values assure uniform profiles in liquid
and solid phases.

Fig. 5a and b show a comparison of results obtained from
Models I and III. A decrease of 5.82% in biofilm concentration
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Fig. 5. Comparison of results from Models I and III: (a) COD and biofilm
concentration (X?) profiles, (b) biogas flow rate (Qg) and pH profiles.
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Table 4

Characteristics of AFBR models (I-1V)

Characteristic Model I Model IT Model IIT Model IV
Prediction of transients Hydrodynamic and biological ~ Biological Hydrodynamic and biological ~ Biological

Ideal and non-ideal flow
Three-phase S-L-G

Phase flow conditions
Hydrodynamic system type

Numerical complexity PDE (high index) ODE (high index)
Equation number 3518 291

Differential variable number 1045 52

CPU time (seconds) >80 <8

Ideal flow (complete mixture)
Three-phase S-L-G

Ideal and non-ideal flow
Two-phase S-L

Ideal flow (complete mixture)
Two-phase S-L

PDE (high index) ODE (high index)
2959 258

990 52

>80 <8

% An additional programming effort to solve optimization and parameter estimation schedules are required.
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Fig. 6. Biofilm concentration (X%) and pH profiles from Models III and IV.

is predicted by Model III, and total COD concentration values
differ considerably (Fig. 5a). Contrarily to results from Model
I, a high decrease in system pH values is obtained using Model
III. It causes a decrease in the liquid—gas mass transfer rate and
thus, in the biogas flow rate values (Fig. 5b).

As occurred with Model I and II, both simplified models (I1I
and IV) present almost the same overall results. A difference
of 1.3% in biofilm concentration steady state values is obtained
between Models III and I'V. Fig. 6 shows that there are almost no
differences in system pH and COD profiles predicted by these
modeling approaches.

From the above results, it is concluded that for the evalu-
ated case study, ODE Models II and IV represent acceptably the
totally dispersive flow condition calculated by PDE Models 1
and III, respectively.

4. Computational and numerical aspects

Different total COD removal efficiencies due to the ongoing
microbiological and hydrodynamic processes were predicted by
different AFBR models. Although these are theoretical results,
simulation results show a trade-off between computational costs
and precision at which bioreactor systems need to be modeled.
Table 4 summarizes characteristics of all AFBR models.

Global AFBR Model 1 and its simplification for two-
phase solid-liquid system, Model III, resulted in integral-partial
derivative and algebraic equation (IPDAE) systems. On the

other hand, Model II and its simplification, Model 1V, are ordi-
nary DAE systems. The implementation of AFBR models using
gPROMS [8,9] makes the sensitivity analysis and simulation
easier. From a numerical point of view, models (I and III) based
on PDE solution are more complex and require a higher CPU
time than the other ones based on ODE solution (Table 4). Back-
ward finite difference method (BFDM) was used to solve PDEs.
Using BFDM of second order over a uniform grid of 20 inter-
vals, the total CPU time is about 80 s on an 800 MHz Pentium
IV PC.

An additional programming effort was needed for all model-
ing aproaches since “high-index” DAE systems (index > 1) were
verified. In high-index systems, the number of initial conditions
that can be arbitrarily specified is lower than the number of
differential variables; differential variables are not independent
and numerical methods for solving ordinary differential equa-
tions can fail [9]. This problem can be solved by rewriting the
derivative of some variables as functions of other differential
variables, or directly assigning an initial condition for function
to be integrated [1,2].

Models are able to resist strong numerical disturbances to
represent a “‘step by step” start up of the bioreactor. gPROMS
software includes modules for parameter estimation and opti-
mization calculations. Models (I and III) based on PDE solution
require an additional programming effort to implement esti-
mation and optimization schedules. However, solutions are
possible and more realistic operating schedules following non-
ideal “real” flow patterns during biological and hydrodynamic
transients can be investigated.

5. Conclusions

Results from four AFBR models were investigated attending
to hydrodynamic flow conditions and the influence of gas phase
on system hydrodynamics. Simulation results based on a case
study allowed analyzing the bioreactor performance through the
main variable profiles such as phase holdups and bed height, pH,
COD, biofilm concentration and biogas flow rate. Based on the
results obtained during this study, the following conclusions can
be drawn:

1. All AFBR models simultaneously compute the dynamics of
the phases and their components, including the effect of the
biofilm growth in the fluidization characteristics. Models I
and III, based on PDE solution, allow gathering predictions
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in both hydrodynamic and biological transients, and ODE
Models II and IV, only in biological transients.

2. For a case study based on a low organic concentration feed,
the fact of considering a three-phase system with total devel-
oped flow (hydrodynamic pseudo-steady state) and complete
mixture in all phases (Model II) causes deviations around 5
and 0.5% in predictions of biofilm concentration, and lig-
uid and gas phase component concentrations, respectively.
However, predicted total COD removal efficiency is almost
the same for both models.

3. Although the gas holdup is negligible when compared with
the liquid and solid ones in anaerobic fluidized bed reactors,
results from model simplification assuming an incipient gas
phase (Models III and IV) differ considerably with predic-
tions from original three-phase modeling (Models I and II).
A decrease in system pH values and thus, in biogas flow rate
and COD removal efficiency of bioreactor are predicted.

4. As expressed above, the biological transient response cal-
culated by the ODE Model II based on a hydrodynamic
pseudo-steady state condition is very close to the totally
dispersive flow condition calculated by the PDE Model 1.
A similar behavior was obtained when Models III and IV
were compared. It seems to indicate that correlations used
to calculate parameters and fluidization characteristics are
reasonably well suited to predict the AFBR hydrodynam-
ics. Since the biochemical and physico-chemical process
rate equations are the same in all modeling approaches,
the differences among results from Models I and II, and
Models III and IV are settled by the simplifying assump-
tion that reduces the three-phase gas—solid-liquid system
to two-phase solid-liquid one, and neglects the gas phase
contribution in reactor hydrodynamics.

5. From a computational point of view, three-phase ODE model
(Model II) is an “inexpensive” variant to facilitate bioreactor
performance analysis when operating conditions of reaction
systems present a complete mixture behavior, which is char-
acteristic of “high rate” fluidized bed reactors.

6. Since the system hydrodynamics is independent of the degra-
dation stage number, AFBR models can be straightforward
extended to different substrate degradation schemes. Pre-
diction and reactor analysis of bioreactor configuration and
hydraulic design are some practical applications for all AFBR
models.
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Appendix A

A.l. Biochemical and physico-chemical processes

The anaerobic digestion model (ADMI, [7]) involves three
enzymatic processes: (a) hydrolysis of undissolved carbohy-

Table A.1
Homogeneous reaction rates and mass transfer and transport process rates
(Z‘j R{k + Z.i Tli) involved in mass balance equations for component i [1,2]

bu’ ij[k + Zszgc i
X3 eslpuiXy — kai X3 — kpwX$ ] 17-23
x5 eslkai Xy —kon X} — kpoX? ] 17-23
Xk, eLliX}, — kaiX[;1 + eskpo X} 17-23
Xt oL [kai Xt — kon XL | + eskea XS 17-23
s; D vijyesXS, + e Xh) + 17,11
j=5-12
Z Vi, jkuid, jeL X
j=2—4
S; D vijuies xS +exh) 8-10
j=5-12
eL(kLa)i(Si — Icop Kn,i Pgas.i)
Xi Z Vi jknia,jeL X j + vi jekaiseL Xc 12,14-16,24
j=2—4
Xc —kqiseL X + kais Z (85X?m + SLX];M) 13
j=13-19
Pgas i Vst Peas, TEL(kL@); (S; /Icop — KH.i Pgas.i) 8-10

? Mass balances of phase components are expressed in grams of chemical
oxygen demand per liter per day (g CODL~! d~!), except for inorganic carbon
and nitrogen (mol L~' d~!) and gas phase components (atm L~ d~1).

drates, (b) of undissolved proteins, and (c) of undissolved
lipids, and seven microorganism trophic groups: (1) glucose-
fermenting acidogens, (2) amino acid-degrading acidogens, (3)
long chain fatty acid (LCFA)-, (4) propionate-, and (5) butyrate
and valerate-degrading acetogens, and finally (6) aceticlastic and
(7) hydrogenotrophic methanogens.

Its application to a biofilm system requires the modeling of
the interaction between suspended (X) and attached biomass
(XS). Main expressions for biochemical (uptake, growth, death,
hydrolysis and detachment) process rates are summarized in
Table A.1. A description of variables (i) and processes (j)
involved in the anaerobic digestion model is presented in
Table A.2.

Specific growth () and death (kg) rates are assumed to be
the same for suspended and attached biomass. In addition, the
specific biomass hydrolysis rate ky}, is the same for all species.
Since non-active biomass is considered as particulate material
subjected to disintegration and hydrolysis, kpp is equal to the
specific disintegration rate of particulate material kg;s.

The biofilm process model is coupled to the system hydro-
dynamic model through the biofilm detachment rate rg which is
modeled as a first-order function on the specific energy dissipa-
tion rate w, and mass concentration of each attached microbial
species i (Table A.1):

rg, = eskpoX? (A.1)

Specific energy dissipation rate w was used by Huang and
Wu [12] to study the biofilm thickness distribution in fluidized
bed reactors, assuming that the erosion effects on the biofilm
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Table A.2
Variables (i) and processes (j) taken into account in the anaerobic digestion
model [1,2]

Variable Description i Processes j
Xc Composite 13 Disintegration 1
XcH Carbohydrate 14 Carbohydrate hydrolysis 2
Xp Protein 15 Protein hydrolysis 3
XLi Lipid 16 Lipid hydrolysis 4
X1 Inert particulate 24 Glucose uptake 5
St Inert soluble 12 Amino acid uptake 6
Sai Glucose 1 LCFA uptake 7
SaA Amino acid 2 Valerate uptake 8
SLCFA LCFA 3 Butyrate uptake 9
SHVa Valerate 4 Propionate uptake 10
SHBu Butyrate 5 Acetate uptake 11
SHpr Propionate 6 H; uptake 12
SHAC Acetate 7 Xg1, decay 13
SH, Hydrogen 8 Xaa decay 14
Sch, Methane 9 X1.cra decay 15
Sic Inorganic carbon 10 Xc4 decay 16
SIN Inorganic nitrogen 11 Xp; decay 17
X Biomass 17-23 X decay 18
Xn, decay 19
H, mass transfer T8
CH,4 mass transfer T9
CO, mass transfer T10
surface are related to this parameter that is calculated as:
w = Up <—a”> (A2)
0z

Specific detachment rate kg is assumed to be the same for all
biological species [1,2].

ADMI1 assumes Hy, CO; and CH4 as components of the
gas phase. Here, water vapor has been considered too. The
liquid—gas mass transfer is modeled assuming ideal gas behav-
ior, and gas phase total pressure constant. The mass balance for
gas phase component i is expressed as a function of its partial
pressure pgys; (Table A.1). Water vapor pressure is calculated
by an Antoine-type equation.

The physico-chemical model includes the system charge bal-
ance (electroneutrality condition) for calculating pH. It involves
mass balance equations for total concentration of volatile fatty
acids (VFAs: acetic, propionic, butyric and valeric), inorganic
carbon, inorganic nitrogen, phosphate, “other anions”, and
“other cations”.

The biochemical rate equation matrix, the relationships of the
acid—base equilibrium model, and kinetic and physico-chemical
parameters (at mesophilic and high rate operating conditions)
are extracted from Batstone et al. [7,2].

Appendix B. Nomenclature

A area

Cp drag coefficient

D,d diameter

D, axial dispersion coefficient
F force

g gravity

H height

Icop  index (gCODmol™!)

k specific rate coefficient, GBWM parameter (Table 2)
kLa liquid—gas mass transfer coefficient

Kn Henry’s coefficient

expansion coefficient

number

pressure

flow rate

homogeneous reaction rate

Reynolds number

soluble species concentration

mass transfer and transport process rate at the interface
time

velocity

volume

particle load

biomass concentration or non-soluble species concen-
tration

X particulate material concentration

axial direction

xg<q“ﬂ%§>ﬁ©§2=

2\l

Greek letters

biofilm thickness

holdup (volumetric fraction)

specific growth rate (Table A.1), viscosity
gas molar volume

holdup in two-phase pseudo-system
density

specific energy dissipation rate

mass or molar concentration

axial mean value

'SRV E R O >

Subscripts

a active (biomass)
bh biomass hydrolysis
bp bioparticle

c reactor column

d biomass death

dis disintegration of particulate material

E biofilm detachment

Es relative to the force acting on fluidized particles in the

axial direction

F film (wet density)

f feed

G g gas, gravity (force)

H particulate material hydrolysis
| interaction (force)

i phase component index

in inlet

j biochemical and physico-chemical process index
k phase index

L,1 liquid

na non-active (biomass)

out outlet

p particle, pressure (force)
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r recycle
S solid

t terminal
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