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a b s t r a c t

Sunflower oil was hydrogenated in a stirred-batch unit, using supercritical and near-critical propane as
solvent, and Pd/�-Al2O3 catalyst. The effect of the phase behavior on the reaction performance is ana-
lyzed. The transition from homogeneous to heterogeneous conditions showed no effect on the activity
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and selectivity of the reaction. These results point to an unrestricted availability of hydrogen at the cat-
alyst surface. A comparison is made between fluid–solid mass transfer coefficients in stirred-batch and
continuous fixed-bed reactors.

© 2009 Elsevier B.V. All rights reserved.
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. Introduction

Supercritical fluids (SCFs) have been applied to catalyzed reac-
ions traditionally carried out in gas–liquid conditions since 30
ears ago. Conventionally, these kinds of reactions are carried out
nder mass-control regime, which limits the catalyst efficiency
nd the reactor productivity. SCFs overcome these limitations by
ncreasing the solubility of the reaction mixture and improving the

ass transfer to the solid catalyst [1]. An important number of het-
rogeneous catalytic reactions have been performed at lab-scale
sing SCFs as reaction medium or as reactant and solvent at the
ame time [1]. The most significant effects observed are improve-
ents in the reaction rate and selectivity, as well as an increase

n the catalyst lifetime. These facts, and the easy separation of the
CF from the reaction products, turn this technology attractive for
everal industrial applications [2].

Quite frequently, supercritical reactions are carried out in
lind reactors, with no knowledge on the inside phase condi-
ions. The measured changes in reaction rate and selectivity are
ften attributed to phase transitions that are not actually verified.
lthough the importance of phase behavior is generally accepted,

ts complexities in high-pressure multicomponent systems (i.e.

uid–fluid immiscibility and discontinuities in the critical lines [3])
re often underestimated. Since in many cases the reactants are
iluted in the SCF, it is quite common to assume that the phase
ehavior of the reactive mixture is similar to that of the pure SCF.

∗ Corresponding author. Tel.: +54 0291 4861700; fax: +54 0291 4871600.
E-mail address: piqueras.martin@gmail.com (C.M. Piqueras).

896-8446/$ – see front matter © 2009 Elsevier B.V. All rights reserved.
oi:10.1016/j.supflu.2009.05.005
To disregard the possibility of complex behaviors that may lead to a
false interpretation of the observed effects in the rate and selectivity
results.

Wandeler et al. [4] stressed the need to know and to control the
phase scenario inside the supercritical reactor. Theoretical models
proved that were able to get an insight on the reaction process,
based on the phase behavior of the reaction mixtures [5].

Due to the increasing concern about the impact of trans fatty
acids onto human health [6], the exploration of new technologies to
minimize their production during hydrogenation is of current inter-
est. In the present work, the catalytic hydrogenation of sunflower
oil was carried out in a stirred-batch unit, using propane as reac-
tion solvent. The reactions were performed under homogeneous
and two-phase conditions, for hydrogen/oil molar ratios varying
between 1 and 10, and covering a temperature range between 323
and 393 K and pressures of 6.5 to 18.3 MPa. The influence of the
phase conditions on the reaction rate and selectivity were ana-
lyzed.

2. Experimental

2.1. Materials

Propane (99.01% molar; impurities: 0.37% ethane, 0.53% iso-
butane, 0.07% butane, 0.03% higher hydrocarbons), was provided

by TGS, Bahía Blanca, Argentina. Chromatographic grade (99.999%
molar) hydrogen and nitrogen; analytical grade (99.99% molar) air
and argon, and helium (5.0 ultra-pure grade) were provided by AGA,
Argentina. Commercial sunflower oil (98% (w/w) triglycerides plus
2% of mono-, di- and non-glyceride compounds) was maintained

http://www.sciencedirect.com/science/journal/08968446
http://www.elsevier.com/locate/supflu
mailto:piqueras.martin@gmail.com
dx.doi.org/10.1016/j.supflu.2009.05.005
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ig. 1. Simplified flow-diagram of the batch cell. P, pressure transducer and readout
a) Detail of the high pressure cell, 1: moveable piston; 2: magnetic stirrer with ca
tirrer with the reduced catalyst enclosed in paper. The picture compares the stirre

n a nitrogen atmosphere and used without previous treatment.
he triglyceride (TG) mixture had the following initial fatty acid
omposition: 7.94% C16:0 (palmitic), 4.22% C18:0 (stearic), 23.06%
18:1 (oleic), 64.44% C18:2 (linoleic), 0.17% C18:3 (linolenic), 0.54%
20:0 (eicosanoic), 0.64% C22:0 (docosanoic), with a correspond-

ng iodine value (IV) of 131.4. The catalyst used for this reaction was
d/�-Al2O3 (Condea Puralox; 148 m2 g−1; 200 �m particle diame-
er; average pore size 9 nm and pore volume 0.005 cm3 g−1), with
metal loading and metal particle size of 0.77% (w/w) and 1.9 nm

espectively. The metal precursor was palladium acetylacetonate
d(C5H7O2)2, provided by Alpha.

.2. Experimental set-up and procedure

The experiments were carried out in a variable-volume batch
ell [7] schematically described in Fig. 1. The cell volume (exclud-
ng the piston volume) was 23.4 cm3 and consists of three parts:

window-cap, a cell body, and an end-cap. A sapphire window
12 mm, thick) was fixed to the cell body by the window-cap. The
riginal cell [7] was designed to work with mixtures of polymers
nd light alkanes, and had to be modified in order to avoid leakages
hen working with mixtures of lower viscosity. For this purpose,

EFLON O-rings were placed at both ends of the cell, and an addi-
ional one was added at the front of the cell body to get a better
eal at the sapphire window. A new movable piston, made of stain-
ess steel and covered with aluminum to prevent it from scratching
he highly polished surface of the bore, was assembled to the cell.
he piston has two TEFLON O-rings that could be pressed against
he bore surface to prevent the pressurizing fluid from leaking into
he cell body. The whole system was tested for leakages, using a
ydrogen/propane (50/50) mixture at 373 K and pressures up to
50 bar.

In each reaction the cell was loaded with a certain amount
f sunflower oil, measured as the weight difference between
he empty and loaded cell, using a six-digit scale (Ohaus model
dventure). Then, the cell was evacuated (10−3 Torr), filled with
.1 MPa propane, and evacuated again. A known amount of liq-
id propane was then loaded into the cell from the high-pressure
anual generator, by measuring the displacement of the shaft,

hile maintaining the pump at constant temperature. The cell
as heated up to the reaction temperature at a rate of 5 K min−1

nd after that it was stabilized. At this point, a gas pulse was
ntroduced through the hydrogen line, with the necessary pres-
ure to reach the desired molar composition, considering this
atinum resistance thermometer and readout. The sampling lines are heated traced.
fixed on it; 3: reaction zone, 4: sampling connections. (b) Picture of the magnetic
e respect to a peso coin (around 18 mm).

action as zero time run. This loading procedure gave an average
error of 3% in the hydrogen composition. This was found out by
performing separate reaction experiments, in which an excess of
catalyst was used in order to consume all the hydrogen fed to the
cell.

The sampling line was located near to the sapphire window (see
Fig. 1(a)), and samples were withdraw under a well-stirred medium
(agitation speed from 850 to 1000 rpm), which ensures were abso-
lutely random. The procedure was carried out using one of the four
ports of the cell, placed in the middle of the bore diameter. The
sampling line was a capillary stainless steel tube of 1/16′ external
and 1/64′ internal diameter and 78 cm of length. The line volume
ascends to 95 �l by which a loop of 55 �l (45 cm of the same tube)
is used. Each sample was 28 ± 6 mg depending on the cell pressure.
The line was purged twice prior to actual sampling using the Valco
six-way zero volume valve. This was found to be sufficient to clear
the line. All the sampling line was heated at the cell temperature,
in order to avoid obstruction. During this procedure, any pressure
drop inside the cell was compensated by moving the piston manu-
ally through the pressure pump, maintaining the working pressure
within a narrow range of variation (±0.1 MPa). Seven samples were
withdrawn in each experiment, which represented about 10% of the
total cell volume.

Six to ten milligrams of Pd catalyst were reduced in flowing
hydrogen (75 cm3 min−1) at 403 K during 1 h. After that, the cat-
alyst was covered with 50–100 mg of hydrogenated sunflower oil
(iodine number IV = 50) to prevent any contact with oxygen. With
this cover, the catalyst was located onto the stirring device using
a filter paper of Millipore grade 101 (pore size 2.5 �m). This con-
figuration mimics the spinning basket reactors (see Fig. 1(b), it is
compared with a one peso coin).

The samples were analyzed by capillary gas chromatography
(Hewlett Packard 4890) using a Supelco SP-2560 chromatographic
column, which allows the distinction between cis and trans geomet-
rical isomers. The fatty acid composition and iodine value (IV) were
determined following the AOCS Ce 1c-89 official method and rec-
ommended practice AOCS Cd 1c-85 respectively, derivatizating the
samples by the IUPAC 2301 method. Peaks were assigned according
to Sulpelco 37 FAME mix standard (catalog number 47885-U). The

amount of hydrogen consumed during the reactions was calculated
by following the degree of saturation achieved in the TGs, as given
by the fatty acid composition of each sample. Conversion (xDB) was
defined as the quantity of double bonds, compared to the initially
present in the TG.
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. Phase equilibria and thermodynamic modeling

.1. Phase behavior of the system H2 + C3H8 + TG

The phase behavior of this system can be quite complex. Severe
hanges in density and solubility with temperature, pressure and
omposition can be expected, because of the presence of a near-
ritical or supercritical solvent in a mixture with a permanent gas
nd a heavy liquid component. The large differences in molecular
ize and volatility between these components are likely to give rise
o liquid phase-split and multiphase behavior [8].

Hydrogen solubility is low in compounds like liquid propane and
riglycerides, and increases with temperature and pressure [9,10].
n the other hand, hydrogen and propane are completely miscible
t a temperature above the critical temperature of propane.

Triglycerides (TGs) contain three long hydrocarbon chains linked
o a glycerol backbone which represents only a small fraction of the
ompound molecular weight (i.e. 15%). This leads to a paraffinic
ehavior of TGs. For this reason the phase behavior of the binary
ropane + TGs is quite similar to that of propane + high molecu-

ar weight alkanes [11]. These systems show Type V fluid-phase
ehavior in the classification of Van Konynenberg and Scott [12].
iquid–liquid (l–l) immiscibility and a liquid–liquid–vapor (l–l–v)
ocus appear at temperatures close to propane critical one. For
xample, in propane + tripalmitin mixtures the liquid–liquid–vapor
quilibrium line extends from 349 K (lower critical end point, LCEP)
o 370 K (upper critical end point, UCEP) [13]. The mutual solubil-
ty of both compounds increases with pressure and decreases with
emperature [13,14].
The addition of hydrogen to the C3H8 + TG binary raises the pres-
ure of the liquid partial miscibility limits, due to the low solubility
f the gas in both compounds. An increase of 6 MPa in the critical
ressure was observed, after adding a 4.5% hydrogen molar fraction
o this binary [14].

ig. 2. Schematic ternary Gibbs phase diagrams derived from the corresponding P
iquid–liquid–vapor equilibrium (l–l–v). (a) At P1 (e.g. 10 MPa) liquid–liquid and vapo
e.g. 15.0 MPa) > P1 liquid–liquid phase-split between C3H8 and TG disappears, (c) Ad
C3H8min = 0.913, minimum C3H8 molar fraction to work in single-phase.
al Fluids 50 (2009) 128–137

Fig. 2 shows a schematic phase diagram of the ternary sys-
tem (H2 + C3H8 + TG), derived from the corresponding P–x binary
diagrams at a temperature at which it is possible to have partial
liquid miscibility in the binary propane + TG [14]. At pressure P1,
the ternary system shows a Type II phase diagram [15], having
partial miscibility in two binary axis (see Fig. 2(a)). Liquid partial
miscibility in the C3H8 + TG pair and liquid–vapor equilibria in the
H2–TG binary, give rises to a three-phase l–l–v zone in the ternary
diagram. At a pressure P2 above the maximum of the C3H8 + TG par-
tial miscibility region, the ternary system is of Type I and has only
one partially miscible pair (H2 + TG), as shown in Fig. 2(b). There
is a homogeneous region at high propane concentrations [16,17],
where hydrogen and TGs are completely miscible. Fig. 2(c) shows
the minimum propane concentration required to assure homogene-
ity of the reaction mixture at any H2/TG ratio (horizontal dashed
line) [16,17]. The black zone in the diagram indicates the ade-
quate working region for a single-phase hydrogenation process.
This is delimited by the minimum H2/TG molar ratio required for
the hydrogenation and by the minimum solvent molar composi-
tion.

3.2. Thermodynamic modeling

Knowledge of the phase boundaries of the multicomponent
reaction system containing the supercritical solvent, hydrogen, the
substrate to be hydrogenated and the reaction products is desired
in order to have a scenario of the temperature and pressure limits
that guarantee a certain phase condition. In the particular case of
the hydrogenation of fatty oils, reactants and products are of sim-

ilar chemical nature; i.e. they are basically high molecular weight
triglycerides, differing only in the degree of unsaturation. There-
fore, it is expected that the phase boundaries of the real reactant
system could be modeled by a representative H2 + C3H8 + TG ternary
system [16,17].

–x binaries at T < 373.15 K. Liquid (l), vapor (v), partial liquid miscibility (l–l),
r–liquid equilibrium in the binaries C3H8–TG and H2–TG respectively, (b) At P2

equate working region for the homogeneous hydrogenation (373.15 K, 160 bar),
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Table 1
GC-EoS functional groups and parameters.

Functional group T* (K) q g* g′

CH3 600 0.848 316,910 −0.9274
CH2 600 0.54 356,080 −0.8755
CH3COO 600 1.728 831,400 −1.093
H2 33.2 0.571 179,460 −0.0843
CH CH 600 0.867 403,590 −0.7631
TG 600 3.948 346,350 −1.346
C3H8 369.8 2.236 436,890 −0.463

Interaction parameters

i j kij* kij
′ ˛ij ˛ji

CH2/CH3 CH2/CH3 1.0 0.0 0.0 0.0
H2 CH2/CH3 1.0 0.0 11.846 11.846
CH2/CH3 CH CH 1.0 0.0 0.0 0.0
CH2/CH3 TG 0.86 0.0 0.0 0.0
CH2/CH3 C3H8 1.0 0.0 0.0 0.0
H2 CH CH 1.0 0.0 0.0 0.0
H2 TG 1.0 0.0 −10.144 −10.144
H2 C3H8 1.243 0.0 −1.0 −1.0
CH CH TG 0.883 0.0 0.0 0.0
CH CH C3H8 1.0 0.0 0.0 0.0
TG C3H8 0.86 0.0 0.0 0.0
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Table 2
Working conditions applied to study the effect of temperature and pressure in the
contents of trans-isomers and saturated TGs.

Molar fraction H2 C3H8 Oil

Average 6.78 90.85 2.48

F
(

H2 C3H8 TG xDB = 0% TG xDB = 50%

c (cm mol−1) 2.672 4.017 11.741 11.81

In the present work, the phase equilibrium boundaries were
redicted by using a group-contribution equation of state GC-
oS [18,19]. Group-contribution methods are suitable for modeling
atty oil mixtures since the natural oil can be represented by

pseudo-triglyceride containing the same iodine value (IV) and
aponification index (S) of the real multicomponent oil [10]. Table 1
hows the functional groups used to represent the molecules con-
ained in the reaction mixtures. The table also gives the values of the
arameters representative of each functional group: characteristic
emperature (T*), surface area (q) and energy (g* and g′), binary
nteraction (k* and k′) and non-randomness parameters (˛). The
ritical diameter (dc) denotes the molecular size of each compound
18]. The parameter values shown in Table 1 were taken from the
iterature [16–20].

Routines supported by Michelsen’s [21,22] minimization algo-
ithm were used to calculate phase envelopes and multiphase
eparations of the ternary system (H2 + C3H8 + TG) at different
emperatures, pressures and compositions. With these tools, the

orking conditions and the evolution of each run during the whole

eaction period could be predicted and followed.
Fig. 3 shows the measured [24] and calculated phase envelopes

f the ternary (H2 + C3H8 + TG), for four different isopleths hav-
ng hydrogen molar fractions between 5.1 and 10.3%. Each

ig. 3. H2 + C3H8 + TG phase envelopes of isopleths with H2 molar fractions 5.1, 7.4, 10.1 a
lines). The second series at 10% H2 was performed in order to compare the results at the
Standard dev. (�), N = 20 0.40 0.43 0.12
Working temperatures (K) 323, 338, 343, 374, 393
Working pressures (MPa) 6.5, 11.3, 13.6, 16.3, 18.3

curve shows a change in the slope, typical of transitions from
vapor–liquid (l–v) to liquid–liquid (l–l) equilibrium conditions, with
a vapor–liquid–liquid (l–l–v) equilibrium point at the intersection
of the two sectors. For each composition, the one-phase region is
located above the corresponding phase envelope. Fig. 3(a) shows
the complete phase envelopes predicted by the GC-EoS equation,
while Fig. 3(b) expands the region experimentally measured. The
agreement between the experimental data and the predictions is
high. Hence, the GC-EoS model can be employed to calculate the
phase conditions in the range of temperature, pressure and com-
positions studied in this work.

4. Results and discussion

A series of experiments were carried out at different tempera-
tures, pressures and H2/TG feed ratios, in order to observe the effect
of these variables on the activity and selectivity of the reaction.
The temperature range was selected in order to achieve the acti-
vation of the metal catalyst. Conversion (xDB) was not allowed to
be higher than 50% hydrogenation of the double bonds. It is gen-
erally accepted that TG hydrogenation occurs in sequential steps,
hydrogenating first all the linoleic fatty acids to oleic ones, without
oleic consumption and stearic production. When almost all linoleic
were consumed, a maximum amount of oleic happens and conver-
sion is about 45–50%. It is known that a 1:3 cis-trans ratio occurs
in the thermodynamics equilibrium between these isomers [23].
So, in oleic chains a large amount of isomerization occurs. In order
to observe the C18:1 trans production, this should be done in the
range of conversion from 0 to 50%, since a higher conversion values
oleic fatty acids became the main reactant.

4.1. Variation of temperature and pressure

Five different temperatures from 353 to 393 K and pressures
from 6.5 to 18.5 MPa were selected in order to observe the effect of

these variables on the reaction behavior. A series of hydrogenation
experiments were carried out with reaction mixtures having the
average molar compositions reported in Table 2. This table also gives
the standard deviations in the molar fractions of each component.
A catalyst loading of 0.00131% (w/w) Pd/TG ratio was used.

nd 10.3% molar. Experimental critical points (symbols) and GC-ENVEL predictions
most difficult condition to seal the cell.
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F s as a function of temperature, initial molar fraction of 6.78% H2 + 90.75% C3H8 + 2.48% oil
a the reaction: homogeneous (left), two-liquid phase condition (right).
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ig. 4. C18:1 trans (Elaidic fatty acid) (a) and C18:0 (saturated fatty acid) (b) content
nd 11 MPa. Vertical dashed lines indicate the phase-split limit at the beginning of

Fig. 4(a) shows the variation of the C18:1 trans contents with
emperature. The experiments were carried out at 11 MPa, for two
ifferent reaction conversions: 26.7 and 50.4%. When final conver-
ions laid outside these values, the data were interpolated using
ourth order polynomial equations with R2 > 0.99 in all cases. The
18.1 trans amount increases with temperature, as it is generally
eported in the literature [25].

For xBD = 26.7%, the lowest trans content was 4.0% at the lowest
emperature (328 K); but the reaction rate at this condition was low
0.0059 molH2 gcat

−1 min−1). For the same conversion, the highest
evel of C18:1 trans was 8.2% at 393 K. These values are higher than
hose reported by Ramirez [26], who performed the reaction under
imilar conditions also using propane as the solvent. At higher con-
ersions (xBD = 50.4%), the trans isomers content varied between
.8% (at 328 K) and 15.7% (at 393 K), similar to the values found by
acher [27] in the hydrogenation of canola oil at 343 K, using a

ontinuous reactor and propane as the solvent.
Fig. 4(b) shows the C:18.0 fatty acid content in the products. For

he highest conversion studied, the ratio between the content of sat-
rated TGs in the products and in the reactants lies between 3.5 and
.5 at 328 and 393 K respectively. This represents a low selectivity
o the poly-unsaturated fatty acids, indicating a high availability of
ydrogen at the catalyst surface, as a consequence of both, higher
2 concentration and better mass transport from the bulk of the
uid to the active sites of the catalyst.

Fig. 5 shows the effect of pressure in the contents of the prod-
cts at 373 K and xDB = 50.4%. The influence of pressure is rather

ow, since an increase of 14 MPa results in a difference of 2% in

he isomerization products, while the stearic content oscillates
round 31%, with a variation of almost 1%. Within these same lim-
ts, the change in density of the reaction mixture is of the order
f 12% (396.5–446.4 g cm−3), as predicted by the GC-EoS equa-
ion.

Fig. 6. C18:1 trans (a) and C18:0 (b) content
Fig. 5. C18:1 trans and C18:0 contents as a function of pressure, initial composition
of 6.78% H2 + 90.75% C3H8 + 2.48% oil, at 373 K and 50% conversion. Dashed line at
14.5 MPa indicate the phase-split limit: two-phase condition to the left; single-phase
to the right.

4.2. Variation of the hydrogen/oil feed ratio

In order to observe the effect of the H2/oil feed ratio on the
reaction performance, several experiments were carried out chang-
ing this ratio from 1 to 10. Table 3 shows the experimental molar
fractions fed to the reactor at each feed ratio, and the working tem-
perature and pressure. The catalyst loading was Pd/TG = 0.00134%.
The results are compared at similar conversion levels (10.6, 26.7 and
50.4%). When conversions fell outside these values, the experimen-
tal results were either interpolated or extrapolated to the selected

values, using the procedure already mentioned in a preceding para-
graph.

Fig. 6(a) shows the weight percentage of C18:1 trans for different
H2/oil molar feed ratios. An increase in the feed ratio produced a
slight change in the isomerization. These results are consistent with

as a function of the H2/oil feed ratio.
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Table 3
Temperature, pressure and compositions used to study the effect of H2/oil feed ratio
in the reaction performance.

H2/oil feed ratio H2 C3H8 Oil

1.04 2.82 94.48 2.70
0.99 2.68 94.62 2.70
2.53 6.58 90.82 2.60
2.62 6.90 90.61 2.59
5.47 8.99 89.37 1.64
5.13 8.48 89.87 1.65
6.52 9.02 89.60 1.38
6.99 9.09 89.61 1.30
9.67 10.28 88.65 1.06
9.07 11.04 87.75 1.22
1
1
W
W

t
H
t
b
i
1
l
H
a
s

F
r

F
s

0.28 15.63 82.85 1.52
0.17 10.77 88.17 1.06
orking temperature (K) 373 ± 0.5
orking pressure (MPa) 16.3 ± 0.1

hose already discussed. The high contents of isomers obtained for
2/TG = 1 at the higher conversions, are in agreement with the fact

hat the amount of hydrogen is not enough to hydrogenate the dou-
le bonds beyond a 22% conversion level. As a consequence, the

somerization reaction is favored [25]. The C18.1 trans content was

1%, for a 50.4% conversion, at a H2/oil ratio = 10. This value is slightly
ower than the one reported by Macher [27] for a similar amount of

2 in the feed (i.e. 16% for IV = 65 and H2/canola oil = 10–15). Similar
rguments are valid for the production of saturated TGs, as can be
een in Fig. 6(b).

ig. 7. Phase envelopes of the feed and 50% conversion isopleths, calculated with the GC
eactions were carried out.

ig. 8. Pictures of the reaction mixture at 11.2 MPa and 373 K. (a) Initial condition, (b) inter
tirring.
al Fluids 50 (2009) 128–137 133

4.3. Phase equilibrium analysis

As the hydrogenation reaction proceeds, hydrogen is consumed
and the pressure required to reach total solubility in the ternary
mixture decreases remarkably. In order to verify the phase equilib-
rium conditions during the reaction, it is necessary to know the
phase boundaries of the reaction mixture at the beginning and
at the end of the hydrogenation. The location of the experimen-
tal temperature and pressure in these phase diagrams indicates
the phase conditions of the reaction mixture during the experi-
ment.

Fig. 7 shows two-phase envelopes calculated with the GC-EoS
model for a feed composition of 6.78% H2 + 90.75% C3H8 + 2.48% oil
and for the reaction mixture at 50% conversion (1.2% H2 + 96.33%
C3H8 + 2.48%). The calculations were made for a sunflower oil hav-
ing an initial iodine number IV = 66.

The dots in Fig. 7 indicate the experimental temperature and
pressure. The temperature was controlled within ±0.5 K of the set-
point, while the pressure was maintained ±0.1 MPa around the
selected value varying the volume. The dots can be separated in
three different groups: the first one includes points 1–5; the sec-
ond one, points 6 and 7 and the last one, points 8 and 9. In the

first group, the reactions were performed under homogeneous con-
ditions, because the system pressures lie always above the phase
boundaries. The reactions of the third group were carried out
under two-phase conditions, because the experimental pressures
are below the 50% conversion phase boundary. The second group

-EoS model. The half-open symbols indicate the experimental conditions at which

mediate period (between 36 and 43% conversion). Both pictures were taken without
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ig. 9. Gibbs phase diagram of the reaction mixture at 16.3 MPa and 373 K. (b) The
n the reaction mixture: (1) 2.82/94.48/2.70; (2) 6.58/90.82/2.60; (3) 8.48/89.87/1
orrespond to the molar fractions at 50% conversion: (1) 0.0/97.30/2.70; (2) 0.69/96.

orresponds to reactions that initiated under a two-phase region
nd finished at homogenous conditions. This was visually verified
see Fig. 8) for the reaction carried out at 11.2 MPa and 373 K (cor-
esponding to point 7 in Fig. 7). Two liquid-like phases separated
y a meniscus can be seen in Fig. 8(a), while Fig. 8(b) shows a
ingle-phase condition near the end of the reaction.

Fig. 9 represents the Gibbs phase diagram of the ternary sys-
em at 373 K and 16.3 MPa, calculated with the GC-EoS equation.
he one-phase region is located above the binodal curve, which
resents a maximum at 0.907 propane molar fraction. The symbols

n this figure correspond to the initial (squares) and final (circles)
ompositions in the series of experiments carried out at different
2/oil molar ratios and up to 50% conversion. Reactions with ini-

ial H2/oil molar ratios equal to 1.04 and 2.53 (numbers 1 and 2
espectively, in Fig. 9) remained under a single-phase all the time.
he opposite was true for the reaction with a feed ratio of 10.28
point 5 in the figure). At the intermediate ratio values (points 3
nd 4) the phase condition changed from a two-phase (initial) to
one-phase (final) state. This was experimentally verified as it is
hown in Fig. 10 for the reaction with an initial composition of 8.48%
2 + 89.87% C3H8 + 1.65% oil (corresponding to point 3 in Fig. 9).
ig. 10(a) shows two phases separated by a meniscus at the begin-
ing of the reaction, changing to a homogeneous phase (Fig. 10(b))
fter half-time of the reaction.

ig. 10. Pictures of a reaction mixture having an initial composition of 8.48% H2 + 89.8
ingle-phase as condition at conversion about 48%.
rectangles represent the initial molar fractions of each component (H2/C3H8/TG)
d 9.02/89.60/1.38; (4) 10.28/88.65/1.06; (5) 15.63/82.85/1.52. (c) The filled circles
0; (3) 4.74/93.61/1.65 and 5.89/92.72/1.38; (4) 7.88/91.05/1.06; (5) 12.19/86.29/1.52.

4.4. Mass-transport discussion

A significant observation from the results above is that, despite
the phase transitions occurring during the reactions, either: selec-
tivity to trans isomers or to saturated fatty acids changes smoothly.
The vertical dashed lines in Fig. 4(a) and (b) indicate the phase-
split limits at 11 MPa, for a mixture with initial molar fractions of
6.78% H2 + 90.75 C3H8 + 2.48 oil. A two-phase condition is obtained
to the right (i.e. above 356 K) while a homogeneous phase occurs to
the left, below 356 K. Trans isomers and stearic fatty acid contents
changed gradually. The same happens when pressure variation is
analyzed (see Fig. 5). Total miscibility is reached at 373 K, for pres-
sures higher than 14.5 MPa.

Similar results are observed by looking at the changes in the
reaction rate with temperature and pressure. Fig. 11 shows the
reaction rates at 25.7% conversion (calculated according to the IV
measured for the samples withdrawn, which is directly related to
the consumption of hydrogen and averaged over the reaction time
needed to reach the specific value of conversion). Above 14.4 MPa

(left axis) and below 356 K (right axis) the reaction mixture is under
single-phase conditions. There is a smooth variation of the reaction
rate with both, temperature and pressure. The same type of results
regarding reaction rates and product distribution were found by
other authors working with well-stirred reactors [26,27].

7% C3H8 + 1.65% oil at 373 K and 16.2 MPa. (a) Two-phase as initial condition. (b)
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ig. 11. Reaction rates for temperature and pressure variation measured at 25% dou-
le bond conversion. The rate was based on the moles of double bond converted
veraged on the time needed to reach this conversion and the palladium weight.

den Hark and Harrod [29] studied the hydrogenation of fatty acid
ethyl esters (FAME) to produce fatty alcohols. The reactions were

arried out in a continuous reactor, under supercritical propane.
hese authors observed a linear increase in the apparent rate of
AME consumption, for substrate feed concentrations of up to 1%
olar. Under these conditions the reaction rate was of the same

rder of magnitude of gas-phase hydrogenations [30]. On the other
and, when the substrate concentration reached 1.5–2%, a sudden
ecrease of the rate as well as the FAME conversion was observed.
his was accompanied by an abrupt increase of the pressure drop

nside the fixed-bed reactor. These drastic changes in the system
ehavior were attributed to the transition of the reaction medium
rom homogenous to heterogeneous conditions. The authors spec-
lated that the catalyst pores were blocked by the condensed
ubstrate-rich phase, making it difficult for the hydrogen-rich phase

ig. 12. Pictures of the reactant mixture and homogeneous conditions: (a) Two-phase sys
bove, substrate-rich phase (P2) below. (c) Homogeneous system at 800 rpm. (d) Same sy
al Fluids 50 (2009) 128–137 135

to access to the active sites. The situation becomes similar to con-
ventional hydrogenation, because hydrogen should be transferred
throughout a gas–liquid interface, reducing its concentration at the
catalyst surface. The phase-split has a crucial effect in the sys-
tem mass transport: there is a sudden increase in viscosity, from
0.053 mPa s (similar to pure C3H8) to almost 1.5 mPa s (typical of
FAME) [29].

The apparent discrepancy between the results found in the
present paper and those reported by den Hark and Harrod [29]
regarding the effect of phase-split on the reaction rate, can be found
in the mass transport associated to the flow regime in each type of
reactor (batch and fixed-bed respectively). In a fixed-bed reactor the
global reaction rate is limited by the external mass transfer [31].

The external mass transfer coefficients in a film around a spher-
ical catalyst particle were calculated for both types of reactors, at
the corresponding experimental flow regimes. The calculations for
the batch reactor were made for the hydrogenation of sunflower oil
at 373 K and 6.5 MPa, with an initial global composition of 6.78%
H2 + 90.75% C3H8 + 2.48% oil. The mass transfer coefficient in the
fixed-bed reactor was calculated for the hydrogenation of FAME at
353 K and 15.2 MPa [29]. Methylpalmitate (MP) was chosen to rep-
resent the real FAME mixture [32], and the global molar fractions
of the reactants were 20% H2 + 78% propane + 2% methylpalmitate.

Table 4 reports the results of the calculations. The compositions
and densities of the phases (P1 and P2) at equilibrium were calcu-
lated with the GC-EoS equation. The table shows the dimensionless
numbers characterizing both, the hydrogen- and substrate-rich
phases. The viscosities of the pure components and their mixtures

were estimated by the Lucas and Letsou-Stiel correlations [33].
The Sherwood number was calculated with Frossling correlation
[31]. The Reynolds number determines the difference in mass flow
between both reactors. The fixed-bed reactor operates under poor
forced mixing, which becomes evident by the Sherwood number

tem at 850 rpm stirring speed. (b) Same system without stirring H2-rich phase (P1)
stem without stirring.
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Table 4
Mass transfer properties in the hydrogenation of triglycerides (TG) and fatty acid
methyl esters (FAME) carried out in a batch and a continuous reactor respectively.

Parameter P1 TG P2 TG P1 FAME P2 FAME FAME

H2% molar 8.70 1.94 39.24 16.48
C3H8% molar 91.30 89.39 60.71 81.16
Substrate (TG or MP) % molar 1.7 × 10−7 8.68 0.05 2.36
Dp (�m) 200 200 400 400 400
� (kg/m3) 184.9 500.9 157.4 319.3 841a

� (mPa s) 0.05 0.35 0.03 0.07 0.15b

� × 107 (m2 s−1) 2.75 7.01 2.07 2.27 1.78
U (m s−1) 0.942c 0.942c 0.001b 0.001b 0.001b

Re 1371.2 538.0 1.8 1.6 0.4
ScH2 0.27 0.70 0.21 0.23 –
ScTG and MP 13.75 35.03 10.34 11.35 89.29
ShH2 16.45 14.36 2.48 2.47 –
ks × 102 (m s−1) 8.21 7.19 0.61 0.60 –
Sh TG and MP 55.18 47.49 3.76 3.73 2.26
ks TG and MP × 103 (m s−1) 5.52 4.75 0.19 0.19 0.11

Using Deff TG or MP = 2 × 10−8 m2 s−1 from criterion of Refs. [28,29,35].
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From Ref. [35].
b From Ref. [29].
c Empiric correlations for stirred tanks from Ref. [31]. The diffusion coefficients
ere obtained from Refs. [28,29]. H2 and C3H8 pure properties from Ref. [36].

lose to 2 [34]. For this reactor the calculated mass transfer coeffi-
ients in both phases are more than one order of magnitude lower
han those in the batch reactor. For comparison, Table 4 also reports
he estimated coefficient for pure FAME, which agrees with the
alue reported by den Hark and Harrod (2 × 10−4 m/s [29,35]). The
alues of the Reynolds and Schmidt numbers in the batch reactor
re indicative of a good mixing regime, which would induce a close
ontact between both fluid phases.

The pictures in Fig. 12 show the flow regime inside the batch
eactor working under a biphasic condition. Fig. 12(a) shows the
eaction mixture stirred at 850 rpm. The cloudy image illustrates a
ood contact between very small drops in both phases. Even though
t is not possible to detect a flow pattern, it should be reasonable
o imagine a twister-like movement around the cells axis. Fig. 12(b)
hows the H2-rich and the TG-rich phases, separated by a meniscus,
hen stirring is stopped. The magnetic stirrer is visible like a white
iece at the top of the image. For comparison, Fig. 12(c) and (d)
hows the corresponding flow patterns when the reaction mixture
s under homogeneous conditions.

The difference in the mixing regimes between the continuous
nd batch reactors results in different external mass transfer lim-
tations. The excellent mass transfer reached in the discontinuous
eactor because of the forced mixing, makes the global reaction rate
nd selectivity insensitive to the environment phase condition. Tak-
ng account the results, we could then conclude that internal mass
ransfer inside the catalyst pores should be equally efficient in both,
he homogeneous and two-phase conditions.

From Table 4 it becomes evident that the TG concentration in
he H2-rich phase P1 is negligible. Furthermore the concentration
f H2 in the TG-rich phase P2 would be able to convert only 5% of
he total double bonds in this phase if no H2 transference between
oth phases were possible. Since H2 diffusivity is almost 100 times
reater than TG diffusivity [29,35], we suppose that the main part of
he reaction occurs in the TG-rich phase, with most of the hydrogen
oming from phase P1. A minor contribution to the reaction could
ake place in the hydrogen-rich phase as a result of the TG move-

ent. A more detailed study of the mass transfer between phases
s needed since we consider this work as preliminary study.
. Conclusions

The reaction rate and product distribution were analyzed at
ifferent temperatures, pressures and H2/oil feed ratios, which

[

[

al Fluids 50 (2009) 128–137

involves different phase equilibrium scenario. Compared to the
gas–liquid hydrogenation process, lower selectivity to poly-
unsaturated fatty acids was obtained, which implies low trans
isomers production and high saturated fatty acids contents. These
results agree with a high H2 concentration at the internal surface of
the catalyst, as a consequence of improved mass transfer. The tran-
sition from homogeneous to biphasic conditions has no effect on
the reaction activity and selectivity, which implies very high mass
transfer coefficients of the reactants at the external surface as well
as in the internal pore structure of the catalyst. In this hand, solvent
addition raises the mass transfer of the medium. A comparison was
made between the mass transfer coefficients in batch and fixed-
bed reactors. The results confirmed that reactions carried out in
a continuous flow reactor without a highly forced mixing require
single-phase conditions, constrained by the high pressures needed
to reach this solubility state. On the other hand, well stirred reactors
(i.e. continuous tank or batch reactor) are efficient when working
at lower pressures under biphasic conditions.
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