
V
e

S
a

b

c

d

a

A
R
R
2
A
A

K
N
O
E
V
L
R

1

m
S
h
o
fl
a
f
o
y

s
t
t
a
t
a
e

0
h

Applied Catalysis A: General 450 (2013) 120– 130

Contents lists available at SciVerse ScienceDirect

Applied  Catalysis A:  General

jo u r n al hom epage: www.elsev ier .com/ locate /apcata

Ox/c-Al2O3 catalyst  for  oxidative  dehydrogenation  of  ethane  to
thylene:  Desorption  kinetics  and  catalytic  activity

.  Al-Ghamdia,b, M.  Volped,  M.M.  Hossainc,  H.  de  Lasaa,∗

Chemical Reactor Engineering Centre, Western University, London, Ontario, Canada
Research & Development Center, Saudi Aramco Oil Company, Dhahran, Saudi Arabia
Department of Chemical Engineering, King Fahd University of Petroleum & Minerals, Dhahran, Saudi Arabia
Chemical Engineering Department, PLAPIQUI-(UNS-CONICET), Bahia Blanca, Argentina

 r  t  i  c  l  e  i n  f  o

rticle history:
eceived 9 July 2012
eceived in revised form
7 September 2012
ccepted 6 October 2012
vailable online 8 November 2012

eywords:

a  b  s  t  r  a  c  t

This  study  reports  ethane  oxidative  dehydrogenation  (ODH)  using  lattice  oxygen.  Ethane  ODH  is  studied
under  an  oxygen-free  atmosphere  employing  a 10 wt.%  VOx supported  on  c-Al2O3.  TPR  and  TPO  show  that
the prepared  10  wt.%  VOx supported  on  c-alumina  catalyst  is  a  stable  catalyst  over  repeated  reduction  and
oxidation  cycles.  XRD  shows  the  absence  of  V2O5 bulk  surface  species  and  a high  dispersion  of  VOx on the
support  surface.  Experiments  are  carried  out  in  the CREC  Fluidized  Bed  Riser  Simulator  at  550–600 ◦C  and
pressures  close  to atmospheric  conditions.  Reactivity  tests  show  that  the  prepared  ODH  catalyst  displays
6.5–27.6%  ethane  conversion  and  57.6–84.5%  ethylene  selectivity  in  the  550–600 ◦C range.  Metal–support
H3-TPD kinetics
xidative dehydrogenation
thylene
anadium oxide
attice oxygen
iser simulator

interaction  is  assessed  using  ammonia  TPD.  This  provides  the  desorption  energy  for  both  the  bare  c-Al2O3

support  and  for  the  VOx/c-Al2O3 catalyst.  A  slightly  increased  desorption  energy  is  found  when  using  the
V-loaded  catalyst.  This  shows  low  metal–support  interactions  and  as  a result,  a  well  dispersed  VOx catalyst
phase  with  high  availability  of  lattice  oxygen  for ODH.  These  findings  are  confirmed  with  XRD,  showing
no  changes  with  respect  to  the XRD  for the  c-Al2O3 alumina  support.  This  proves  that  there  are  no  other
species  formed  due  to  the interaction  between  the  VOx surface  species  and  the  Al2O3 support.
. Introduction

Light olefins, specifically ethylene and propylene, represent the
ost important building blocks of the petrochemical industry.

team cracking of hydrocarbon feedstock (ethane, LPG, or naphtha)
as been the major source of light olefins accounting for 70% of total
lefin production [1].  Other methods for olefin production such as
uidized catalytic cracking (FCC) and direct dehydrogenation are
lso in use. Fluidized catalytic cracking (FCC) is the second most
requently used process for olefin production accounting for 28%
f total gasoline production, with ethylene and propylene being in
ields of 1–2% and 5%, respectively.

Current conventional processes for olefin production suffer from
everal limitations related to their high energy requirements due
o the endothermic nature of the reaction, coke formation, selec-
ivity control and thermodynamic constraints [1–7]. A number of
lternative technologies have been investigated for olefin produc-

ion [8–24]. These are currently being viewed as more and more
ttractive given the increasing demands for ethylene and propyl-
ne. Oxidative dehydrogenation (ODH) is an alternate method for

∗ Corresponding author. Tel.: +1 519 661 2144; fax: +1 519 850 2931.
E-mail address: hdelasa@fes.engga.uwo.ca (H. de Lasa).
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© 2012 Elsevier B.V. All rights reserved.

olefin production that does not suffer from the drawbacks of tradi-
tional methods. As an exothermic process, ODH can overcome the
thermodynamic limitations of the non-oxidative dehydrogenation
by formation of water, as a stable product. Moreover, ODH displays
a large and positive equilibrium constant, decreasing at higher tem-
peratures. Furthermore, the presence of oxygen limits coking and
extends therefore catalyst usage. Moreover, light paraffins ODH  can
be operated at lower temperatures than either the thermal or the
non-oxidative catalytic processes. So, ODH can thus offer potential
increases in per-pass yields and energy savings while producing
the desired olefins. Given that the formation of combustion prod-
ucts is thermodynamically favorable; selectivity control in ODH,
reaction (1),  is a major challenge. Undesired carbon oxides can be
formed either by direct alkane combustion, reaction (2),  or by deep
oxidation of produced olefins, reaction (3).  Thus, a catalyst for this
reaction should be designed to prevent the undesirable reactions
leading to carbon oxides [25–30].

Desired reaction:

C2H6 + 1/2O2 ↔ C2H4 + H2O (1)
Undesired reactions:

C2H6 + (1.5 + x)O2 ↔ 2COx + 3H2O (2)

C2H4 + (4x  − 2)O2 ↔ 2COx + 2H2O (3)

dx.doi.org/10.1016/j.apcata.2012.10.007
http://www.sciencedirect.com/science/journal/0926860X
http://www.elsevier.com/locate/apcata
http://crossmark.dyndns.org/dialog/?doi=10.1016/j.apcata.2012.10.007&domain=pdf
mailto:hdelasa@fes.engga.uwo.ca
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fv fraction of reduced vanadium metal
MWV molecular weight of vanadium
Edes energy of desorption, kJ/mol
kd0 pre-exponential factor
kd adsorption constant
Tm centering temperature
T desorption temperature, K
rdes rate of desorption
Vd volume of ammonia desorped, ml/g
Vm volume of ammonia adsorbed at saturation condi-

tions, ml/g
n order of the desorption rate
R the universal gas constant
VOx vanadium oxide surface species
XC2H6 ethane conversion, %

Greek symbols
ˇ rate of temperature increase, ◦C/min
�des surface coverage of adsorbed species
� stoichiometric number

Abbreviations
ODH oxidative dehydrogenation
XRD X-ray diffraction
TPR temperature-programmed reduction
TPO temperature-programmed oxidation
TPD temperature-programmed desorption
DRIFTS diffuse reflectance infrared Fourier transform spec-

troscopy
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XPS X-ray photoelectron spectroscopy

Vanadium-based catalysts have been reported in the techni-
al literature as active and selective catalysts for ethane ODH
3,9,11,12,31–43]. This is due to the vanadium ability to provide
attice oxygen for hydrogen removal from alkanes, reaction (4)
25,44]. However, most of these studies involved co-feeding a gas
hase molecular oxygen in order to re-oxidize the reduced metal
xides and replenish the lattice oxygen, reaction (5) [25,45].  How-
ver, in the present study ethane ODH is carried out in the absence
f gas phase molecular oxygen.

2H6 + MOx ↔ C2H4 + H2O + MOx−1 (4)

Ox−1 + 1/2O2(air) ↔ MOx (5)

The catalytic properties of vanadia can be improved by deposit-
ng it on appropriate metal oxide supports such as alumina, silica,
itania, or zirconia. Variations in the catalytic performance of
Ox supported on metal oxides can be attributed to the forma-

ion of different VOx species on the metal oxide support surfaces
27,29,33,46–51]. However, there is no clear relationship between
he structure of surface vanadia species and their oxydehydrogena-
ion using lower alkanes [33]. Furthermore, the catalytic activity
nd selectivity of supported vanadium oxide catalysts are sig-
ificantly affected by the properties of the support material, the

nteraction of the surface VOx species with the oxide support
nd the vanadium loading [29,33,38,46,48]. Alumina-supported
anadia has been considered in several structural investigations
12,29,33,36,52–57]. These studies showed that at low vanadium
oading, a highly dispersed amorphous vanadate phase is formed. At
edium loading, this phase’s structure changes from isolated tetra-
edral vanadium to polyvanadates species. However, a crystalline
2O5 phase was reported at high vanadium loading in addition to
morphous vanadia phases. Variations of the binding strength of
A: General 450 (2013) 120– 130 121

surface lattice oxygen occur with the formation of different VOx

surface species structures. The binding strength has been proposed
as the main parameter that governs activities and selectivities of
alumina-supported vanadia catalysts [53,58].

While there is significant research on novel ODH catalysts
[59–63], there is limited information that deals with light olefins
ODH in dense fluidized beds, risers or downers reactors. These
studies are confined to butane ODH [64–67].  Controlled isother-
mal  conditions which are maintained in the catalytic fluidized beds
are used. Hence, one circumvents with fluidized beds the potential
issues with hot spots in fixed bed catalytic reactors. Non-isothermal
conditions in fixed bed reactors can interfere with reactor perfor-
mance and damage the catalyst.

Moreover, fluidized reactors with periodic catalyst re-oxidation
offer the means that enable the transport of reduced catalyst
species from the oxidative dehydrogenation unit (zone) to the re-
oxidation unit (zone). Thus, the operation of twin reactors, one for
the ODH and one for catalyst regeneration appear to be a require-
ment for the implementation of this technology at the industrial
scale.

Given the above described facts, the goal for this paper is to
provide in-depth research on the reactivity and stability of the
prepared 10 wt.% VOx/c-Al2O3 catalyst during ethane oxidative
dehydrogenation. The 10 wt.% VOx loading on the c-Al2O3 support
was  selected for this study to ensure that a sup-monolayer VOx

surface coverage is achieved (64.66% coverage). Several studies in
the open literature have shown that supported vanadium catalyst
are more active in ODH reactions with surface VOx coverage in the
sub-monolayer region [29,33,54,68–70]. Ethane ODH is performed
in the present study under fluidized bed reaction conditions in the
Chemical Reactor Engineering Center (CREC) Riser Simulator Reac-
tor. Ethane was  used as a feed for the ODH reaction and air was
employed to regenerate the reduced catalyst sample.

2. Experimental

2.1. Catalyst preparation

The catalyst of this study was  prepared by using the incip-
ient wetness technique [43]. Vanadium oxide was  supported
on c-alumina (Alcan Activated Alumina AA-100, surface area of
260 m2/g). Before the impregnation, the support particles were cal-
cined at 500 ◦C for 4 h under a chromatographic quality air flow.
Following this, the calcined support particles were impregnated
at room temperature with a solution of V (AcAc)3 in toluene pre-
pared by dissolving 8 grams of V (AcAc)3 precursor (Aldrich, 97%) in
100 ml  toluene (0.153 M).  After 24 h period of contact, the impreg-
nated particles were filtered and separated from the supernatant
liquid and the resulting cake was washed three times with fresh
solvent. The resulting cake was  dried first at 150 ◦C for 12 h. Then,
the impregnated particles (catalyst precursor) were calcined under
a GC quality air stream at 600 ◦C for a 6 h period.

Once the catalyst sample was  prepared, the bulk amount of
vanadium in the catalyst sample was  determined using Atomic
Absorption Spectroscopy. The prepared catalyst sample displayed
a yellow-orange color showing a high concentration of V2O5 on the
alumina surface (V5+).

2.2. Catalyst characterization

2.2.1. BET surface area

The BET specific surface area analysis of the c-alumina sup-

port (237.90 m2/g) and of the VOx/c-alumina catalyst (205.80 m2/g)
were determined in a Micromeritics ASAP 2010 analyzer, by using
nitrogen adsorption at 77 K. For each experiment, an amount of
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reactor was closed. The temperature program was run to heat up
the system to the desired reaction temperature. An argon flow was
maintained in the system to ensure that the system was free from
22 S. Al-Ghamdi et al. / Applied Cat

.26–0.30 g of catalyst sample was degassed at 350 ◦C for 2 h before
nalysis. The adsorption isotherms were measured in the 10−6 to 1
elative pressure range.

.2.2. X-ray diffraction (XRD)
X-ray diffraction (XRD) analysis was used to identify the crystal-

ographic structure of catalyst samples. XRD patterns of all catalysts
eported in this study were recorded on a Rigaku MiniFlex Diffrac-
ometer with monochromatic Cu K� radiation (� = 0.15406 nm,
0 kV, 50 mA)  using the normal scan rate of 2◦/min. X-rays were col-

imated using a 1◦ divergent scattering slit, and a 0.15 mm  receiving
lit. Samples were scanned within the 2� range of 20–80◦ with a
tep size of 0.02◦.

.2.3. Temperature programmed reduction (TPR)
Temperature programmed reduction (TPR) experiments were

sed to determine the degree of reduction of the catalyst and to
eveal the temperature at which the reduction occurs. Moreover,
PR experiments were employed to assess the catalytic activity
ith frequent catalyst regenerations. It is known that the vana-
ium dispersion and the fractions of the different vanadia phases
an change due to prolonged thermal treatment and after undergo-
ng several reduction cycles [71]. It is likely that there is significant
urface mobility of vanadia [72]. This can even cause changes in the
ature of the surface species [73]. Therefore, the effect of the num-
er of reduction and oxidation cycles on reducibility of vanadium
xide was also assessed by looking at the cyclic TPR/TPO exper-
ments. TPR experiments were conducted using an AutoChem II
SAP 2920 analyzer, supplied by Micromeritics.

For TPR experiments, a fresh catalyst sample was pre-treated at
00 ◦C in a flow of high purity argon (99.9%) at a rate of 50 ml/min
or 3 h. After cooling to ambient temperature, the argon flow
as replaced by a reducing gas mixture (10.2% H2/Ar) circulated

t 50 ml/min. Then, the catalyst sample was heated in an argon
tmosphere to 900 ◦C at a heating rate of 10 ◦C/min. Hydrogen
oncentration changes were determined in the outlet gas stream
sing a thermal conductivity detector (TCD). The area of the result-

ng peaks was integrated numerically, yielding the total hydrogen
ptake volume.

.2.4. NH3 temperature programmed desorption (TPD)
NH3-TPD was performed in the present study to determine

he energy of desorption. This provided valuable insights on
etal–support interactions assessing both TPD energetics and

inetics. Moreover, NH3-TPD was used to determine the number
nd strength of acid sites available on the surface of the prepared
atalyst samples.

NH3-TPD experiments were conducted using the AutoChem
I Analyzer from Micrometrics. For each experiment, the cata-
yst sample (between 0.274 and 0.281 g) was placed in a quartz
ontainer and degassed for 2 h at 300 ◦C in a flow of helium at
0 ml/min. The samples were then cooled to 100 ◦C and brought
o saturation with ammonia using a NH3/He gas mixture (4.55%
H3/He) for one hour at a rate of 50 ml/min. After that, the ammo-
ia flow was stopped, and replaced by a He purge gas, fed at the
ate of 50 ml/min. This was done for 1 h at 100 ◦C to remove the
hysically adsorbed ammonia. Following this step, the tempera-
ure was raised up to 500 ◦C at different heating rates (5, 10, 20
nd 30 ◦C/min). As the temperature was increased, ammonia des-
rbed as it gained enough energy to overcome the activation energy
arrier.
.3. Reactivity and stability test in the CREC Riser Simulator

The reactivity and the stability of the VOx/Al2O3 catalyst
ere established using the CREC Riser Simulator. The CREC Riser
Fig. 1. Overview of the CREC Riser Simulator reactor body.

Simulator is a bench scale mini-fluidized bed reactor, invented by
de Lasa [74] at Chemical Reactor Engineering Center (CREC), West-
ern University. This mini-fluidized reactor (capacity of 53 cm3) is
a batch unit designed for catalyst evaluation and kinetic studies
under fluidized bed (riser/downer) reactor conditions. One of the
main advantages of this unit is its capability of simulating fluidized
bed reactions conditions by using a very small amount of catalyst.
The main reactor consists of a lower shell and an upper shell. These
two  shells allow easy access to the reactor in order to load and
unload catalyst samples. The lower shell houses a basket that con-
tains the catalyst sample. The catalyst is held in place in the reactor
basket by two  porous grids placed at each end of the basket. An
impeller is located above the reactor basket and upon rotation of
the impeller at high speed (up to 7000 rpm) reactant gas is with-
drawn through the basket causing the solid catalyst to become fully
fluidized.

A schematic diagram of the CREC-Riser Simulator reactor body
is provided in Fig. 1. The CREC Riser Simulator operates in con-
junction with some other accessories, such as a vacuum box, a gas
chromatograph (GC), and series of sampling valves, a timer, two
pressure transducers and two temperature controllers. A schematic
diagram of the CREC Riser Simulator experimental set-up used in
this study is shown in Fig. 2.

For each reaction run, the required amount (maximum 1 g) of
catalyst sample was first loaded into the reactor basket and then the
Fig. 2. Schematic diagram of the CREC Riser Simulator experimental set-up.
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Table 1
Characteristics of alumina support and supported vanadia catalyst.

Sample V content (wt.%)a Surface area (m2/g)

Activated Al2O3 – 237.9
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of the exposed reducible vanadium oxide over the total vanadium
oxide amount in the catalyst. The amount of exposed reducible
vanadium on the catalyst sample can be related to the amount
of hydrogen consumed during the reduction process. Thus, the

T
C

D
 S

ig
n

a
l

0.00

0.02

0.04

0.06

0.08

Cycle-1 

Cycle-2 

Cycle-3 

Cycle-4 

Cycle-5 
V2O5/Al2O3 10 205.8

a Vanadium content, in wt.% of V atoms, was determined by ICP.

ny gaseous oxygen (air). Once the reactor reached thermal equi-
ibrium at the desired temperature, the argon flow was stopped and
he vacuum box pressure was reduced to 20.7 kPa using a vacuum
ump. At this stage, the impeller was turned on and the feed (C2H6)
as injected into the reactor using a preloaded syringe. During the

eaction period, the pressure profile of the reactor was  recorded
sing a pressure transducer. The reactor pressure increased as soon
s the reaction proceeded, given the increased number of moles
n the gas phase due to the ODH reaction. At the end of the pre-
pecified reaction time, the isolation valve between the reactor
nd the vacuum box was opened and the pressure was reduced
o the value of the vacuum box pressure. The sudden decrease of
he reactor pressure ensured that most of the reactant/product was
emoved from the reactor almost instantaneously and that no fur-
her reaction took place. Finally, the product gas was  analyzed by

eans of an on-line GC (Shimadzu-2010) equipped with a 60/80
arboxen-1006 packed column, a thermal conductivity detector
TCD) and a flame ionization detector (FID). The concentrations of
he following gases were determined: CO, CO2, C2H4 and C2H6.

. Results and discussion

.1. Catalyst characterization

Fluidizable c-A12O3 was selected as the support material for
anadium oxide given its thermal and mechanical stability under
he selected reactor conditions. The BET surface area for the sup-
ort material and for the metal loaded catalyst sample is shown

n Table 1. The surface area of the bare commercial c-A12O3 is in
ood agreement with the value given by the supplier (230 m2/g). A
oderate decrease is noticed in the total surface area of the cata-

yst after vanadium loading on the calcined c-A12O3 support. This
ecrease in surface area is attributed to the plugging of some of the
upport pores by the vanadium species.

.1.1. X-ray diffraction (XRD)
The X-ray powder diffraction patterns of the fresh VOx/c-Al2O3

atalyst and activated commercial c-Al2O3 support samples are
hown in Fig. 3. The diffraction patterns of bulk V2O5 is also shown
s a reference (case A in Fig. 3). For the activated c-Al2O3 sample,
here were no diffraction peaks except at 2� = 78◦, which is the char-
cteristic peak for the c-Al2O3 phase (case C in Fig. 3). Moreover,
o changes in the XRD patterns were observed on the VOx-loaded
-Al2O3 support (case B in Fig. 3). The absence of the peaks at this
Ox loading can be taken as an indication of the absence of V2O5
ulk surface species and that VOx phase is primarily present as an
morphous phase consisting of monovanadate or polyvanadates
urface species. These observations are in agreement with the pub-
ished data [12,29,36] on supported vanadia catalysts with similar
Ox loadings on c-Al2O3 supports. According to these studies, the
Ox phase is primarily present as vanadate or polyvanadate, which

s known to be X-ray amorphous. Moreover, XRD also shows that
o other species is formed due to the interaction between the V2O5
atalyst and the Al2O3 support.
.1.2. Temperature programmed reduction and oxidation
Fig. 4 reports consecutive TPR profiles for the VOx/c-Al2O3 cat-

lyst sample. It can be noted that the prepared catalyst showed
Fig. 3. XRD results for the following cases: (A) bulk V2O5 sample, (B) fresh 10 wt.%
V2O5/c-Al2O3 catalyst sample, and (C) activated Al2O3 support sample.

very stable reduction behavior during consecutive TPR cycles. TPR
experiments display a single reduction peak in each TPR cycle
extending from 310 ◦C to 600 ◦C with a Tmax at 550 ◦C for the 5th
TPR cycle. These results show that repeated TPR–TPO cycles do not
alter the reducibility of the supported V-species. In agreement with
this, minor variations were observed in terms of the H2 gas con-
sumption during various TPR cycles. Moreover, it was  shown that
the TPR cycles were consistently completed when the temperature
was  at 600 ◦C. Furthermore, there was  no additional higher tem-
perature reduction peak, which is a characteristic in the reduction
of bulk-like V2O5 species. The same result was  also confirmed by
the XRD analysis as there was no diffraction patterns observed in
the crystalline phase of the V2O5 species catalyst surface.

The XRD pattern for catalyst sample following the 5 TPR/TPO
cycles (case B) is compared with that for fresh catalyst sample
(case A) in Fig. 5. The absence of any reflection peaks correspond-
ing to crystalline VOx phase confirmed the stable behavior of the
sample and maintaining a consistent metal dispersion during the
successive oxidations and reduction in consecutive TPR/TPO cycles.
Moreover, this can be taken also as an indication of the absence of
metal sintering (metal crystallite agglomeration).

The degree of reduction of the catalyst can be defined as the ratio
Temperature ( C)o

0 200 400 600 800 1000

Fig. 4. Successive TPR profiles for VOx/c-Al2O3 catalyst. Pre-treatment: calcination
at  773 K.
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Fig. 6. Degree of reduction of Al2O3-supported VOx catalyst sample in multiple
TPR/TPO cycles up to 950 ◦C (heating rate: 10 ◦C/min; reducing agent: 10% H2/Ar
at  50 cm3/min; oxidizing agent: 5% O2/He at 50 cm3/min).
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compared to that of the bare alumina support. The vanadium load-
ing on the c-A12O3 support reduces the acidity of bare c-A12O3,
from 14.39 ml  NH3/g to 6.77 ml NH3/g. This acidity reduction can

Table 2
Amount of ammonia desorbed (in ml/g sample) at different adsorption temperatures
(ˇ = 30 ◦C/min, sample weight: 0.274 g).

Sample NH3 adsorption temperature (◦C)
ig. 5. XRD patterns for the following cases: (A) fresh 10 wt.% V2O5/c-Al2O3 catalyst
ample and (B) spent 10 wt.% V2O5/c-Al2O3 catalyst sample after 5 TPR/TPO cycles.

mount of reacted hydrogen is established by numerically inte-
rating the area of the resulting TPR peak. This allows the amount
f reducible metal in the catalyst sample to be calculated using the
ollowing equation:

V = MWV × VH2

� × Vg
(6)

here (a) WV is the amount of reduced vanadium (g), (b) MWV is
he molecular weight of vanadium (g/mol), (c) VH2 is the volume
f reacted hydrogen (cm3 at STP), (d) Vg is the molar volume of gas
mol/cm3 at STP). (e) v is the stoichiometric number of hydrogen
ased on the following reaction stoichiometry.

Assuming that V2O5 is the initial reducible catalyst species
resent on the support, then:

2O5 + 2H2 → V2O3 + 2H2O

Thus, by knowing the amount of reducible metal in the cata-
yst sample, WV, and by knowing the actual vanadium amount on
he catalyst, W0, the fractional amount of reducible vanadium (%
eduction) can be calculated using the following equation:

V = WV

W0
(7)

The effect of the number of TPR/TPO cycles on the reducibility
f the supported vanadium oxide catalyst was also assessed from
yclic TPR/TPO experiments. Fig. 6 reports the reducibility (% reduc-
ion) of the VOx/c-Al2O3 catalyst sample used in this study under
epeated TPR/TPO cycles. On this basis, it can be concluded that
pproximately 85% reduction was achieved in each cycle assuming
hat V2O5 was the initial phase of VOx on the catalyst sample. The
equence of TPR/TPO cycles demonstrates that there is a consis-
ent percentage reduction of V2O5. This indicates that the sample
s stable over repeated reduction/oxidation cycles. This observation
uggests that no phase transformation takes place during the redox
yclic process up to 950 ◦C.

.1.3. Catalyst total acidity
Ammonia is a well known probe molecule used to character-

ze acidic properties of solid catalysts. This is due to ammonia’s
trong basicity as well to its small molecular size. Ammonia allows
he determination of acidic sites within a wide range of catalyst
ore sizes [75]. Thus, the total acidity of the catalyst sample can be

etermined by the total amount of ammonia adsorbed/desorbed.

In this study, the saturation of the VOx/c-Al2O3 catalyst sample
nd the bare c-Al2O3 support were carried out at different satu-
ation temperatures. The amount of ammonia adsorbed/desorbed
Fig. 7. NH3-TPD spectra at various temperatures of ammonia adsorption on VOx/c-
Al2O3 catalyst sample (  ̌ = 30 ◦C/min).

by the catalyst sample was calculated from the ammonia desorp-
tion peaks as shown in Fig. 7 and Table 2. As listed in Table 2, the
total ammonia desorption of both samples decreased with increas-
ing saturation temperature. This was  the case when the selected
saturation temperature was above 200 ◦C. Thus, this shows that
200 ◦C is too high of a thermal level to achieve complete ammonia
saturation for all the available acid sites on the sample surface.

NH3-TPD was also used in this study to compare the total acid-
ity and acid strength of the bare c-Al2O3 support, to the fresh
and reduced (after reaction) VOx/Al2O3 catalyst samples as shown
in Fig. 8 and Table 3. Table 3 shows that the prepared 10 wt.%
VOx/c-Al2O3 catalyst displays a considerably lower acidity while
100 140 165 190 240 300

c-Al2O3 14.39 12.63 11.02 9.80 6.82 4.49
VOx/c-Al2O3 (fresh) 6.77 5.69 4.45 3.91 3.34 2.29
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ig. 8. NH3-temperature programmed desorption profiles for (a) c-Al2O3 support,
b)  fresh 10 wt.% VOx/c-Al2O3 catalyst (  ̌ = 30 ◦C/min: 15 ◦C/min, NH3 pre-adsorbed
t 100 ◦C).

e attributed to the coverage of acid sites by VOx surface species on
he alumina surface. Desorption peaks reported in Fig. 8 at 180 ◦C
or bare Al2O3 support are attributed to the desorption of NH3
rom weak acid sites, while higher temperature peaks at 345 ◦C
nd 365 ◦C are assigned to the desorption of NH3 from medium
o stronger acid sites respectively. After VOx loading however, the
upported VOx catalyst samples showed only one desorption peak
t 200 ◦C which is similar to the one for the bare support. This result
uggests that the loading of VOx species on the Al2O3 support affect
cid sites number as follows: (a) the strong acid site number remain
lose, (b) the weak acid sites are significantly reduced. Similar
esults are reported in the literature on the acidity of supported-
anadia catalysts [76,77]. It was concluded in these studies that the
ormation of the surface vanadia species on oxide supports such as
-Al2O3 is accompanied by the surface coverage of c-Al2O3 acid
ites with VOx species.

.1.4. TPD kinetics and heat of desorption
In order to characterize the desorption behavior and relate the

H3-TPD results with fundamental desorption kinetics; the TPD
ata were further analyzed. This was done to determine the desorp-
ion energy and frequency factors. This was accomplished through
he setting up of a desorption model. It was tested against exper-
mental data by curve fitting. The rate of desorption at a constant
ctivation energy, as described by Cvetanovic and Amenomiya [78],
as used in order to determine the desorption parameters from

he NH3-TPD results. In order to apply this model, the following
ssumptions were made:

(i) The surface of the catalyst is homogeneous for the adsorption
of ammonia, that is, kd = kd0 exp(−Edes/RT), with kd being inde-
pendent of the surface coverage (�des).

ii) Readsorption of the desorbed NH3 gas does not occur.

ii) There is a uniform concentration of the adsorbate in the gas

phase through the catalyst bed.
iv) The desorption rate is of first order in coverage.
v) Linear temperature increases with time.

able 3
emperature programmed desorption of NH3 for Al2O3 and VOx/Al2O3 catalysts.

Catalyst sample Tdes (◦C) Total NH3 uptake
(ml STP NH3/g)

c-Al2O3 180, 265, 340 14.39
VOx/c-Al2O3 200 6.77
A: General 450 (2013) 120– 130 125

The NH3-TPD experimental conditions were chosen to ensure
that the assumption (ii) was satisfied by maintaining a high gas flow
through the catalyst bed. This was  done to prevent the readsorption
of the desorbed species. Similarly, assumptions (iii) and (v) were
considered satisfied in the experiments by selecting appropriate
experimental conditions. Moreover, assumption (iv) was consid-
ered appropriate given that ammonia desorption was unimolecular
[79].

Thus, the rate of NH3 desorption at a constant activation energy
for first order desorption can be obtained by performing a species
balance of desorbing ammonia species as considered by Farrauto
and Bartholomew [80]; White [81]; Tonetto et al. [79] and Sedor
et al. [82]:

rdes = −Vm

(
d�des

dt

)
= kd0�des exp

(
−Edes

R

(
1
T

− 1
Tm

))
(8)

where �des is the surface coverage of the adsorbed species, Kd is the
desorption constant, kd is a pre-exponential factor, Edes is the acti-
vation energy of desorption and Tm is the centering temperature,
which minimizes the cross-correlation between parameters.

In a TPD experiment, the temperature of the bed is raised linearly
at a constant heating rate, ˇ, as given by:

T = T0 + ˇt

And thus:

dT

dt
=  ̌ (9)

And given that:(
d�des

dt

)
=

(
d�des

dT

)(
dT

dt

)
= ˇ

(
d�des

dT

)
(10)

As a result, Eqs. (8) and (10) yield the following equation,(
d�des

dT

)
= −kdes0

Vmˇ
�des exp

(
−Edes

R

(
1
T

− 1
Tm

))
(11)

where:

�des = 1 − Vdes

Vm
(12)

Substituting Eq. (12) into Eq. (11) and after the required math-
ematical rearrangement, the variation of the desorbed volume of
ammonia with temperature (dVdes/dT) can be expressed as a func-
tion of desorption as:

dVdes

dT
= kdes0

ˇ

(
1 − Vdes

Vm

)
exp

(
−Edes

R

(
1
T

− 1
Tm

))
(13)

Using Eq. (13), the energy of ammonia desorption and the
pre-exponential factor can be estimated. To accomplish this, a
non-linear regression analysis was  carried out using the MAT-
LAB numerical computing software with experimental TPD data
obtained at various linear heating rates (  ̌ = 7, 10, 15, 20 and
30 ◦C/min). In addition, the differential equation (Eq. (13)) was
solved using the ODE 45 (in MATLAB, 4th order Runge–Kutta) least
squares method. Both kdes0 and Edes parameters were estimated to
be in the 95% confidence interval. The regression analysis was con-
sidered converged when the model function value changed less
than the specified tolerance of 10−8.

In all of the experiments for the NH3-TPD kinetics study, the cat-
alyst samples were saturated by flowing ammonia (50 ml/min) at
100 ◦C first. This was the case given that 100 ◦C yielded the highest

amount of ammonia adsorbed/desorbed. Following this, the satu-
rated samples were heated at different linear heating rates of 5,
10, 20, and 30 ◦C/min. In each case, the desorption rate against
desorption temperature was  recorded as shown in Fig. 7.
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Table 4
Estimated parameters for NH3-TPD kinetics (adsorption at 100 ◦C).

Sample B (◦C/min) Edes (kJ/mol) kdes0 (cm3/min) R2 � VNH3 (ml/g) Degree of freedom
n  = data points − 2

c-Al2O3 5 13.31 ± 0.41 7.98 × 10−3 ± 0.12 0.995 0.520 13.30 408
10 14.81 ± 0.44 8.60 × 10−3 ± 0.11 0.996 0.653 213
20  16.55 ± 0.45 0 × 10−3 ± 0.10 0.994 0.752 218
30  15.00 ± 0.56 6.50 × 10−3 ± 0.13 0.995 0.787 308
All  data 14.42 ± 0.52 8.32 × 10−3 ± 0.13 0.995 0.698 1147

VOx/c-Al2O3 5 17.09 ± 0.27 3.00 × 10−3 ± 0.05 0.993 0.749 5.93 381
10 18.80 ±  0.27 3.20 × 10−3 ± 0.05 0.996 0.748 224
20 18.24 ± 0.15 2.70 × 10−3 ± 0.01 0.997 0.799 127
30  19.38 ± 0.21 2.40 × 10−3 ± 0.01 0.996 0.837 229

0.03 

ˇ t; VNH
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All  data 17.96 ± 0.20 3.22 × 10−3 ± 

, heating rate; Edes, activation energy of desorption; � , cross-correlation coefficien

Table 4 reports the estimated energy of desorption for the pre-
ared 10 wt.% VOx/c-Al2O3 catalyst sample and the bare c-Al2O3
upport. Statistical criteria such as degree of freedom, the 95% con-
dence intervals, correlation coefficient (R2) and cross-correlation
etween parameters are considered in the analysis. As can be seen

n Table 4 a close to one value is found for the R2 correlation
oefficient, a necessary condition for proposed desorption model
pplicability. In addition, both energy of desorption (Edes) and
ntrinsic kinetic parameters (kdes0) display narrow spans for the 95%
onfidence interval. Moreover, minimum interaction between the
stimated parameters is observed given the low c cross-correlation
oefficients reported. These favorable indicators are accompanied
y good agreement between the experimental data and the pro-
osed desorption model.

One can see in Table 4 that the estimated activation energies
or each sample are in agreement at various heating rates (5, 10,
0, 30 ◦C/min). Furthermore, when all the TPD data points were
onsidered for kinetic modeling, they showed consistent estimated
nergy of desorption while compared to the ones obtained for the
ndividual heating rates as also shown in Table 4.

The fitting of the model using Eq. (13) as well as the experimen-
al TPD data are reported in Fig. 9. Furthermore, in Fig. 9, it can
e noted that a good agreement exists between the calculated val-
es using the proposed model and the experimental values. These

urther support the validity of the proposed model.

When comparing the bare c-Al2O3 support and the vanadium
oaded VOx/c-Al2O3 catalyst, it can be noticed that the energy of

ig. 9. Experimental data and fitted model (Eq. (13)) of ammonia desorption during
H3-TPD at different heating rates on VOx/c-Al2O3 catalyst (NH3 adsorbed at 100 ◦C).
ote:  reported points are one every 30 s to avoid overlapping of the data points. The
riginal data file includes data points taken every 2 s and as a result more than 300
ata points are available for the parameter estimation.
0.996 0.771 961

3 , total ammonia adsorbed/desorbed.

activation slightly increased after vanadium loading on the alu-
mina support. The activation energy of ammonia desorption for the
bare c-Al2O3 support was  found to be 14.42 kJ/mol. After vanadium
loading, the value increased to 17.96 kJ/mol.

This change in the estimated activation energy can be related
to the total ammonia desorbed from the bare alumina support and
from the catalyst sample as seen in Table 2. At similar conditions,
the total amount of ammonia adsorption/desorption is significantly
higher in the case of the bare c-Al2O3 support. This means that there
is a smaller activation energy of ammonia desorption for the bare
c-Al2O3 support.

Similar observations were reported by Alvarez-Merino et al.
[83] on activated carbon supported tungsten catalysts where lower
desorption energy corresponded to higher amounts of ammonia
desorption from the catalyst samples. This slight increase in desorp-
tion activation energy for the VOx/c-Al2O3 catalyst when compared
with the bare alumina support points toward the extent to which
the metal–support interactions are present. The increase of acti-
vation energy of desorption for supported metal catalysts can be
related to the change of heterogeneity of the catalyst due the
interaction between the active metal sites and the support [75].
In a study by Farrauto and Bartholomew [80] on H2-desorption
using on Ni/Al2O3 samples, higher activation energy of desorp-
tion was  reported for Ni-loaded catalysts when compared to the
bare alumina support. This was attributed to the local interaction
between the nickel on aluminum oxide species. In the context of
this study, only a slight increase in desorption activation energy
was  observed when using the V-loaded catalyst sample. Hence, it
can be concluded that there is weak metal–support interaction in
the prepared 10 wt.% VOx/c-Al2O3 catalyst. Hence, this gives, a well
dispersed catalyst with lattice oxygen readily available for the ODH
reaction.

The same conclusion can be reached by using the XRD pattern
of the prepared VOx/c-Al2O3 catalyst. In fact, the XRD do not show
peaks other than the ones for the alumina support. This indicates
that no other crystalline species such as vanadium-aluminates are
formed as a result of the interaction between VOx and Al2O3 sup-
port.

3.2. Ethane ODH experiments in the CREC Riser Simulator

Catalytic experiments of ethane ODH in the CREC Riser Simu-
lator were carried out using pure ethane feed (Paraxair 99.99%) at
atmospheric pressure. The temperatures and reaction times were
varied between 550–700 ◦C and 10–40 s, respectively. One loading
of catalyst (0.76 g) was  used throughout the study. The VOx/c-Al2O3

catalyst sample was  fluidized in the riser basket where the reduc-
tion reaction took place. Every reaction set consisted of catalyst
reduction cycles using ethane as a feed. This was followed by cata-
lyst regeneration in air at 525 ◦C for 10 min.
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Fig. 11. Temperature dependence of C2H6 conversion and C2H4 selectivity (reaction
time = 30 s, C2H6 injected = 20 ml, catalyst loaded = 0.76 g). Ethane conversions and
ethylene selectivities reported are for the tenth consecutive ethane injection (pulse).
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Fig. 10. Pressure profile in the CREC Riser Simulator during ethane ODH.

During each ethane ODH run performed in the CREC Riser Simu-
ator, the pressure was monitored at the injection (pulse), reaction
nd termination of the run. Typical pressure profiles during each
thane ODH run are reported in Fig. 10.  The upper curve of Fig. 10
isplays an increase in total pressure from injection (pulse) time
o termination time. This pressure rise is due to the increase in the
otal number of moles. During this time, the reaction between the
thane and the lattice oxygen takes place.

The lower curve in Fig. 10 represents the pressure profile in the
acuum box, which remained constant during the reaction period.
t termination time, and due to the gaseous products transferred

rom the reactor to the vacuum box, the reactor pressure abruptly
ecreases while the vacuum box pressure slightly increases.

As a result, reaction products are contained in the vacuum box
reventing any further reaction, and are ready for the GC analysis.
he product analysis shows that both CO2 and CO are products of
ombustion and of partial combustion of ethane, respectively.

The experimental results of ethane oxidative dehydrogenation
sing the prepared VOx/c-Al2O3 catalyst at various temperatures

re reported in Table 5. The only identifiable carbon products other
han ethylene were CO, CO2 and C2H4 with this showing that there
s no evidence of ethane coupling to higher hydrocarbons.

able 5
atalytic results for the oxidative dehydrogenation of ethane on VOx/c-Al2O3 catalyst for

Temperature (◦C) Reaction time (s) Xethane (%) Sele

C2H

550 10 6.47 84.5
15  8.72 78.2
20 11.73 75.2
25  12.77 71.0
30  14.86 68.1
35  16.86 65.8
40  18.82 63.3

575 10 7.65 83.8
15  10.85 78.5
20  12.77 72.3
25  15.32 68.6
30  17.56 65.3
35  19.87 65.2
40  21.59 62.3

600  10 11.84 79.4
15  15.53 75.3
20  18.05 67.4
25 21.17 64.5
30 23.67 63.3
35  25.84 61.8
40 27.64 57.6
Fig. 12. C2H6 CO and CO2 selectivities as a function of C2H6 conversion (T = 550 ◦C,
C2H6 injected = 20 ml, catalyst loaded = 0.76 g). Ethane conversions and ethylene
selectivities reported are for the tenth consecutive ethane injection (pulse).
3.2.1. Effect of temperature
For ethane ODH in the CREC Riser Simulator, the reaction tem-

peratures were varied between 550 and 700 ◦C. The relationships

 the tenth consecutive ethane injection (pulse).

ctivity (%) C2H4 yield (%)

4 CO2 CO COx

1 3.18 12.32 15.49 5.47
1 5.89 15.90 21.79 6.82
5 7.96 16.78 24.75 8.83
8 11.28 17.64 28.92 9.07
2 13.55 18.34 31.88 10.12
0 15.73 18.47 34.20 11.10
8 16.64 19.99 36.62 11.93
2 2.88 13.31 16.18 6.41
5 5.06 16.39 21.45 8.52
0 7.83 19.86 27.70 9.23
9 10.07 21.24 31.31 10.52
9 12.28 22.33 34.61 11.49
1 12.80 21.99 34.79 12.96
4 14.69 22.97 37.66 13.46
2 3.92 16.66 20.58 9.41
0 6.51 18.19 24.69 11.70
4 9.33 23.23 32.56 12.17
9 11.36 24.04 35.41 13.68
0 13.44 23.26 36.70 14.98
0 15.11 23.08 38.20 15.97
2 17.80 24.80 42.38 15.93
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ig. 13. Ethane conversion, ethylene, CO, CO2 selectivities and cumulative lattice 

2H6 injected = 20 ml,  reaction time = 15 s, catalyst loaded = 0.76 g) (a) Consecutive
DH  runs with catalyst re-oxidation in between ethane pulses.

etween ethane conversion and ethylene selectivity with reaction
emperature are shown in Fig. 11.

It can be seen that as the reaction temperature increases, the
onversion of ethane is raised from 14.86% at 550 ◦C to 63.46% at
00 ◦C. On the other hand, selectivity to ethylene showed a slight
ecrease from 68.12% at 550 ◦C to 63.29% at 600 ◦C. This was fol-

owed by a further gradual decrease to 28.86% with increasing
emperature to 700 ◦C. This type of relationship is expected as
thane conversion due to cracking tends to become more domi-
ant at higher temperatures. Hence, more by-products are favored
t the expense of ethylene selectivity. As the test results show, an
ncrease in temperature improves ethane conversion. On the other
and, it decreases selectivity toward the desired ethylene product.
herefore, a careful selection of an appropriate reaction tempera-
ure is critical for meeting the objectives of both the desired yield
nd selectivity.

To shed light into the reaction network, experiments were per-
ormed at various contact times. The selectivity of products for
thane ODH as a function of the conversion of ethane is illustrated
n Fig. 12.  Ethylene appears as the primary reaction product of
he ethane ODH. The decrease in ethylene selectivity with a cor-
esponding increase in CO and CO2 selectivities indicates that CO
nd CO2 are the secondary products of consecutive oxidation of
thylene.

.2.2. Ethane ODH cycles
Having obtained encouraging results in the CREC Riser Simulator

nd to be able to assess catalyst stability, the prepared VOx/c-A12O3
atalyst was evaluated over multiple ODH runs through consecu-
ive ethane reaction cycles.

Fig. 13a reports ethane conversion and products selectivity for
onsecutive ethane reaction cycles with no catalyst regeneration
n between ethane injections (pulses). It can be observed that the
thane conversion is a function of the number of ethane injections
pulses) at 550 ◦C. In this set of experiments, the catalyst supplies
xygen removing hydrogen and forming ethylene and water. Dur-
ng the first reaction cycle (first injection or first pulse), ethane
onversion was 43.1% with 0.94%, 23.1% and 75.9% selectivities for
thylene, CO and CO2, respectively. These product selectivities at
his ethane conversion can be related to the excess oxygen avail-

ble in the fresh catalyst. This excess oxygen is likely to favor the
onversion of methane into combustion products. This is apparent
rom the low C2H4 selectivity and the high combustion product
electivities obtained.
n conversion using a VOx/c-Al2O3 catalyst in the CREC Riser Simulator (T = 550 ◦C,
runs without catalyst re-oxidation in between ethane pulses and (b) consecutive

However, following the first reaction cycle (first injection
or first pulse), ethane conversion showed a sharp decrease to
6.47%. This was accompanied with a sudden increase in ethy-
lene selectivity to 84.51%. At the same time, CO and CO2
selectivities decreased to 12.32% and 3.18%, respectively. In the
subsequent runs however, ethane conversion displayed a grad-
ual reduction to 0.817%. This trend was  accompanied with a
progressive increase in ethylene selectivity up to 96.01% and a
decrease in CO and CO2 selectivities to 3.86% and 0.12%, respec-
tively.

These findings prove that in consecutive ODH reactions with-
out catalyst regeneration in between (oxygen-free environment),
ethane can be converted selectively to ethylene. This occurs due
to the lattice oxygen involvement in the ODH reaction mechanism.
One can also notice that following the first ethane injection (first
pulse), the catalyst tested displays a stable performance in terms of
ethane conversion and ethylene selectivity even after ten repeated
reduction runs [84].

Fig. 13b reports a second set of experiments involving ethane
ODH reactions using the same VOx/c-Al2O3 catalyst, 550 ◦C and
repeated reaction–regeneration cycles. Catalyst regeneration was
conducted by flowing air at 550 ◦C over the catalyst after each
ethane injection (pulse) or ODH reaction cycle. Results show that
ethane conversions and product selectivity remain stable during
the different runs with the following trends observed: (a) ethane
conversion staying at the 43.5% level, (b) ethylene selectivity being
close to 1.5%, (c) CO and CO2 selectivities remaining at 23.5% and
75.5%, respectively. Ethylene, CO and CO2 selectivities are in clear
contrast with the ones reported in Fig. 13a  and show that formation
of the CO and CO2 is promoted by gas phase oxygen.

In conclusion, the performance of the 10 wt.% VOx/c-alumina
catalyst of the present study is affected considerably by both ODH
operation conditions and catalyst regeneration. It appears that
consecutive reaction injections (pulses) are a preferred mode of
operation for ODH. Regeneration shall only be allowed once this
series of consecutive reaction cycles is completed.

One can, for instance, envision that this is equivalent
to operating a twin circulating fluidized reactor process
(reactor–regenerator), where the following occurs: (a) most
of the catalyst stream leaving the reactor is returned to the ODH
unit directly; (b) only a small fraction of the catalyst stream is

directed toward the regenerator. This operational strategy can
allow the functioning of industrial scale ODH processes with high
ethylene selectivities, under conditions close to the ones reported
in Fig. 13a.
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. Conclusions

The following are the relevant conclusions of the present study:

(i) TPR results demonstrate that the prepared 10 wt.% VOx/c-
alumina catalyst is stable over repeated reduction and
oxidation cycles with the reduction temperature being around
550 ◦C.

(ii) XRD shows the absence of V2O5 bulk surface species and the
high dispersion of VOx on the support surface. XRD results are
in agreement with the published literature on c-Al2O3 sup-
ported vanadia catalysts with similar VOx loadings. The VOx

phase is primarily present as amorphous vanadate or poly-
vanadate. Moreover, XRD also shows that no species is formed
due to the interaction between V2O5 and the Al2O3 support.

iii) NH3-TPD proves that vanadium addition on c-Al2O3 reduces
the acidity of bare c-Al2O3, from 14.39 ml  NH3/g to 6.77 ml
NH3/g.

iv) NH3-TPD allows calculating energies of desorption. One can
notice a slight increase in the desorption energy for the VOx/c-
Al2O3 catalyst versus the one for the bare alumina support. This
points toward low metal–support interaction and hence, a well
dispersed catalyst resulting in more available lattice oxygen for
ODH. This finding was further confirmed with XRD where the
only peaks shown are the ones for the alumina support. This
also proves that no vanadium-aluminates are formed due to
the interaction between VOx and the Al2O3.

(v) Ethane ODH runs in a fluidized bed CREC Riser Simulator show
that in an oxygen-free environment, the prepared catalyst pro-
vides promising ethane conversions (6.47–27.64%), ethylene
selectivity (57.62–84.51%) and catalyst stability during multi-
ple reduction cycles at 550–600 ◦C.

vi) Ethane ODH reaction runs also prove that the absence of
gas-phase oxygen is critical for the selective conversion of
ethane into ethylene. The prepared catalyst displays a sta-
ble performance even after ten repeated ethane pulses. This
demonstrates the major role of lattice oxygen in sustaining the
ODH over several reaction cycles.
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